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Summary: |

The ability to predict the thermodynamic properties of fluid mixtures has always
been of central importance in Chemical Engineering practice. One of the more
successful methods of thermodynamic properties and phase equilibrium predictions has
been the three parameter corresponding states principle proposed by Pitzer et al (n
which was put in an analytic form for digital computation by Lee and Kesler (2). In our
initial work, we proposed a Generalized Corresponding States Principle (GCSP) using two
non-spherical reference fluids (3-5) and showed that the Pitzer et al and Lee-Kesler
formulations were special cases of the more general GCSP. This work was concerned
with a wide-ranging study of the GCSP for predicting properties of industrial importance
(vapor-liquid and multifluid phase equilibria, critical states, densities, enthalpies and
entropies) as well as a study of the effect of using different reference fluids, reference
equations, and mixtures models. As will be seen, all tasks originally proposed have been
completed. In addition, considerable success has been achieved with the extension of the

GCSP to transport properties. A summary of the achievements is presented below.



(a) Choice of Reference Substances, Equations and Mixing Rules

An importnat characteristic of the Generalized Corresponding States Principle is
the freedom to choose reference substances which are similar to the fluid or mixture of
interest. We have established that this ability to choose the reference substances leads
to very accurate, easy-to-apply corresponding states theory. We have further shown that
the ability to vary the reference substances is more important than providing a highly
accurate representation of fixed substances, as has been current practice. Thus, for
example, using the GCSP with a simple cubic equation of state description for one
hydrocarbon and one alcohol (the reference fluids) yields very good equilibrium
predictions for alcohol-hydrocarbon systems. Further, these predictions are much more
accurate than the Lee-Kesler corresponding states method, which uses very accurate (1 1-

constant) equations of state for two fixed reference fluids.

The choice of mixing rules is a problem which is of special importance in
corresponding states theory and we have developed an appropriate set of mixing rules tor
the GCSP. These mixing rules have been tested and found to yield good predictions tor
hydrocarbon-hydrocarbon, hydrocarbon-alcohol and hydrocarbon-water systems. The

mixing rules appear to work well for both thermodynamic and transport properties.

The results of this work appear in all our publications, but are summarized in
references 5-9.

(b) The Prediction of Vapor-L iquid Equilibria

We have developed the GCSP and its mixing rules to a point where it can routinely
be used in engineering calcualtions for the prediction of vapor-liquid-equilibria for
hydrocarbon-hydrocarbon (of both similar and dissimilar sizes), hydrocarbon-alcohol and
hydrocarbon-water systems. This work is described in detail in references 6, 7, and 9.

(c) Calcualtion of Enthalpy and Entropy Deviations

We have shown that the GCSP can also be used for the prediction of enthalpy and
entropy deviations fo both pure fluids and fluid mixtures. This work is detailed in
reference |0. We have also examined the prediction of the temperature derivative ot the
enthalpy (ie. the heat capacity) and shown how this may be predicted using the GCSP (ref
1),

(d) Calculation of Critical States

Critical point predictions provide a severe test of thermodynamic theories since

they require a knowledge of the second and third derivatives of the Gibbs energy with

respect to composition. We have identified a need for a rapid method tor the calculation



of critical points of multicomponent mixtures for reservoir simulation studies and have
developed an empirical method for such calcualtions based on the excess critical
property concept (ref 12). We have also carried out rigorous calculations of critical
points using cubic equations of state, later using these calculations for the reference
fluids in the GCSP method. The limitations of cubic equations of state for density
predictions in the critical region are well known. We have shown how these limitations
can be overcome by introducing a simple composition dependence for the critical
compressibility (ret. 13). We have also shown that, with this modification, a simple
equation of state can predict all critical properties of simple mixtures, asymmetric
mixtures, azeotropic mixtures and mixtures containing polar species with quantitative
agreement between experiment and calculations (ret 13-15). Our calculations of critical
curves using the GCSP are detailed in ref. |6.

(e) Prediction of Liquid-Liquid and Vapor-Liquid-Liquid Equilibrium.

We have shown that the GCSP method leads to reasonably accurate predictions of
liquid-liquid and vapor-liquid-liquid equilibria for systems of hydrocarbons and
hydrocarbons with inorganic gases. An important characteristic of the prediction method
is that it is thermodynamically consistent in that a single set of binary interaction

coefficients is used in all phases. This work is described in ref. 8.

We have also prepared a user friendly computer package that implements the
GCSP for density, vapor-liquid and vapor-liquid-liquid predictions. Separate packages
have been prepared for density, enthalpy and entropy predictions and for the prediction
of critical states.

In addition to the above tasks, which were outlined in our original proposal, the
following additional tasks were also completed in this work.

(f) Measurement and Prediction of the High Pressure Densities of Coal Chemicals.

We have shown that the GCSP leads to accurate correlations of the densities and
excess volumes of coal chemicals at high pressures. Because ot lack of data for mixtures
of interest in coal processing, we have measured the high pressure densities of seven
mode| coal compounds and their binary mixtures. Our results are detailed in reference

17.
(g) Prediction of Transport Properties

Some of our earlier work (refs. 18-21) showed that the GCSP can be extended to
the correlation and prediction of the transport properties of liquid mixtures. We have
now shown that the GCSP based on two non-spherical reterence fluids can be used to



predict the viscosities and thermal conductivites of mixtures of interest in synfuels
process design (ref. 22). Moreover, we have shown that an appropriate choice of
reference fluids leads to good predictions of the transport properties over a range of
pressures and temperatures for both defined and undefined mixtures (refs 22-23). Finally,
we have shown how the method can be extended to self-diffusion coefficients, infinite

dilution diffusion coefficients and mutal diffusion coefficients (ref. 24).

In conclusion, we have shown that the Generalized Corresponding States Principle
using two non-spherical reference fluids is a powerful method for the calculation of the
thermodynamic and transport properties of pure fluids and fluid mixtures. The freedom
to choose reference fluids and reference fluid representation offers flexibility and
reliability and can lead to very accurate predictions of properties with a minimum of

experimental information.
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SUMMARY

This study reports measurements of the densities of geven
model coal compounds and their binary mixtures at three different
temperatures ( 298.16 K, 318.16 K and 338.16 K ) and pressures
upto 5000 psia ( 34.5 MPa). The model compounds included single-
ringed aromatic hydrocarbons such as Benzene, Tsluene and M-Cresol,
as well as polycyclic aromatic hydrocarbons such as Tetralin,

Quinoline, Bicyclohexyl and l-Methylnapthalene,

The results for the seven binary mixtures studied were
correlated using a Generalized Corresponding States Principle
with the pure components being used as the reference fluids,
The pure component densities were correlated within the experimental
accuracy by means of a modified Tait equation with temperature

dependent constants.

One of the important conclusions is that with an appropriate
set of mixing rules, the GCSP method proved to be an excellent
correlation for the densities/specific volumes of mixtures of

model coal compounds over a range of temperature and pressure.

While there is much room for further work on the GCSP,
this study establishes its accuracy, applicability and utility
for the prediction of thermodynamic properties of aromatic

hydrocarbons and possibly of real coal liquids.
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SUMMARY

The Generalized Corresponding States Principle is applied to
mixtures over a wide range of temperature and pressure. The following
binary hydrocarbon mixtures were examined: methane + n-butane, methane +
n-decane, ethane + ethylene, benzene + n-hexane, benzene + n-decane, and
hydrogen + nitrogen. The viscosities of four coal 1liquids were
successfully predicted using benzene and decane as reference fluids.
The coal liquids were treated as single pure pseudo-camponents.  The
characterization parameters (T,,P,, and w) were obtained from
correlations of Starling or Wilson.

The oversll average absclute deviation between predicted and
experimental viscosity values was less than ten percent. When a single
binary interaction coefficient is introduced in the critical temperature
mixing rule, errors can be reduced to 1less than five percent.
Predictions for coal liquids were within ten to fifteen percent of
experimental results. - |

The generalized corresponding states principle has Dbeen
denonstrated to be a powerful technique for the correlation and
prediction of the transport properties of mixtures of interest in
sy2fuels processing. The generalized corresponding states principle
requires only that data for two reference fluids be available over the

Fange of reduced temperatures and pressures of interest.
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SUMMARY

Critical curves are successfully predicted for binary
mixtures using the Teja-Patel equation of state for a select
group of mixtures made up of simple, similarly shaped
molecules, slightly asymmetric molecules, asymmetric
molecules, and polar molecules. Also examined is the methane
+ n-alkane homologue and the carbon dioxide + n-alkane
family. Spatial critical phase diagrams are presented along

with their plane projections for each system. Comparisons are

also shown using the Peng-Robinson equation of state and
using the Vennix equation of state as a reference equation
with the Leach shape factors.

It is found that the anomaly of cubic equations
failing to predict volumetric properties in high
concentrations of one component may be alleviated by forcing
the equation of state to reproduce the pure component
critical compressibilities. Pressure errors result and high
binary interaction coefficients are required for correction.
A suitable modification of the Teja-Patel equation of state
is suggested such that the pure component critical
compressibilities are reproduced and high interaction

coefficients are unnecessary.
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ABSTRACT

Correlation and prediction of phase equilibrium behavier sre
very important in sclving chemical engineering problems. In this
research, a generalized corresporndirng states princivie (GC3?) has bezn
daveloped for correlsting vapcr - liguid and vapor - liguid - liquid
equilibria. A new set of mixing 1ules to be used with this (and oth
correspoending states method has also been develored. Thiz combtineticn
has been fournd <o be cemparable to traditional correspondirg states
‘methods in correlating vapor -~ liquid equilibria of mixtures of small
nonpolar molecules. However, with tkis airxiar model and the
zpopropiate choice of rveference fluids, we are able to extend <he
epplication Qf correspording states principie to celiculate vavor
- liquid equilidbria of asymmetiic mixtures and mixturass with mederate

rolar - nonpolar interactions.

The GCSP is also found to be able to produce rasults similar
to the cubic equation of state method in calculating vaper - liguid
equilibrig. However, as the generalized corresponding states principle
requires iess information on the components ir the mixture, it is more
aseful in calculatiors of vapor - 1liquid equilibria of fluids

containing a large number of components each of which ia only

7ii



viii

characterized by e few parameters.

The GCSP is also found to be équilvalent in phase equilitrium
calculation accuracy to activity coefficient models such as UNIQUAC at
low pressure, bdut much better when being extended into high pressurs
region. Further, the GCSP has the advantage of being able to calculate
all thermodynamic propasrties (i.e., demsity, enthalpy, etc.), not orly

phase equilidbrium.

Prediction of liquid - Iiquid - vapor egquiliria of <ernary
ncrpolar molecule mixture using information c¢btaired from tinary vapcr
- 1liquid eguailibria is, in general, not possible withk all the
phenomenological thermodynamic mocels discussed. The cubic equaticn of
state and the GCSP with higher order refarence ecuztions sre, however.
2ble to correlete 1liquid - 1liquid - vspor equilibria using binarw
interaction paremeters tha*t are d:ifferert from those obtasined from
binary vapor - liquii equilibria. The GCSP using only cubic egustion
of state as esquation of state for the referencs fluids, is nct able 2
predict liquid - liquid - vapor equilibrium :in all the regions in
which experimentsl ' three phase equilibrium is observed. This
indicates that bYoth the mixing model and the pressure - volume
- temperature relation are nct accurate enough fur this more

complicated phase behavior.
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Vapor-Liquid Equlllbrlum Calculations by Use of a Generalized
Corresponding States Principle. 1. New Mixing Rules’

David S. H. Wong® and Staniey 1. Sandier®

Department of Chemical Engineering, Universily of Delaware, Newark, Delaware 19711

Amyn S. Teja

School of Chemical Engineering, Georpia Institute of Technology, Atianta, Georgia 30332

A recently deveioped generalized corresponding states principie based on the properties of two nonspherical
reference fluids is used for the caiculation of vapor-liquid equiiibria in homogeneous mixtures, in asymmetric
mixtures, and in heterogeneous mixtures containing polar components such as water and aicohois. New semi-
empirical mixing rules are proposad for these mixtures, and comparisons with conventional mixing rules are shown.
In a companion paper, the combination of generalized corresponding states method and new mixing rules is
compared with other corresponding states and equation of state methods.

Introduction
A generalized corresponding states principle (GCSP)
based on the properties of two nonspherical reference
fluids has been proposed by Teja and co-workers (1980,
1981) to calculate the densities of liquefied natural gas, the
swelling factors of crude oil fractions with dissolved carbon
dioxide, and viscosities of liquid mixtures. There are
certain advantages of the use of the GCSP approach. First,
the reference fluids chosen can be pure fluids (or even
mixtures) which are similar to the component or compo-
nents of interest. Thus, the corresponding states method
can be extended to mixtures containing molecules that are
very different in nature. Second, the GCSP method re-
quires few fluid characterization parameters (usually only
critical properties and acentric factors of the pure com-
ponents). Therefore, it is especially suited for poorly
characterized fluids such as oil fractions. Third, only a
small number of mixing rules and binary interaction
" coefficients are needed in the calculations regardless of the
complexity of the equation of state of the reference fluids.

Thus, complicated equations of the type proposed by:

Benedict and co-workers (1951) or Hassar and co-workers
(1977) can be employed for accurate calculations without
the use of arbitrary mixing rules. .
Patel and Teja (1982) have recently proposed a cubic
equation of state that accurately predicts the saturation
density of a variety of fluids including paraffinic and
aromatic hydrocarbons, water, and alcohols. In this work,
we use the Teja and Patel cubic equation of state for the
reference fluids in the GCSP method and several semi-
empirical mixing rules to investigate phase equilibria of
a variety of binary mixtures. In particular, we consider
homogeneous mixtures containing small hydrocarbon
molecules and/or carbon dioxide, asymmetric mixtures
containing both large and small molecules, and hetereo-
geneous mixtures containing polar and/or nonpolar species
{such as alcohol + alcohol, alcohol + hydrocarbon, and
water + hydrocarbon). Our resuits include mixing rules

Part of this work was presented at the winter meeting of the
AIChE in Orlando, FL, March 1982.

iDepartment of Chemical Engineering, National Tsinghua
University, Hsinchu, Taiwan, Republic of China.

for various classes of mixtures and an examination of the
advantages and limitations of the GCSP method. It should
be stressed that the Teja—Patel equation of state repre-
sentation for the reference fluids was used here merely for
convenience; any equation of state could be used in the
GCSP method. In a companion paper, we compare cor-
relative ability of the GCSP method using the new mixing
rules with other corresponding states methods that use
other fixed reference equations, and with the cubic equa-
tion of state method.

Corresponding States Theory

The three-parameter correspdnding states theory of
Pitzer and co-workers (1955) uses critical temperature T,
critical pressure P, and acentric factor w as fluid charac-
terizatibn parameters. It is based on the assumption that
the compressibility factor Z of a fluid is a universal
function of the reduced temperature T, (= T/T,), reduced
pressure P, (= P/P,), and the acentric factor w as follows

Z = ZO[T,P,] + wZW[T,P,] $))

In Pitzer’s formulation, the functions Z and Z'V are given
in graphical form. Lee and Kesler (1975) replaced the
graphical representation with the following equation

Z = Z9[ToP,] + WlZP[ToP,] - ZV(TWPi/ e ()

where Z is the compressibility factor of a spherical ref-
erence fluid (essentially argon, for which « is zero), and
Z™ is that for a nonspherical reference fluid (essentially
n-octane). These reference fluid compressibility factors
were represented by the modified Benedict-Webb-Rubin
equations of state (Benedict and co-workers, 1951).

The generalized corresponding states principle is based
on the choice of two nonspherical reference fluids, denoted
rl and r2, that are representative of the fluid or fluid
mixture of interest, and for which the equations of state
are known. The corresponding states relation of the com-
pressibility is then written as

Z =z p] + 2= e T P - ZM(T,P)

@t - )
3)

The theoretical basis of eq 3 is the same as that of eq 1
and 2. To see this we note that by considering the com-

0196-4313/84/1023-0038301.50/0 © 1984 American Chemical Society



pressibility factor Z to be a function of T,, P, and w, Z can
be expanded in the form of Taylor series about any point
(T, P,, and wyg)

Z = Z(wg) + (82 /3w)(w - wy) + O(w?)

If we approximate the partial derivative by its finite dif-
ference

(8Z /0w) = [Z(w) = Z(wy)] /lw = wol

we obtain eq 3. If, as a special case, w, is zero, eq 2 is
recovered.

It seems reasonable that a better estimate of the prop-
erties of a fluid can be obtained if the reference substances
are similar to the fluid of interest. Therefore, eq 3 enables
us to extend the corresponding states approach to more
complicated systems such as those containing long chain
or aromatic hydrocarbons, and/or even polar components
like alcohols, and water by the appropriate choice of ref-
erence equations.

One of the most important applications of the corre-
sponding states principle is the calculation of mixture
properties. The extension of the corresponding states
method to mixtures is generally based on replacing the
characterization parameters T, P, and w with appropriate
pseudocritical parameters T, P, and w,, which are
dependent on composition. Note that T, and P, do not
correspond to any mixture critical properties but are co-
ordinates of the critical point of the isotherm with fixed
composition at which

oV /s aV2 )1,

The compositional dependence of the pseudocritical pa-
rameters are generally computed a priori with a mixture
model. Leland and co-workers (1962} have presented the
statistical mechanical basis of the most commonly used
one-fluid model. The underlying assumption of the one-
fluid model is that the interaction potential between a
molecule of species | and a molecule of species j in a fluid
is of the following form

U,‘j(") = fj,'-F("/ﬂ,'j) 4)

where F is the same function for all i~/ pairs. Using this
assumption, a consistent set of effective parameters for the
mixture is

Uns = Z‘J‘:I,deus (5)
i

Cnﬂns = Z;xixje,-jqj’ (6)
1

Equations 5 and 6 are commonly known as the van der
Waals one-fluid mixture model for molecular parameters.

The relationship between the potential parameters and
the pure component critical or mixture pseudocritical
parameters is

. =RV, )]
[ 3 sz‘ (8)

where k, and k, are numerical constants which depend on
the specific form of F. Substituting these into eq 5 and
6 leads to the van der Waals mixing rules for the pseu-
docritical properties

Vﬂ = zgz,zlvw (9)
T,Vc_ = zgziijdde; (10)

There are various ways to define the croas coefficients ¢;,
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g;; (or equivalently T,;, and V,;). The most common ap-
proach is to introduce binary interaction coefficients {:, and
n;; which characterize the nonideality of interaction be-
tween the binary pair. (We retain the conventional usage
of the word “parameter” in this study. Thus, the two-
parameter corresponding states principle refers to the two
constants T, and P, which are required for the application
of the principle to any fluid. These constants are obtained
from critical properties and are not adjusted in the ap-
plication of the method. In contrast, the mixture model
has two adjustable constants which are chosen to fit bi-
nary data. Although these are parameters of the model
in a mathematical sense, we call then binary interaction
coefficients to avoid confusion with the previous usage of
the word “parameter”). Binary interaction coefficients are
introduced into the GCSP as follows

J,‘js = 7),'1'[(6‘ + 01)/2]3 or Vdj' = qij[(Vd”a + chlIS) /2]3
(11)

and
4 = Eile)V or Ty = g{TaTy]V? {12)

Equations 5~12 constitute the van der Waals one-fluid
mode] for use with the two-parameter torresponding-states
principle. Its extension to a three-parameter corresponding
states principles requires an additional equation to de-
termine the mixture acentric factor. Lee and Kesler (1975),"
Joffe (1971), and Plocker et al. (1978) used a simple linear

combination rule
Wy = 21,@5 (13)

Plocker et al., however, have noted that the three-param-
eter model is succeasful only for mixtures containing small
nonpolar molecules.

Starling and co-workers (1979) have outlined a thize-
parameter extension of the work of Leland et al. that uses
an additional molecular corresponding states parameter,
the anisotropic strength parameter 4° which is analogous
to the acentric factor «. Using a perturbation technique,
they were able to derive the following mixing rules fur the
mixture parameters o, ¢x, and §,°

Una = Zzzizja,f
)
(nﬁma = zle‘zjéudu's
i J
2, 2,3 2, 2.3
6, € T = 2‘)‘:1,‘/‘65}' €,
[

However, the results of calculating vapor-liquid equilibria
for a number of methane and hydrocarbon mixtures led
them to replace these mixing rules with the empirical
equations

rut® = T xx,0,4%
i 7
€nlnt® = x;:,zje,jav‘é
]
Splags = Z.;x,z Bifte>
H

We have chosen not to consider this model further since
it was obtained for a specific equation of state. Howevecr,
we show these equations here to demonstrate that both
theory and practice require a nonlinear mixing rule that
weights the averaging of the acentric factor (or §%) with the
other parameters,

Orne of the major inconveniences in using the van der
Waals one-fluid model is that it gives mixing rules for T,
Vens and wy,, while the corresponding states theory is
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Table I. Comparisons of Pseudocritical Pressure
Calculated by Model II and Model I for the Carbon
Dioxide + Metnane Binary

Pem . bar
mole fraction CO, model II model 1
0.1 70.64 70.70
0.2 87.58 87.70
0.3 64.61 64.76
04 61.72 61.89
05 58.91 59.08
0.6 56.19 56.34
0.7 53.54 53.67
08 50.97 ) 51.07
0.9 48.48 48.53

formulated in terme of Teqy Pem, a0d wy. Therefore, an
additional relation is necessary between T, Py, and Vg,
'(i.e., a mixing rule for Z_,). One example of such a rule
is

Zﬂ = ;:,Z,- (14)

Joffe (1971) has shown that the use of eq 14 implies eq 13
and vice versa, and Teja (1979) has shown that eq 14 is
valid only for mixtures of molecules of equal size.
Therefore, if a nonlinear mixing rule is to be used for the
acentric factor, as suggested by Starling et al., eq 13 and
14 cannot be used.

These problems and inconsistencies of the one-fluid
model motivated us to reformulate the problem of calcu-
lating pseudocritical parameters for the generalized
three-parameter corresponding states theory. Three
mixture parameters, namely T, P, and wy, can be de-

termined from pure component properties using the fol-

lowing set of mixing rules
w,“'T,,‘"P,‘“ = szi:ﬂU“'Tg'j.ude.“ (15)
[

forh = 1, 2, 3 with
Ty = &;(TaT)? (16)
P,; = 8T,;/In;[(Ta/P)'? + (T /P )V (17)
w; = (w + w)/2 (18)

where ay,, with k, k, equal to 1, 2, and 3 are nine constants
and §;;, n;, are two bmary interaction coefficienta that are
characteristic of each i-j binary pair. As a result, the
problem of finding a general mixing model becomes the
problem of determining a set of suitable a,, that is ap-
plicable to the different types of mixtures in which we are
interested. Owing to the theoretical basis and empirical
success of the van der Waals mixing rules, their analogues,
represented by the following equations, are used as two
of the three equations of our model

Tw/Pa = sz:xiija'i/ Pg; (19
Ta?/Pem = Z;xiijdjz/de (20)

Equations 19 and 20 are equivalent to the van der Waals
mixing rules of eq 9 and 10 if we consider V, to be pro-
portional to Z.T./P. and Z, to be a quantity that only
changes slightly from species to species so that V, is re-
placeable by T./P. Table I shows that the pseudocritical
pressaure of a carbon dioxide + methane mixture calculated
by eq 9, 10, and 13 and by eq 19 and 20 are almost iden-
tical.

An additional mixing rule is needed to determine the
acentric factor for the mixture. The following equation

is propoeed

U.(T-/P-)zﬂ = Zzl:xni)“’ij(Tuj/de)zu (21)

This mixing rule for w, may be justified by noting that
the acentric factor characterizes the nonsphericity of a
molecule, and T./P, is proportional to the molecular size.
Since the orientation and packing of molecules of different
gizes and shape plays an important role in characterizing
the mixture, one should expect that w and (T,./P,) should
be interrelated. Further, Starling and co-workers (1979)
have shown that coupling the calculation of the shape
parameter of the mixture with the calculation of the size
parameter has a theoretical basis. Therefore, it seems
reasonable that an equation of the following form be
choeen as the mixing rule for the acentric factor

(T /P)* = ZZJ::;;»U(T#/P,-,-)' (21a)

The value o = 2/, has special significance, since (T, /P,)?/3
is essentially a characteristic surface area of the molecule
(Patterson, 1976) and the total interaction between mol-
ecules of different sizes is proportional to the surface area
(Flory, 1970; Henderson and Leonard, 1971).

Our complete model, which is an extension of the two-
parameter van der Waals model, consists of eq 16~21 and
will be denoted as model I in later discussions. This model
has two adjustable coefficients for each binary pair, £; and
ni- Inmnymsee n,,mybesetequalwone,t.hnspecml
version of model I is called model IA. In some cases, it
is necessary to use a different value of the binary inter-
action parameter §;; for each phase; this variation of model
I will be desxgmteg as model IB. The two-parameter van
der Waals model of eq 13 and 16~20 will be called model
II. For asymmetric mixtures, Plocker et al. (1978) sug-
gested the replacement of eq 10 in the van der Waals
mode] with the following equation

)

We call this model of Plocker et al. (eq 9, 22, and 11-14)
model ITI. Each of the mixing models used in this work
is summarized in Table II. In the following discussions,
we consider the application of the generalized corre-
sponding statea theory and the various mixing models to
the calculation of vapor-liquid equilibria for various types
of mixtures.

Application to Homogeneous Mixtures

In this study, mixtures that contain species that are
similar in size and in the nature of their intermolecular
forces are termed homogeneous mixtures. The accuracy
of correlations of vapor-liquid equilibrium data for a
number of homogeneous binary systems using the gener-
alized corresponding states principle and mixing models
1A and II are shown in Table IT1. It is found that only
one binary interaction coefficient ¢;; is necessary to give
satisfactory correlations of experimental data for these
systems and Table III also contains the values of this

. binary interaction coefficient. The columns headed REF1

and REF?2 denote the reference fluids that have been used
in the GCSP calculations. The equation of state constanta
for the reference fluids were obtained from the work of
Patel and Teja (1982). Note that for these homogeneous
mixtures it is found that two mixing models, IA and II, are
very similar in correlating vapor-liquid eqmlxbrul of ho-
mogeneous mixtures.

It should be noted that eq 13 and 21 are ldentwal if the
values of T, /P, of all components in the mixture are equal.
Figure 1 compares the mixture acentric factors calculated
from these equations for a methane + ethane binary sys-
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model name equations
1 W (Tan/Pem) ' = -;:-'i-‘i-‘juu(reij/}’eu)"'
Tem /Pem = ‘?}j:‘i‘i(rei}/}’eli)

T /Perm = IExx;Teii* IPeii

IA a8 above
1B as above
II w“m ®IXW
1
Tem/Pem = _.‘:z,x,(Twle)
Ten’/Pem = Tf‘i‘: i’ IPeij
m wm " Ixwg
L
Zan ™ Fxiei

Vun = %‘.zl‘,xix,-Vw )
Ven* *Tem = %‘}:xf‘ivcif'”Telj
Py 2y RT e /Vem

Table III.
Mixing Modeils 1A and 11

tU = TCU/TCiTtJ' = 1
n; = STCU/PCU[‘TeiIPel)”, + (TeilPei)'*]* » 1

tby»ling=1
th 2 EYing =1

‘U‘loﬂu.l

by = TeyilTeiTei> 1
ny=BVellVe'? + Vi '’ =1

Comparison of Bubble Point Pressure Correlation of Homogeneous Mixture by Use of GCSP and

mode] JIA model II
max P,
mixture T.K  bar refl ref2 AP% £y AP% data ref
CO, + methane 242 79 nC, co, 0989 2.707 0.989 2.703 Donnelly and Katz (1974)
CO, ~ ethylene 232 10 0957 1.066 0.956 1.061 Nagahama et al. (1974)
CO. + ethane 253 21 0905 0944 0904 0969 Nagahamaetal (1974)
- CO, + propane 254 B9 0.888 1.106 0.887 1.258 Reamer etal. (1951)
CO, + n-butane 273 32 0.884 3.473 0.883 3931 Nagahama etal.{1974)
methane + ethylene 150 9 C, nC, 1.010 1.712° 1.011 1.430 Milleretal (1977)
methane + propane 273 97 1.021 2.428 1.022 1.522 Reamer et al. (1950)
ethane + propene 278 24 ] 1.001 0.321 1.001 0.324 McKay etal. (1951)
ethanol ~ 1-propanol 323 0727 C,OH nC,OH 0998 0.967 0988 1.021 Gmehling and Onken (1977)
1-propanol + 1-butanol 353 0.49 1.001 0.299 1.001 0.285 Gmebhling and Onken (1977)

Table IV. Comparisons of Bubble Point Pressures of Methane + Heavy Hvdrocarbon Mixtures Calculated by Use of
Different Mixing Models and the Lee-Kesler Corresponding States Method with Experimental Values

model] II model 11 model [A
mixture T.K £ij AP% kij AP% by AP% data ref
methane + n-pentane 176.3 1.032 9.57 1.249 4.25 0.978 3.79 Chen et al, (1976)
280.0 1.014 7.56 1.239 3.31 0.980 2.18 Berry and Sage (1970)
370.0 1.023 1.32 1.243 0.74 0.995 0.50 Berry and Sage (1970)
450.0 1.021 1.18 1.238 1.06 1.010 0.49 Berry and Sage (1970)
methane + n-hexane 223.2 1.033 16.10 1.305 3.56 0.962 1.63 Shim and Kohn (1962)
273.2 1.021 10.15 1.297 1.83 0.962 0.59 Shim and Kohn (1962)
323.2 1.011 5.10 1.294 0.69 0.966 0.47 Shim and Kohn (1962)
373.2 1.007 2.85 1.289 0.64 0.966 0.71 Shim and Kohn (1962)
423.3 1.004 0.99 1.285 2.28 0.968 2.65 Shim and Kohn (1962)
methane + n-heptane 255.4 1.043 15.40 1.371 5.60 0973 2.59 Chang et al. (1966)
310.9 1.035 8.25 1.364 1.84 0976 0.34 Reamer et al. (1956)
377.6 1.029 4.60 1.356 096 0978 0.14 Reamer et al. (1956)
. 444.3 1.029 2.17 1.355 1.23 0.987 0.62 Reamer et al. (1956)
methane + n-octane 273.2 1.052 8.54 1.419 5.36 0.960 2.27 Kohn and Bradish (1964)
373.2 1.045 6.85 1.411 3.12 0.962 1.63 Kohn and Bradish (1964)
423.2 1.028 1.47 1.397 1.99 0.965 1.50 Kohn and Bradish (1964)
methane + n-decane 3109 1.110 17.92 1.521 12.15 0.965 0.70 Reamer et al. (1942)
377.6 1.099 11.50 1.511 6.84 0.975 0.68 Reamer et al. (1942)
4443 1.078 6.30 1.501 457 0975 0.88 Reamer et al. (1942)
510.9 1.084 3.90 1.520 6.21 1.000 2.64 Reamer et al. (1942)

.. tem and a methane + n-eicosane system. It can be seen
that the two mixing rules are virtually identical for the
methane + ethane binary, but they are very different for
the asymmetric methane + n-eicosane system.

Application to Asymmetric Mixtures

Although the linear van der Waals model is satiafactory
for homogeneous mixtures, it is not adequate for asym-
metric mixtures (i.e., mixtures of molecules that differ
appreciably in size). This limitation was observed by
Plocker and co-workers (1978) among others. To correct

for this failure, they suggested use of the mixing rules that
we have designated as model III (eq 9, 22, and 11-14). In
Table IV, the results of bubble point pressure correiations
for several asymmetric systems obtained by corresponding
states theory and model 1A are compared to those obtained
using models II and IL In these calculations the reference
equations proposed by Lee and Kesler (1975) have been
used because model IT was proposed for these reference
equations. We find that model 1A is superior to the other
two models. Since T,/P, is representative of the charac-
teristic size of molecules, model II (the van der Waals
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* Table V. Comparisons of Bubble Point Pressure Correlations of Mixtures Containing Aromatic Hydrocarbons by Use of

GCSP and Mixing Models 11 and 1A

max P model I1 model JA
mixture T,K  bar refl ref2 £y AP% £ AP% data ref
methane + benzene 339 1379 CH, C,H, 0.999 3.245 1.081 0.930 Linetal. (1979)
501 145.6 1.096 3.842 1.000 2.434 Elbislawi and Spencer (1951)
ethylene + benzene 348 91.2 1.030 2517 1.028 4.046 Ellisetal (1968)
ethane + benzene 298 38.0 1.025 3.560 1.022 4.728 Ohgakietal. (1976)
333 48.3 1.027 2914 1.025 3908 Kayand Nevens (1952)
393 68.9 1.019 0946 1.018 1.102 Kayand Nevens (1952)
433 82.7 1.014 1.154 1.013 1.156 Kay and Nevens (1952)
513 68.9 0981 0.823 0.981 0.818 Kayand Nevens (1952)
propane + benzene 377 41.4 1.013 2047 1.012 2167 Glanville et al. (1950)
411 51.7 1.010 0.893 1.010 0.982 Glanvilie et al. (1950)
477 58.6 1.001 0572 1.000 0.540 Glanviile et al. (1950)
methane + toluene 462 152.0 1.043 3.071 1.033 1.447 Linetal.(1979)
543 1154, 0.990 1.040 0.991 0.308 Linetal. (1979)
methane + 311 1427 1.167 15.14 1.112 2.049 Knapp etal. (1982)
1,3-trimethylbenzene 394 1459 1.144 8923 1.104 1981 Knappetal (1982)
477 1413 1.115 5923 1.092 1.486 Knapp etal. (1982)
methane + m-xylene 394 1448 1.140 15.24 1.093 4.453 Knappetal (1982)
477 139.1 1122 8.442 1.075 1.806 Knapp etal. (1982)
541 153.7 1.088 4854 1.029 2.684 Simnick etal.(1979)

Table VI. Bubble Point Pressure Correlations of Mixtures of Low Molecular Weight Alcohols and Small Nonpolar
Molecules by Use of GCSP
model IA model 1
max P,
mixture T,K bar refl ref2 £ AP% t; AP% data ref
methanol + CO, 298 61.3 CO, EtOH 1.089 4.02 1.090 1.020 1.34 Ohgakiand Katayama (1976)
methanol + ethane 373 608 C,H, EtOH 1.074 546 1.077 1.078 1.46 Ma and Kohn (1964)
348 60.8 1.092 4.71 1.095 1.068 1.10 Ma and Kohn (1964)
ethanol + propane 350 27.6 1.066 6.75 1.063 1.066 193 Gomez-Nieto and Thodos (1978)

(]

T T T
© MIX'NG MODEL 1A
- MiKING MODEL 11
os}|
g !
= ' O Metngne + n- Ecosone
% 06~
- '
© }
z '
- - B
3 0e: !
- H
<

oLy ojl 0‘6
WMOLE FRAZTICN METwaNE

Figure 1. Comparison of acentric factor of methane + ethane and
methane + n-eicosane calculated by mizing models 1A and I1.
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model) can be viewed as a special case of model 1A that
is satisfactory only for homogeneous mixtures.

It should be noted from Table IV that the difference
between the various models decreases as the temperature
increases. This may be because the movement of mole-
cules increases with increasing temperature so that the
effect of orientation and molecular packing becomes less
important. Also, the difference between model I and model
III increases as the size difference between the components
of the mixture increases. Since the study by Plocker and
co-workers included data only for the methane + n-pen-
tane and methane + n-heptane systems, it may be that
model I1] is suitable for mixtures with intermediate size
differences only.

As in the case of homogeneous mixtures, only one binary
interaction coefficient §;; was needed to correlate the data
for the mixtures studied here. The optimal values of §;
obtained using model IA are, in general, closer to unity
than those obtained using the other two models. This
indicates that model 1A is probably a better representation
for this class of systems. In practice, a smaller range of
values of §; is better since fewer errors in prediction result
if slightly inaccurate values of §;, are used.

The behavior of mixtures containing aromatic com-
pounds is becoming more important as the chemical and
energy industries use more coal as a raw material. Model
IA is not limited to mixtures of aliphatic molecules; it may
also be used for aromatic mixtures. Table V shows the

- results of the bubble point pressure correlations for several

systems that contain a small hvdrocarbon molecule with
an aromatic hvdrocarbon using GCSP and models 1A and
I1. It is found that, as in the case of aliphatic mixtures,
the two models are nearly the same if the size difference
between the two types of molecules in the binary mixture
is not too great. However, as the size difference increases,
model LA is clearly better than model II.

Application to Mixtures Containing Low
Molecular Weight Alcohols and Nonpolar
Molecules

In this section we demonstrate the extension of our
model to binary mixtures in which the unlike pair inter-
actions are significantly different from the like pair in-
teractions, i.e., to heterogeneous mixtures. Low molecular
weight alcohols such as methanol, ethanol, and propanol
form such heterogeneous mixtures with nonpolar molecules
such as the hydrocarbons and carbon dioxide. Table V1
illustrates the application of the GCSP with the new
mixing model to three binary systems representative of this
class of mixtures. It is seen that mixture model 1 (with
two adjustable constants £; and »;,) is successful in cor-
relating the data whereas model 1A (with only one ad-
justable constant §,) leads to less accurate correlations.
The values of the additional binary interaction coefficient
n;; are found to be greater than one, and the values of §;
found using model I are only slightly different from those
obtained using model 1A. If we consider T;,;/P,;tobe a
measure of the closest distance of approach between two
unlike molecules, than values of 5,; greater than one would
indicate that there is a certain degree of exclusion between
the two types of molecules. A possible explanation for this
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¢ 'Table VII. Comparisons of Experimental and Calculated Azeotropic Pressures and Compositions of Alcohols + Heavy

Hydrocarbon Systems (Data Taken from Gmelling and Onken (1977))

exptl values model 1A model 1 —»
mixture T,K P, bar x i P x ni €ij P x
methanol + n-hexane 318 0.840 0.504 0926 0840 0.627 0175 1.028 0.840 0.504
n-hexane + ethanol 298 0.254 0.753 09809 0.257 0.552 0.100 1.374 0.260 0.742
318 0.608 0.703 0.593 0.5663 0.593 0.707
n-heptane -~ 1-propanol 348 0.713 0.560 0926 0713 0419 0.225 1.064 0713 0560

Table VIII. Dew Point Pressure Correlations of Water + Hydrocarbon Systems by Use of GCSP and Mixing Model 1A
mixture T.K max P, bar €y AX data ref
water + methane 511 690 1.035 0.0050 Olds et al. (1942)
water + ethane 511 690 0.743 0.0027 Olds et al. (1943)
water + n-butane 511 690 0.629 0.0071 Reamer et al. (1952)
is that the interaction between unlike species is stil] es- 1.6 ———————r——r —
sentially dispersive in nature and the size and polarizability oep 1 EXPT vaLuEs ]
i -— GLS® e MODEL [ x

of the nonpolar molecules are not enough to disrupt the
hydrogen bonding between the alcohol molecules. How-
ever, because of the hydrogen bonding between alcohol
molecules, the nonpolar molecules cannot get as close to
the alcohols as normally would be the case for two mole-
cules of comparable size.

Application to Mixtures Containing Low
Molecular Weight Alcohols and Heavy
Hvdrocarbons

Mixtures of low molecular weight alcohols with medium
size (Cs~Cg) hydrocarbons are sufficiently different from
the previous class of heterogeneous systems to require
separate treatment of their behavior. In fact, the vapor—
liquid behavior of these mixtures is highly nonideal and
often results in the formation of azeotropes.

Table VI1I contains the smoothed experimental values
of azeotropic pressures and compositions of three binary
mixtures, and values predicted using the GCSP method
with models I and IA. Experimental data for these binary
systems can be found in the vapor-liquid equilibrium data
collection compiled by Gmehling and Onken (1977). The
Teja-Patel equations of state for ethanol and n-octane
were used as the reference fluid equations. The GCSP
method with model IA did not give good prediction of the
azeotropic composition. This is probably due to the ex-
istence of strong unlike pair interactions between molecules
in these mixtures that are of dipole-induced dipole nature.
Unlike the case of mixtures containing alcohols and small
nonpolar molecules, the size and polarizability of these
medium size hydrocarbon molecules is great enough to
disrupt hydrogen bonding between the alcohols. Instead
of forming aggregate species with themselves, alcohol

. molecules interact with the hydrocarbon molecules in these
mixtures. Since the environment of the alcohol molecules
undergoes a substantial change in going from the pure
component to the mixture, a simple mixture model like
model 1A is not likely to work. With model I (and two
adjustable constants), however, there is a substantial im-
provement in predicting the azeotropic compositions.
Figure 2 compares the experimental x-v curve of the bi-
nary system n-heptane + methanol at 348 K with that
calculated using GCSP with models I and IA. Mixture
model I was also found to yield more accurate calculations
of vapor-liquid equilibria away from the azeotropic point
than model IA. However, instead of 7,; being greater than
one, as in the case of mixtures of a.lcofxols and small non-
polar molecules, here we found n,; to be less than one and
very small This may due to the strong interaction between
the alcohol and the hydrocarbon molecules, so that the
closest distance of approach between unlike species is
much smaller than normal. Consistent with this is the

=== GLSP « MODEL 14

oo PO

[-3-] 0‘2 oa * 06 O‘O 10

MILE FRACTION N-MEPTANE W TME LIQUID PHASE

Figure 2. Experimental and correlated vapor-liquid equilibrium
data of n-heptane + 1-propanol at 348 K.

MOLE FRACTION N-HEPTANE ‘N THE VAPOR PHASE

observation that values of %;; were found to be greater than
one, indicating that there is strong interaction between
unlike molecules.

Application to Water-Hvdrocarbon Systems

Water-hvdrocarbon svstems are of great importance in
hyvdrocarbon processing operations. Because of the polar
nature of the water molecules and their strong hvdrogen
bonding tendency, the miscibility of water and hydro-
carbons in the liquid phase can be very low.

Table V1II gives the experimental and calculated com-
positions of the vapor phase for three water + hydrocarbon
systems at pressures up to 700 bar. It was found that
model LA gave good correlations of these data. However,
for the water + n-butane system, this model failed to
predict the proper order of magnitude for n-butane in the
aqueous {liquid) phase that has been observed by Reamer
and co-workers (1952). The introduction of a second bi-
nary interaction coefficient (i.e., use of model I rather than
mode] [A) leads to some improvement, but agreement with
the experimental results is still not as accurate as desired.

Peng and Robinson (1979) considered similar svstems
using their cubic equation of state and a one-fluid model
that is analogous to the van der Waals model and sug-
gested that different binary interaction coefficients are
used in the different phases. Significant improvement in
the prediction of hydrocarbon mole fraction in the aqueous
phase results in using this idea in model IA, that is, al-
lowing the binary interaction coefficient ¢, to take different
values in the liquid and vapor phases; this model is denoted
as model IB, Experimental P-x and P~y curves are com-
pared with those calculated using model IB in Figure 3.
Reasonable agreement between correlation and experiment
is obtained if the value of £, is taken to be 0.882 for the
liquid phase and 0.629 for the vapor phase in the water
+ n-butane system,
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Figure 3. Experimental and correlated vapor-liquid equilibrium
data of n-butane + water at 511 K.

Both models I and IB contain two adjustable parame-
ters. Model IB, however, gives a more accurate correlation
of experimental data for the water + hydrocarbon system
as illustrated in Figure 3. The success of model IB implies
that the interaction between the water molecules and the
hydrocarbon molecules changes as the composition and/or
density of the mixture changes. It should be noted, how-
ever, that the use of different values of £;, for the two
coexisting phases means that model IB is unable to
properly describe the continuity of the liquid and gaseous
phases at a gas-liquid critical point—unless the two §;;'s
converge to the same value in the critical region.

Conclusions

We have studied the role played by mixing rules in
three-parameter corresponding state calculations of va-
por-liquid equilibria for various types of binary mixtures.
While this work was done within the context of the gen-
eralized corresponding states principle, we expect that the
conclusions should be more generally applicable, It was
found that the usual van der Waals model has limited
application except for simple homogeneous mixtures. One
of the reasons, is the inadequacy of the linear combination
rule for the acentric factor to represent the effect of ori-
entation and packing of molecules. A new mixture model
was developed which contains the van der Waals mode!
as a special case. This model retains the mixing rules
derived from the van der Waals two-parameter corre-
sponding states theory for T, and P, but modifies the
mixing rule for the acentric factor. It is found that this
newly proposed mode] results in accurate predictions and
correlations for a wide range of mixtures, including those
for which the van der Waals model is not applicable. The
generality and simplicity of this new mizing model are
great advantages in engineering applications.

We have also established that the generalized corre-
eponding states principle, using adjustable reference
equations, can be used for a wide variety of mixtures,
including those not usually candidates for correlation by
corresponding states methods.
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Vapor-Liquid Equilibrium Calculations by Use of a Generalized
Corresponding States Principle. 2. Comparison with Other Methods

David S. H. Wong' and Stanley 1. Sandler*
Department of Chemical Engineering, University of Delaware, Newark, Delaware 19711

Amyn S. Teja
School of Chemical Engineering, Georgia Institute of Technology, Attanta, Georgia 30332

We have correlated vapor—liquid equilibrium data for a variety of mixtures by use of a generalized corresponding
states principle (GCSP) with two nonspherical reference fluids and compared the results with other corresponding
states and equation of state methods. We conclude that, given a set of mixing rules, the GCSP with only cubic
equations as reference fluld equations of state is, for nonpolar fluids, as good as conventional corresponding states
methods that use more complicated but fixed reference equations, and better for mixtures containing polar
compounds. The GCSP is as accurate as the direct use of the cubic equations of state and may be more useful
for mixtures containing substances for which equation of state constants are not available. The GCSP, with the
proper choice of reference fluids, is ailso found to be of comparable accuracy to an activity coefficient model in
low-pressure vapor-liquid equilibrium calculations for polar mixtures; it is, however, a much more general model

for thermodynamic properties.

Introduction

In part 1, we used a generalized three-parameter cor-
responding states principle (GCSP) that allows the use of
two nonspherical reference fluids and different types of
reference equations to correlate vapor-liquid equilibrium
data for a wide variety of mixtures. A mixing model, which
is an extension of the van der Waals one-fluid model of
the two-parameter corresponding states theory, was de-
veloped. Here, we discuss the advantages and disadvan-
tages of the GCSP by comparing it to other commonly
used methods of correlating vapor-liquid equilibrium data.

Comparison with the Cubic Equation of State
Method .

One of the thermodynamic models most commonly used
in vapor-liquid equilibrium (VLE) calculations is the cubic
equation of state. Patel and Teja (1982) have recently
proposed a cubic equation of state that accurately predicts
the saturation density of a variety of fluids including pa-
raffinic and aromatic hydrocarbons, water, and alcohols.
They have demonstrated the advantages of their equation
of state over other cubic equations of state (e.g., Peng and
Robinson, 1976; Soave, 1972) for VLE calculations. In this
work, therefore, we have compared our calculations using
GCSP with calculations using the Teja-Patel equation of
state (TPES).

The Teja—Patel equation of state is given by

P=RT/w-b)-a/[vv+ b +cw-b] (1)

where a, b, and ¢ are obtained from the critical point, the
vapor pressures, and the saturation liquid densities of the
fluid of interest. The mixing rules adopted for the pa-
rameters a, b, and ¢ in this work are

Qy = }:.}]:.x,-x,a,-j (2)
bm = Z?.x,z,bu (3)

*Department of Chemical Engineering, National Tsinghua
University, Hsinchu, Taiwan, Republic of China.
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Cp = z;:,—x)c,j )
with
a; = Eij(aiaj)l/2 (5)
b;j = n(b; + b)'/? (6)
cij = 'n,-;(c,- + C)')l/z (7)

Since the effect of molecular size and shape on the equa-
tion of state parameters is included through the depen-
dence of the parameters a, b, and ¢ on the acentric factor,
eq 2-7 are considered to be a general two-parameter
mixture model that is analogous to model I (see part 1)
in the generalized corresponding states principle. We refer
to these equations as model I for the cubic equation of state
method. A special version of model I is to set n;; equal to
unity; this one-parameter model is denoted as model [A
for the cubic equation of state method (and is analogous
to model JA of the GCSP in part 1). Model IA was used
by Soave (1972), Peng and Robinson (1976), and Patel and
Teja (1982) in their equations of state methods.

Table I contains the results of bubble point correlations
using the TPES method and the GCSP with Teja-Patel
equations of state as references. Again we emphasize that
equations of state of any form and complexity can be used
as reference equations; cubic equations have been used
here only for comparison and because the parameters for
such equations of state are available for many substances.
In these calculations model 1A appropriate to each method
has been used. We see from this table that for these hy-
drocarbon-hydrocarbon and carbon dioxide-hydrocarbon
systems, the results of the GCSP are very similar to those
of the TPES despite the fact that the GCSP contains both
the errors due to the cubic equation of state representation
of the reference fluids and to the corresponding states
assumption. )

One of the most important advantages of the corre-
sponding states method is the ability to extend the in-
formation for a relatively small number of reference sub-
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Table I. Comparisons of Bubble Point Pressure Correlations of Nonpolar Mixtures by Use of Teja-Patel Equation of
State (TPES) and the Generalized Corresponding States Principle (GCSP)

TPES GCsP

mixture T,K Eij aP% refl ref2 Eij aP% data ref
methane + CO, 242 0.899 1.89 C, nC, 0.998 2.69 Donnelly and Katz (1974)
ethane + CO, 253 0.869 0.76 0.905 1.12 Nagahama et al. (1974)
methane + n-pentane 370 1.007 1.45 1.032 2.20 Berry and Sage (1970)
methane + n-hexane 273 0.981 0.93 1.048 0.97 Shim and Kohn (1962)
methane + n-heptane 311 1.103 0.73 1.068 1.05 Reamer et al. (1956)
methane + n-octane 273 1.004 1.31 1.066 1.42 Kohn and Bradish (1964)
methane + n-decane 444 1.067 1.39 1.074 2.14 Reamer et al. (1942)
methane + n-eicosane 313 1.098 1.036 1.217 2.39 Kohn and Puri (1970)
CO, + n-decane 411 0.925 1.75 Cco, nC, 0.884 1.01 Reamer and Sage (1963)

Table II. Comparison of Bubble Point Pressure Correlation of Binary Systems Containing Alcohols by Use of Teja-Patel
Cubic Equation of State (TPES) and Generalized Corresponding States Principle (GCSP)
TPES GCSP
mixture T, K nj ki AP % refl ref 2 nij i aP % data ref
methanol + CO, 298 0.980 0.952 2.54 EtOH C, 1.030 1.091 1.16 Ohgaki and Katayama (1976)
methanol + 373 1089 1.019 113 1.093 1.078 1.18 Ma and Kohn (1964)
ethane
ethanol + 350 1.000 0.976 2.27 1.066 1.063 1.93 Gomez-Nieto and Thodos (1978)
propane
ethane + 323 1.000 0.991 1.24 EtOH nC.OH 1.000 0.999 0.99 Gmehling and Onken (1977)
1-propanol
1-propanol + 363 - - - 1.000 1.001 0.30 Gmehling and Onken (1977)
1-butanol

Table II1. Comparisons of Prediction of Azeotropic Points of Alcohol +'Hydrocarbon Mixture by Use of Teja-Patel
Equation of State (TPES) and the Generalized Corresponding States Principle (GCSP)®

exptl values

TPES GCsP

mixture T,K P, bar x nyj

EU P x nij Eij P x

318
298

0.840 0.504 0.075
0.254 0.753  0.050
318 0.608 0.703 0.050
348 0.713 0.560 0.190

9 Data taken from Gmehling and Onken (1977).

methanol + n-hexane
n-hexane + ethanol

l-propanol + n-heptane

stances to a large number of systems containing similar
species. In Tabie I, we correlated the VLE data for a large
“number of nonpolar mixtures by using reference equations
of methane, carbon dioxide, and n-octane only. Although
generalized correlations of equation of state parameters
for the Teja-Patel equation of state are available for each
of the substances in this table, their determination requires
much more data than that needed to determine the pa-
rameters of the three reference fluids used in the gener-
alized corresponding states principle. This advantage of
the corresponding states theory is more obvious in the
correlation of VLE data of systems containing alcohols,
since generalized correlations of the equation of state
constants using the acentric factor are inaccurate for al-
cohols. In Table II, we demonstrate that given only
equation of state constants for ethanol, 1-pentanoi, and
ethane, we can use the GCSP to accurately correlate VLE
data of a number of alcohol + alcohol and alcohol + hy-
drocarbon systems. The results of the GCSP are compa-
rable to those of the equation of state method when
equation of state constants specific to each component are
used, though to calculate such constants accurate vapor
pressure and saturation liquid density data are needed, and
these data may not be available for all substances of in-
terest in chemical engineering. For example, equation of
state calculations could not be done for the 1-propanol +
2-methyl-1 propanol mixture since the constants for 2-
methyl-1-propanol have not been reported. Instead of
determining these constants with vapor pressure and
saturated liquid density data, a good correlation of the
VI F Adata was develoned bv using the GCSP and already

0.099 0.840 0.505 1.028 0.840 0.504
0.102 0.254 0.721 1.374 0.260 0.742
0.102 0.593 0.680 1.374 0.593 0.707
0.219 0.714 0.560 1.064 0.713 0.560
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Figure 1. Experimental and correlated vapor-liquid equilibrium
data for n-butane + water system in the hydrocarbon-rich and
water-rich phases, respectively at 511 K. Experimental data are
those of Reamer and Sage (1952).

available information on ethanol and 1-pentancl.

The similarity between correlations obtained with the
GCSP and the TPES is not limited to simple VLE be-
havior. Table III illustrates that both methods are of
comparable accuracy in predicting the azeotropic compo-
sitions of mixtures containing alcohols and hydrocarbons.
In this case the mixture models I with two binary inter-
action coefficients are used in both the TPES and GCSP
to fit experimental azeotropic pressures and compositions.
The binary interaction coefficients obtained in the two
methods are very different; for the TPES, both ¢, and n,,
are quite small, while for the GCSP, ny, is found to be
small, and ¢,, is close to unity.
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Table IV. Comparisons of Bubble Point Pressure Correlations of Nonpolar Mixtures by Use of Generalized Corresponding
States Principle (GCSP) and Lee-Kesler Corresponding States Method (LKCS)?

GCSP LKCS
mixture T.K ref 1 ref 2 £ AP % §ij AP %
methane + n-pentane 370 C, nC, 1.032 2.20 0.995 0.50
methane + n-hexane 273 1.048 0.97 0.962 0.59
methane + n-heptane 311 1.068 1.05 0.976 0.34
methane + n-octane 323 1.066 142 0.962 1.63
methane + n-decane 444 1.074 2.14 0.975 0.88
CO, + n-decane 411 co, nC, 0.884 1.01 0.809 3.86
@ See Table 1 for sources of experimental data.
Figure 1 shows the results of using the GCSP and TPES 80 T T T a
to correlate VLE data of the water + n-butane system. For & EXPT. VALUES
both methods we have used different values for the binary 7O o GCSP+MODEL 14 b
interaction coefficient {,, in different phases, as suggested — LKCS+ MODEL 1A .
by Peng and Robinson (1979) (see model IB in part 1). For °o
the liquid phase {,, was found to be 0.927 for the TPES «
and 0.882 for the GCSP; for the vapor phase it was 0.552 a 7
for the TPES and 0.629 for the GCSP. The two methods u ]
lead to very similar results, though at the higher pressures, 2
the amount of n-butane in the aqueous phase predicted w 1
by the GCSP is slightly greater than both the experimental &
values and the TPES results. -
From these calculations and others we have done, we
have established that there is no significant difference 4
between the cubic equation of state method and the gen-
eralized corresponding states principle in correlating binay o 1 —1 ] L
005 010 0I5 020 025 030

vapor-liquid equilibria, provided that comparable mixture
models are used in both methods. The advantage of a
cubic equation of state method is that it is faster compu-
tationally, since only one density calculation is necessary
for each fugacity calculation, while two such density cal-
culations are necessary in the GCSP. However, more data
are needed to obtain all the parameters for the direct
application of the equation of state; this may not always
be possible as with the alcohol systems considered here.
For the GCSP, equation of state parameters for only a few
reference fluids are needed to calculate properties of a large
variety of pure and mixture fluids. This advantage of the
GCSP can be especially important in the modeling of va-
por-liquid equilibrium behavior of complicated mixtures
such as coal liquid and petroleum reservoir fluids, which
contain a large number of components that are incom-
pletely identified and for which pure component data may
be unavailable.

Comparisons with the Lee-Kesler Corresponding
States (LKCS) Method

There are two important elements in any corresponding
states theory: the mixture model and the reference fluid
representation. We have hitherto used cubic equations of
state to represent our reference fluids. The limitations of
cubic equations are well-known (Abbott, 1979). Therefore,
we compare our method with corresponding states calcu-
lations that use more accurate PVT representation for the
reference fluids. In particular, we have compared our
method with the corresponding states method (LKCS)
proposed by Lee and Kesler (1975), which essentially uses
argon and n-octane as fixed reference fluids but represents
these reference fluids by eleven-constant Benedict-
Webb-Rubin equations. In essence, we are comparing the
advantages gained by using a changing reference fluid vs.
those of using an improved, but fixed reference fluid rep-
resentation. It should again be emphasized here that the
GCSP is not limited to cubic equations of state. We can
use more accurate equations of state for the reference fluids
if necessary, though cubic equations are sufficient in many
cases as we shall see. In fact, an important advantage of

MOLE FRACTION OF METHANE IN THE LIQUID

Figure 2. Experimental and correlated solubility of methane in
n-eicosane at 313 K.

the GCSP is its ability to use an equation of state for any
fluid, and of any complexity in the reference representa-
tion.

Table IV contains the results of bubble point pressure
correlations for a number of nonpolar mixtures using the
GCSP with the Teja—-Patel cubic equation as the reference
fluids representation and the LKCS method. In the ori-
ginal version of the LKCS method, a linear mixing rule
for the acentric factor was used. This equation has been
demonstrated to be inadequate for many mixtures (see
part 1) and therefore was replaced by mixture model 1A
of part 1 in this study. The same mixture model was also
used for the GCSP. It is evident from Table IV that the
use of a more complicated reference equation does not
improve VLE correlations to any significant extent. This
is not unexpected since the composition dependence of the
fugacity coefficients in the corresponding states method,
which is 80 important in phase equilibrium calculations,
arises from the derivatives of the pseudocritical parame-
ters. Therefore a small change in the mixing rules or the
binary interaction coefficients affects VLE calculations
significantly as we have already seen in part 1. Conversely,
the fugacity coefficients depend on the integral of the PVT
relation of the reference fluids. Therefore, the VLE cal-
culations will not be strongly dependent on the accuracy
of the equation of state used. Indeed, any small inaccuracy
of the equation of state can be compensated for by an
adjustment in the interaction coefficients.

Although accuracy of the VLE calculation is largely
determined by the mixture model, the effect of choosing
the proper reference fluid is not negligible in all cases.
Figure 2 shows the experimental (Kohn and Puri, 1970)
and calculated values of solubility of methane in n-eicosane
using the GCSP with cubic equation of states for methane
and n-eicosane as references, and the LKCS method using
mixture model IA in both cases. There we see that the
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Figure 3. Experimental and correlated vapor-liquid equilibrium
data for ethanol + 1-propanol at 323 K.

GCSP leads to more accurate correlations as a result of
the better selection of reference fluids.

The importance of choosing representative reference
fluids is further illustrated by examining the results in
Figure 3 comparing the experimental P-x—y data for the
binary system ethanol + 1-propanol (taken from Gmehling
and Onken, 1977) with values calculated by LKCS and
GCSP. Again mixture model IA is used in both cases. The
LKCS method is unable accurately to predict pure com-
ponent vapor pressures for these components because of
the use of argon and n-octane as reference fluids. It
therefore fails to yield accurate values of mixture bubble
point pressures, irrespective of the mixture model used.
The GCSP, on the other hand, leads to successful corre-
lation of the data because it allows the use of reference
fluids, ethanol and 1-pentanol in this case, that are more
representative of the components in the mixture.

Thus, we have demonstrated that the GCSP yields ac-
curate phase equilibrium calculations for mixtures con-
taining nonpolar as well ag polar molecules by the use of
different, appropriately chosen reference fluids. Calcula-
tions of equivalent accuracy for such a wide variety of
mixtures are not possible with the LKCS method, or any
other corresponding states method with fixed reference
fluids. However, even for nonpolar systems, there is an
important advantage of being able to change reference
fluids, rather than being constrained to fixed reference
fluids.

Comparisons with Activity Coefficient Models
Methods of calculating VLE based on the corresponding
states principle and the equation of state method are
similar in that they use the same equations to calculate
species fugacity in both the vapor and liquid phases.
Another way of modeling VLE is to use activity coefficient
models, such as the universal quasi-chemical theory (UN-
IQUAC) proposed by Abrams and Prausnitz (1975), for the
liquid phase, and an equation of state for the vapor phase.
Activity coefficient methods are generally applied to low
pressure VLE where pressure corrections are unimportant.
Here we compare the correlations of low-pressure VLE
data for alcohol + alcohol and alcohol + heavy hydro-
carbon mixtures using the GCSP and the UNIQUAC
model; both models contain two adjustable coefficients.
In Figure 3, the experimental P-x-y data of the ethanol
+ 1-propanol binary are compared with the values calcu-
lated by the GCSP and UNIQUAC. In Figure 4, experi-
mental x—v data of an n-heptane + 1-propanol (Gmehling
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Figure 4. Experimental and correlated vapor-liquid equilibrium
data for n-heptane + 1-propanocl at 348 K.

and Onken, 1977) system are compared with the calculated
values. In both cases, the GCSP is able to fit the data
about as well as the UNIQUAC method. The most im-
portant conclusion that can be drawn from these results
is that the GCSP, given appropriately chosen mixing rules
and reference fluids, can be used to predict/correlate VLE
for systems that hitherto have been described using activity
coefficient models. In addition, the GCSP can be used to
calculate other thermodynamic properties, whereas the
activity coefficient models can be used to calculate fugacity
only.

Conclusion

In this study, we have demonstrated that the GCSP is
of comparable or better accuracy than many existing
thermodynamic models for calculating VLE. In particular,
the methods considered include cubic equations of state,
the Lee—Kesler corresponding states method, and the
UNIQUAC activity coefficient method. However, the
GCSP has many advantages. First, it requires less infor-
mation on the components in the mixture than either the
cubic equation of state method or the UNIQUAC model.
Second, unlike the LKCS method, it is also able to cor-
relate the VLE of systems containing polar species. Also,
even for nonpolar systems, more accurate results can be
obtained than with the LKCS method by appropriate
choice of reference fluids. Third, the GCSP can be used
over the whole pressure range for the calculation of all
thermodynamic properties, whereas UNIQUAC is a model
for activity coefficients at low pressure only. Though far
from complete, the testing done here establishes that the
GCSP is a versatile tool for modeling of phase equilibrium
and other thermodynamic properties of many different
mixtures over large ranges of temperature and pressure.
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Calculation of Vapor-Liquid-Liquid Equilibrium with Cubic Equations
of State and a Corresponding States Principle

David 8. H. Wong' and Stanley . Sandier®

Department of Chermical Engineering, Universily of Delaware, Newark, Delaware 19718

Vapor-iquid-iquid equilibrium data for three ternary systemns are correlated by use of two cubic equations of state
and a generalized corresponding states method with the same binary interaction coefficients in all phases. Itis

found that vapor

cannot be accurately predicted with interaction coefficients obtained from

~iquid-iquid equilbrium
binary vapor—liquid equilibrium data, though accurate correlation is possible with a set of interaction coefficients

fitted to the

three-phase data. For the systems studied, the same vaius for the interaction coefficients for a binary

pair can be used In the caiculation of vapor-iquid—iquid equilbrium when this pair occurs in different termary systemns.

Introduction

While multicomponent, multiphase equilibria are im-
portant in chemical processing, the prediction and corre-
lation of vapor-liquid-liquid equilibria (VLLE) and other
multiphase behavior are not as well studied as vapor-liquid
equilibria (VLE). Several algorithms for the isothermal
isobaric VLLE calculations have been proposed, and Peng
and Robinson (1976a) have used their cubic equation of
state (1976b) to study VLLE in heterogenecus water +
hydrocarbon systems. Since the coexisting phases in water
+ hydrocarbon systems are of very different composition
and character, different binary interaction coefficients, as
defined below, were used for each liquid phase in that
study. This is equivalent to describing each of the phases
by a different thermodynamic model and in principle in-
troduces two thermodynamic inconsistencies. First, with
different interaction coefficients for a pair of components
in different phases, the critical point of the system may
not be properly described. Second, since the liquid phase
fugacity coefficients are obtained by an integral of the
equation of state from low pressure into the liquid region,
it is not clear what expressions should be used when the
interaction coefficients change with density, phase, or
compoeition. Further, for the liquid phases, the binary
interaction coefficients change discontinuously with com-
position.

In this study we consider the thermodynamic correlation
of VLLE data for three ternary mixtures recently reported
by Kohn and co-workers (1982): methane + ethane +
n-octane, methane + propane + n-octane, and methane
+ carbon dioxide + n-octane. One characteristic of these
systems is that each has & very small three-phase envelope
which exists over a range of temperatures of only a few
degrees Kelvin and pressure range of only one or two bar.
Another is that the compositions of the coexisting liquid
phases are of similar orders of magnitude, unlike the
heterogeneous water + hydrocarbon systems. Therefore,
predictions or correlations of VLLE for these simple,
nonpolar mixtures is a stringent test of the accuracy of a
thermodynamic model. Here we consider two classes of
thermodynamic models: the cubic equations of state and
the corresponding states principle.

Computational Procedure
In an isothermal three-phm flash a feed ofcompoamon
(z,, 2, ..., 2,), where n is the total number of components

tDepartment of Chemical Engineering, National Tsinghua
University, Hsinchu, Taiwah, Republic of China.

in the mixture, undergoes an equilibrium separation at
constant temperature T and pressure P to a liquid phase
L of composition (x,, x4, ..., %,), & second liquid phase L’
of composition (z,’, 24/, ..., 2,"), and a vapor phase V of
composition (y,, ¥s, ..., ¥»). The fractional amount of the
two liquid phases and the vapor phase will be denoted by
L, L', and V, respectively. The material balance equations

are
= L+x'L'+yV (1)
l1=L+L'+V 2

The equilibrium relations between the compositions of
each phase are

yi/x; = K, = o¢L/¢Y 3
yi/x{ = K/ = oL /0¥ (4)

where ¢/ is the fugacity coefficient of species i in phase
J- In this work the fugacity coefficients were calculated
by using the thermodynamic models to be discussed in the
next section. The phase compositions also have to satisfy
the following normalization constraints

Z. X; = 1 (5)
Tz/=1 6)
Ty=1 ™

There are 3n + 3 equations in the set above, and 3n + 5
variables. Therefore, if we specify the temperature and
pressure, the equilibrium composition of each phase can,
in principle, be found by an iterative procedure similar to
that used by Peng and Robinson (1976a).

To correlate VLLE data, a feed composition within the
experimental three-phase envelope at the given tempera-
ture and pressure is chosen and, upon using the three-
phase flash algorithm and a thermodynamic model for the
fugacity coefficients, the compositions of the ethbnum
phases are computed. This procedure is repeated, varying
the adjustable parameters in the model until the best
agreement between theory and experiment is obtained.
However, since the three-phase region is very small for the
systems we are considering, the feed composition so chosen
may be outside the three-phase region predicted by the
thermodynamic model, in which case the flash calculation
will not converge to a three-phase solution. In such cases
the feed composition is varied until a three-phase solution



Table 1. Binary Interaction Coefficients Obtained by
Fitting VLLE Data with the TPES and GCSP Models

TPES GCSP
binary pair "2 [N s 12
methane + n-octane 1.036 0.985 0994 0964
methane + ethane 0984 1032 1024 1.022
methane + propane 1.017 1035 1114 0.9%4
methane + carbon dioxide 0990 0.991 1012 1.089
ethane + n-octane 1.030 1000 1018 0.985
propane + n-octane 1012 1008 1129 1006

carbon dioxide + n-octane 0929 0994 0990 0892

is obtained, if indeed there is such a solution for the
thermodynamic model chosen.

Thermodynamic Models

In this study we considered three thermodynamic
models: the three-constant cubic equation of state pro-
poeed by Teja and Patel (1982) (hereafter referred to as
TPES), the two-constant cubic equation of state of Peng
and Robinson (1976b) (PRES) and a generalized three-
parameter corresponding states principle developed by
Wong et al. (1984) (GCSP). Each model was used to
compute the thermodynamic properties and species fu-
gacity coefficients for the VLLE calculations.

The TPES method uses the following equation for the
compressibility of a fluid

Z=yp/(w-b)-av[v+ (b + c)v - be] ®8)

For a pure fluid the parameters a, b, and ¢ were obtained
from the generalized correlations of Teja and Patel (1982).
For a mixture the equation of state parameters a, b, and
¢ were obtained from the pure component constants using
the following mixing rules

= ;? 230, ©)
by = ;? zxby; 10)
Cm = ;? XL (683
a; = {;(aa;)'/? (12)
by = ny(b; + b)/2 13)
c; = nife; +¢)/2 (14)

where n,; and §;; are the bmary interaction coefficients for
the i~/ pair. ’I‘he expression for the fugacity coefficient
of species i in a mixture for this equation of state and
mixing rules is given by Wong (1982).

If the constant ¢ is set equal to b in eq 8, the two-pe-
rameter Peng-Robinson equation of state is obtained.
Generalized correlations for the two equation of state
constants a and b are given by Peng and Robinson (1976b),
and the expression for the species fugacity for the mixing
rules of eq 9, 10, 12, and 13 is given by Wong (1982).

The corresponding-states method we used is based on
the following assumption for the compressibility of a fluid
(Wong et al., 1983)

Z = Z(T.P) +
@ - &) ZT,P,] - Z[T,P,]}/ (' - o) (15)

where Z0), Z0B o) and P are the compressibilities and
the acentric factors of two reference fluids. In this study
we have, in fact, used the spherical reference fluid (es-
sentially argon for which w is zero) and the nonspherical
reference fluid (essentially n-octane for which w = 0.398)
proposed by Lee and Kesler (1875) together with their
equation of state constants. Thus, 11 constant equations
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of state of the Benedict—-Webb-Rubin type were used to
represent the reference fluids. For pure fluids the reduced
temperature T, and reduced pressure P, are defined as

T,=T/T. (16)
P,=P/P, amn

where T, and P, are critical properties for pure fluids. For
mixtures, T, and P, are replaced by the pseudocritical
parameters T, and P, calculated as follows

T-/P- = ;; S,ZJTBJ/PGJ (18)
Tol/Po ™ 221: xx;T,2 /Py (19

"’-(T-/P-)’li = Z; xiz)wo-(de/de)!/a (20)

Ty = E{TT )2 (21)
Pgj= Tgi/tayl(Ta/P)' 2 + (T /P13 (22)
;= (w; + w)/2 (23)

The calculation of the fugacity coefficient of any species
i in a mixture using the above equations is summarized
in the Appendix and given in more detail in Wong (1982).

Results and Discussions

In both the cubic equation of state and the corre-
lpondmg states methods, there are two adjustable binary
interaction coefficients {; and ;. Ideally, the values of
these interaction coefficients obtained from binary va-
por-liquid equilibrium data could also be used to predict
multicomponent, multiphase equilibrium. However, in
both methods we found that using interaction coefficients
obtained from binary VLE data led to the prediction of
a three-phase region only for the methane + ethane +
n-octane ternary system, and even in this case the pre-
dicted compositions of the equilibrium liquid phases were
substantisally different from the experimental results. This
is illustrated in Figure 1. For the other two ternary
systems, no three-phase regions could be found using the
interaction coefficients obtained from binary VLE data.

To proceed, we attempted to correlate the three-phase
data by using the equation of state and GCSP methods
by adjusting the binary interaction coefficients so as to
minimize the followmg objective function

F= 1}2 [ -28/2B2 + (1 -2S/xB); (24)

where x.C, and x’C are calculated compositions of the
equilibrium liquid phases, x.E, and x‘E are corresponding
experimental values, and summation index j is over the
number of experimental observations. Since only esti-
mated methane vapor compositions have been reported
(Kohn and Luks, 1982), they were not used in the re-
gression procedure. The optimal values of the interaction
coefficients for each binary pair obtained by regreesing the
VLLE data are given in Table 1.

Table I contains the experimental and calculated com-
positions of the squilibrium liquid phases at various tem-
peratures and pressures for the methane + ethane + n-
octane ternary system. The agreement between the ex-
perimental results and the values calculated by both the
three constant Teja-Patel and the two-constant Peng-
Robinson equatiorns of state is very good, with the average
deviation in mole fraction being less than 0.01 for all
species in both of the liquid phases. The correlation using
the GCSP was almost as good, being slightly less accurate
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Table II. Comparison of Experimental and Correlated Equilibrium Liquid Phase Compositions of VLLE of Methane (1) +
Ethane (2) + 2-Octane (3) .

exptl PRES TPES GCSP
n-octane n-octane n-octane n-octane n-octane n-octane n-octane n-octane
T P lean phase rich phase lean phase rich phase lean phase rich phase lean phase rich phase
K baer 2, Zq x z4 xy x4 2, x4 x xy 2, x4 xy x4 2, x4
200 46.61 0806 0.158 0682 0.187 0808 0.158 0.680 0.181 0.809 0.154 0688 0.177 0818 0158 0.648 0.192

4762 0840 0.137 0657 0173 0.842 0.138 0.652 0.170 0.844 0.133 0657 0.169 0.847 0130 0625 0183
4864 0.865 0.118 0.641 0.161 0.869 0.117 0.832 0.157 0.870 0.115 0.837 0158 0870 0.114 0609 0.173
4965 0888 0100 0.625 0.152 0.895 0.087 0.612 0.143 0.896 0.094¢ 0.613 0.144 0882 0.097 0592 0.160

202 4863 0803 0.162 0683 0.192 0.802 0.163 0.682 0.187 0805 0.158 06883 0.184 0.808 0.157 0.663 0.196
49.65 0.835 0.142 0.657 0.181 0.836 0.142 0.654 0177 0838 0138 0.858 0.176 0.839 0.137 0.632 0.189
50.66 0.861 0.123 0642 0.169 0863 0.123 0.637 0168 0.865 0.120 0.639 0.168 0.864 0.119 0.611 0.179
51.68 0.885 0.104 0.629 0.158 0.888 0.104 0.619 0.154 0.8% 0.101 0.619 0.154 0834 0.104 0.600 0.169
52.69 0907 0.085 0616 0.147 0912 0.083 0.598 0.139 0915 0.080 0.584 0.139 0.901 0.091 0.591 0.158
53.70 0924 0.071 0600 0.138 o a a a a a a a 0918 0.077 0582 0.149

204 5066 0.800 0.166 0.685 0.196 0.798 0.167 0686 0.192 0801 0.163 0.687 0.190 0.800 0.163 0.676 0.196
51.68 0.831 0.147 0656 0.188 0.831 0.147 0.657 0.183 0.835 0.142 0655 0.182 0831 0.144 0642 0.194
52.69 0.856 0.128 0.641 0.179 0856 0.129 0.641 0.174 0860 0.125 0639 0.174 0.855 0.128 0.624 0.187
53.70 0.879 0.109 0629 0.189 0879 0.111 0625 0.164 0.884 0.107 0.620 0.163 0.875 0.113 0.610 0.179
5472 0901 0.091 0613 0.157 0904 0.091 0605 0.151 0906 0.089 0602 0.152 0.883 0.099 0.600 0.170
55.73 0922 0.074 0.576 0.144 a a a a a a a a a a @ a

206 5269 0.796 0.171 0.683 0202 0.792 0.173 0.684 0.197 0.797 0.188 0.687 0.195 0.779 0.175 0.680 0.203
53.70 0.827. 0.153 06556 0.196 0828 0.151 0659 0.190 0.832 0.146 0.656 0.189 0819 0.153 0.663 0.200
54.72 0853 0.133 0645 0.186 0854 0.132 0642 0.181 0857 0.129 0644 0.182 0844 0.136 0.634 0.194
55.73 0878 0.111 08632 0.176 0.876 0.115 0627 0.172 0879 0.112 0625 0173 0866 0.121 0621 0.187
56.74 0902 0.090 0619 0.167 0884 0.100 0.617 0.164 0903 0.092 0607 0.161 0884 0.107 0.609 0.180

208 854.72 0.794 0.175 0.692 0.200 0.777 0.183 069 0.203 0.791 0.174 0.686 0201 a a a [
55.73 0.824 0.157 0663 0.192 0821 0.157 0659 0.197 0828 0151 0660 0.196 0801 0.166 0678 0.203
56.74 0.847 0139 0652 0.187 0846 0140 0649 0.190 0850 0.136 0.648 0.190 0.833 0.146 0649 0.200

210 56.74 0.770 0.185 0717 0.199 0.764 0.192 0709 0.207 0.768 0.189 0.713 0204 a a a a
§7.76 0.815 0.162 0.665 0203 0.811 0.166 0.667 0.204 0.816 0.161 0.686 0204 o a a a
58.77 0.842 0.144 0648 0201 0840 0.146 0.652 0.198 0.845 0.141 0.653 0.198 0.817 0.158 0.668 0.205
59.78 0.866 0.126 0628 0.199 0.865 0.128 0639 0.191 0874 0.118 0.631 0.190 0.841 0.142 0.651 0.202

“Indicates that no three-phase solution could be found.

Table II1. Comparisons of Experimental and Predicted Liquid Molar Volumes of leor—Liqnld-Liqnld Equilibriuam Points of
the Ternary System Methane (1) + Ethane (2) + a2-Octane (3)

T, P, expt] P-R TPES GCSP
K bar v vy* n vy 0 vy n vg
200 46.61 0.0630 0.0588 0.0615 0.0544 0.0642 0.0594 0.0630 0.0562

47.62 0.0657 0.0594 0.0655 0.0556 0.0677 0.0608 0.0652 0.0568
48.64 0.0683 0.0810 0.0688 0.0573 0.0708 0.0628 0.0673 0.0577
49.65 0.0708 0.0638 0.0725 0.0805 0.0743 0.0664 0.0697 0.0592

202 48.64 0.0829 0.0588 0.0611 0.0550 0.0641 0.0600 0.0618 0.0566
49.65 0.0658 0.0600 0.0648 0.0561 0.0673 0.0615 0.0646 0.0572
50.66 0.0678 0.0820 0.0876 0.0580 0.0699 0.0638 0.0669 0.0583
51.68 0.0694 0.0645 0.0708 0.0611 0.0729 0.0672 0.0685 0.0598
52.69 0.0713 0.0677 0.0744 0.0662 0.0768 0.0730 0.0700 0.0616
63.70 0.0740 00719 - b b b b 0.0718 0.0644

204 50.66 0.0810 0.0594 0.0606 0.0556 0.0640 0.0606 0.0610 0.0671
51.68 0.0648 0.0606 0.0642 0.0568 0.0673 0.0624 0.0837 0.0578
52.89 0.0676 0.0629 0.0667 0.0587 0.0695 0.0647 0.0656 0.0587
53.70 0.0897 0.0658 0.0694 0.0616 0.0723 0.0682 0.0674 0.0802
54.72 0.0728 0.0684 0.0729 0.0667 0.0752 0.0732 0.0688 0.0622
55.73 0.0790 0.0781 b b b b b b

206 52.69 0.0624 0.0608 0.0606 0.0561 0.0640 0.0613 0.0608 0.0575
53.70 0.0662 0.0624 0.0637 0.0576 0.0870 0.0633 0.0628 0.0680
54.72 0.0670 - 0.0643 0.0662 0.0599 0.0687 0.0659 0.0648 0.0590
55.73 0.0688 0.0670 0.0686 0.0630 0.0712 0.0686 0.0661 0.0606
56.74 0.0734 0.0725 0.0705 0.0665 0.0740 0.0754 0.0678 0.0628

208 54.72 0.0635 0.0601 0.0600 0.05685 0.0640 0.0818 b b
65.73 0.0854 0.0826 0.0633 0.0582 0.06685 0.0642 0.0612 0.0582
56.74 0.0659 0.08668 0.0649 0.0805 0.0879 0.0668 0.0634 0.0583

210 56.74 0.0818 0.06956 0.0588 0.0670 0.0826 0.0819 b b
§7.76 0.0642 0.0621 0.0823 0.0585 0.0857 0.0643 b b
68.77 0.0648 0.0668 0.0642 0.0812 0.0672 0.0676 0.0621 0.0693
58.78 0.0866 0.0708 0.0861 0.0851 0.0698 0.0732 0.0635 0.0607

% av dev 1.97 8.30 315 3.08 2.88 7.65
%y, and v, are volumes of the n-octane rich and the n-octane lean phase, respectively. *Indicates three phase region not found.
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Figure 1. Experimental and predicted liquid-liquid tie lines of
VLLE for the ternary system methane (1) + ethane (2) + n-octane
@).

Table IV. Comparison of Raw Experimental and Predicted
Methane Vapor Phase Compositions for Methane (1) +
Ethane (2) + 2-Octane (3)

ost exptl TPES GCSP
T.K » » »
200 0.950 0.969 0.970
202 0.938 0.964 0.967
204 0.931 0.959 0.961
206 0.925 0.954 0.955
208 0.914 0.946 0.949
210 0.918 0.938 0.840

only for the composition of the liquid phase which is rich
in n-octane. The molar volumes predicted by use of the
PRES, TPES, and GCSP methods are compared to ex-
perimental results in Table III. All methods give very
accurate values of the molar volume of the n-octane-rich
liquid phase. However, the GCSP and PRES underesti-
mate the molar volumes of the n-octane lean phase as
shown in Table ITI. Since there were no essential differ-
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ences between the Peng-Robinson and the Teja-Patel
equations of state, and the latter leads to slightly more
accurate predictions, the Peng—Robinson equation will not
be considered further.

The raw experimental data of Kohn and Luks (1982)
show that the vapor phase methane compositions in the
methane + ethane + n-octane system varies slightly with
temperature and little with pressure. Table I'V lists the
estimated raw experimental data, together with the results
from TPES and GCSP. These two predictions are close
to each other, and consistently higher than estimated data
of Kohn and Luks.

For the methane + propane + n-octane ternary, as
mentioned earlier, no three-phase region could be found
using the interaction coefficients obtained from binary
VLE data. The results of correlating VLLE data are found
in Tables V to VII. The overall agreement is similar to
that for the methane + ethane + n-octane system.

The ternary system methane + carbon dioxide + n-oc-
tane exhibits VLLE behavior which is similar to the two
systems considered above. Correlations of the data for this
system using the TPES and GCSP methods were found
to be less accurate than the previous system, but still ac-
ceptable, as shown in Tables VIII to X. Presumably, the
lower accuracy here is due to the presence of carbon di-
oxide which, as a pure component, is not as well repre-
sented by either the equations of state with generalized
constants or the corresponding states method as are hy-
drocarbons.

It should be noted that there is one common pair in the
three systems studied, methane and n-octane. The in-
teraction coefficients obtained for this binary pair by fitting
the three different sets of VLLE data were found to be the
same at similar temperatures and pressures. This suggests
that while interaction coefficients from VLE data cannot
be used to predict accurate ternary VLLE, interaction
coefficients for a particular binary pair obtained from
VLLE data can be used to predict VLLE for other mul-
ticomponent systems involving the same binary pair at
similar temperatures and pressures.

While good correlations of the compositions of the
coexisting liquid phases in VLLE equilibrium can be ob-

Table V. Comparison of Experimental and Correlated Equilibrium Compositions of the Liquid Phases of VLLE Data for

Methane (1) + Propane (2} + a-Octane (3)

exptl TPES GCSP
n-octane n-octane n-octane n-octane n-octane n-octane
T, P, rich phase lean phase rich phase lean phase rich phase lean phase
K bar x, x4 x, I'N x, xy x, x, z, 3 EX x3
204 56.74 0.782  0.141 0.894  0.086 0.766 0.161 0.881 0.099 0783  0.134 0.892 0.088
57.25 0.741 0.152 0816  0.074 0.724 0.159  0.912 0078 0.724  0.148 0.905 0.079
57.76 0.706 0.154 0.930 0.062 0.703 0.159 0.929 0.064 0.711 0.147 0.914 0.072
58.26 0.680 0.153 0.944 0.050 0.685 0.169 0.842 0.054 0.703 0.146 0.923 0.066
202 54.21 0.752 0.146 0.898 0.084 0.747 0.152 0.883 0.096 0.735 0.144 0.897 0.084
54.72 0.718 0.1561 0.914 0.073 0.717 0.156 0.910 0.077 0.711 0.146 0.910 0.075
55.22 0.698 0.152 0.928 0.062 0.654 0.1585 0.927 0.065 0.699 0.145 0.929 0.061
56.73 0.683 0.149 0.939 0.063 0.677 0.163 0.940 0.054 0.689 0.142 0.934 0.054
56.24 0.673 0.145 0.849 0.045 0.669 0.151 0.547 0.048 0.682 0.140 0.545 0.048
56.74 0.661 0.140 0.966 0.031 a a a a 0.675 0.137 0.961 0.034
200 52.18 0.726 0.148 0.810 0.074 0.720 0.151 0.803 0.082 0.702 0.145 0.910 0.073
52.69 0.703 0.149 0.923 0.064 0.697 0.161 0.921 0.068 0.693 0.142 0.921 0.066
5320 0683 0.146 0935 0055 0677 0148 0935  0.057 0.684 0.139 0930 0.059
53.70 0.670 0.139 0.946 0.047 0.852 0.144 0.951 0.044 0.674 0.135 0.940 0.052
54.21 0.8569 0.133 0.855 0.040 a a a a 0.667 0.132 0.947 0.046
54.72 0.652 0.128 0.967 0.030 [ a a a *  0.658 0.127 0.955 0.040
188 49.14 0.737 0.146 0.885 0.089 0.738 0.147 0.875 0.098 0.715 0.143 0.900 0.079
49.65 0.713 0.145 0.908 0.074 0.708 0.147 0.905 0.078 0.706 0.141 0.911 0.072
50.16 0.700 0.141 0.826 0.061 0.685 0.146 0.925 0.065 0.683 0.138 0.926 0.061

ALTY T ER L.V Y sen
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Table VI. Comparisons of Experimental and Predicted Molar Voiumes (L/g-mol) of the Liquid Phases of
Vapor-Liquid-Liquid Equilibrium Points of the Ternary Methane (1) + Propane (2) + 2-Octane (3)

T, P, axptl TPES GCSP
K bar un* vy* u ] Uy Uy

204 56.74 0.0612 0.0612 0.0628 0.0627 0.0637 0.0592
57.25 0.0624 0.0628 0.0653 0.0660 0.0641 0.0597
57.76 0.0639 0.0854 0.0670 0.0695 0.0650 0.0604
58.26 0.0655 0.0711 0.0686 0.0730 0.0657 0.0611

202 54.21 0.0616 0.0610 0.0638 0.0820 0.0631 0.0587
54.72 0.0638 0.0630 0.0658 0.0648 0.0648 0.0692
85.22 0.0655 0.0652 0.0678 0.0673 0.0658 0.0599
55.73 0.0668 0.0678 0.0695 0.0705 0.0667 0.0607
56.24 0.0677 0.0721 0.0705 0.0728 0.0674 0.0618
56.74 0.0700 0.0808 b b 0.0681 0.0631

200 52.18 0.0624 0.0617 0.0656 0.0627 0.0653 0.0585
52.69 0.0647 0.0635 0.0676 0.0649 0.0661 0.0591
53.20 0.0668 0.0654 0.0696 0.0875 0.0669 0.0598
53.70 0.0687 0.0676 0.0723 0.0721 0.0680 0.0609
54.21 0.0705 0.0704 b b 0.0687 0.0620
54.72 0.0719 0.0748 b b 0.0696 0.0638

198 49.14 0.0634 0.0601 0.0640 0.0600 0.0640 0.0574
49.65 0.0645 0.0609 0.0665 0.0618 0.0648 0.0578
50.16 0.0660 0.0618 0.0689 0.0640 0.0668 0.0585

% av dev 3.95 2.95 “1.60 8.78

‘v, and v, are the molar volumes of the n-octane rich phase and the n-octane lean phase, respectively.

converge.

Table VII. Comparison of Raw Experimental and
Predicted Methane Vapor Phase Compositions for Methane
(1) + Propane (2) + n-Octane (3)

est exptl TPES GCSP
T.K X1 Y1 Y1
204 0.976 0.982 0.987
202 0.979 0.986 0.990
200 0.982 0.989 0.992
198 0.985 0.992 0.994

tained as shown above, the binary interaction coefficients
80 obtained do not lead to accurate predictions of VLE
behavior. Figure 2 compares the experimental VLE data
of the binary mixture methane + n-octane at 220 K with
the values predicted using the TPES and the binary in-
teraction coefficients from ternary VLLE data. It can be
seen that there is substantial disagreement. Therefore, at

*VLLE calculation did not

present, it ia not possible to use VLE data to make VLLE
predictions using the thermodynamic models considered
here or vice versa. It was found that although the amount
of n-octane in the vapor phase is very small, its presence
is essential for the existence of VLLE. Had vapor com-
position been accurately measured and used in the re-
gression procedure, the accuracy and generality of resulting
interaction coefficients might have been improved.

Conclusion

In this work, we have studied the VLE of three ternary
systems containing only nonpolar molecules. We have
found that vapor-liquid-liquid phase equilibria can be
predicted with both cubic equations of state and a gen-
eralized corresponding states principle by using a single
set of binary interaction coefficients for all phases. How-
ever, it was found that both the cubic equations of state

Table VIII. Comparison of Equilibrium Liquid Phase Composition of VLLE Data for the Ternary System Methane (1) +

Carbon Dioxide (2) + m-Octane (3)

exptl TPES GCSP
n-octane n-octane n-octane n-octane n-octane n-octane
T, P, rich phase lean phase rich phase lean phase rich phase lean phase
K bar X3 X3 Xy Xy %y X3 %1 ) xy X3 bt ]
212 62.31 0.562 0.259 0.781 0.200 0.598 0.246 0.811 0.178 0.585 0.253. 0.791 0.183
61.81 0.5672 0.265 0.760 0.224 0.597 0.250 0.783 0.198 0.594 0.254 0.773 .0.194
61.30 0.575 0.273 0.737 0.241 0.6056 0.252 0.761 0.210 0.605 0.255 0.752 0.206
680.79 0.588 0.283 0.709 0.260 0.817 0.255 0.735 0.225 0.619 0.254 0.724 0.220
208 58.77 0.558 0.220 0.828 0.187 a [ a a 0.545 0.239 0.845 0.141
58.26 0.565 0.228 0.805 0.185 0.582 0.225 0.841 0.149 0.552 0.243 0.831 0.152
57.76 0.566 0.238 0.787 0.200 0.593 0.230 0.822 0.164 0.559 0.246 0.816 0.162
57.25 0.567 0.249 0.770 0.213 0.601 0.234 0.800 0.180 0.564 0.249 0.802 0.172
56.74 0.573 0.258 0.763 0.226 0.604 0.238 0.778 0.196 0.574 0.252 0.787 0.182
56.24 0.583 © 0.288 0.730 0.242 0.613 0.241 0.755 0.208 0.588 0.253 0.771 0.192
5§56.73 0.620 0.278 0.892 0.265 0.647 0.244 0.722 0.226 a [ a a
204 55.22 0.564 0.178 0.858 0.138 0.558 0.187 0.893 0.103 0.528 0.218 0.878 0.113
54.72 0.564 0.187 0.843 0.149 0.568 0.185 0.878 0.118 0.531 0.224 0.867 0.121
54.21 0.564 0.198 0.828 0.161 0.573 0.201 0.864 0.128 0.534 0.228 0.857 0.129
53.70 0.563 0.208 0.814 0.174 0.580 0.207 0.849 0.140 0.537 0.232 0.846 0.137
53.20 0.564 0.217 0.798 0.187 0.589 0.212 0.831 0.154 0.541 0.237 0.836 0.146
52.68 0.568 0.228 0.781 0.201 0.596 0.218 0.811 0.168 0.546 0.241 0.824 0.154
52.18 0.579 0.240 0.763 0.215 0.808 0.223 0.789 0.183 0.554 0.244 0.811 0.163
51.68 0.581 0.252 0.741 0.230 0.620 0.228 0.767 0.197 0.559 0.248 0.797 0.173

*VLLE calculation did not converge.
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Table IX. Comparisons of Experimental and Predicted Molar Volumes of Liquid Phases of Vapor-Liquid-Liguid
Equilibrium Points of the Ternary Methane (1) + Carbon Dioxide (2) + 2-Octane (3)

T, P, sxptl TPES GCSP
K ber ) Uy ) e | ] Uy

212 62.31 0.0645 0.0685 0.0632 0.0639 0.0589 0.0543
61.81 0.0630 0.0630 0.0630 0.0803 0.0582 0.0536
61.30 0.0612 0.0613 0.0620 0.0585 0.0574 0.0532
80.79 0.0591 0.0602 0.0608 0.0673 0.0564 0.0531

208 58.77 0.0882 0.0688 ] a 0.0630 0.0563
58.26 0.0668 0.0658 0.0661 0.0653 0.0621 0.0552
57.76 0.0653 0.0626 0.0648 0.0622 0.0612 0.0543
57.25 0.0639 0.0609 0.0636 0.0596 0.0604 0.0536
56.74 0.0625 0.0694 0.0629 0.0578 0.0594 0.0531
56.24 0.0608 0.0581 0.0618 0.0567 0.0583 0.0527
55.73 0.0582 0.0569 0.0587 0.0561 a a

204 55.22 0.0711 0.0713 0.0725 0.0729 0.0659 0.0574
54.72 0.0701 0.0680 0.0708 0.0684 0.0652 0.0563
54.21 0.0690 0.0654 0.0695 0.0653 0.0644 0.0554
53.70 0.0678 0.0630 0.0680 0.0627 0.0637 0.0546
53.20 0.0666 0.0608 0.0665 0.0603 0.0630 0.0540
52.69 0.0852 0.0589 0.0652 0.0583 0.0623 0.0534
52.18 0.0637 0.0575 0.0638 0.0568 0.0612 0.0529
51.68 0.0619 0.0563 0.0620 0.0559 0.0605 0.0524

% av dev 225 1.57 5.87 13.04

Table X. Comparison of Raw Experimental and Predicted
Methane Vapor Phase Compositions for Methane (1) +
Carbon Dioxide (2) + n-Octane (3)

oot exptl TPES GCSP
T, K » N h2)
212 0.825 0.895 0.928
208 0.861 0.915 0.943
204 0.890 0.936 0.957
100 T T T T <)
X EXPT VALUES ]
80| — WMODEL FROM VLE e
- © MODEL FROM VLLE
E - -
- e0f -
H
a r o
T -
I d
20 -
o H L L L
00 ot 02 03 oe os

MOLE FRACTION METHANE
Figure 2. Solubility of methane in N-octane at 220 K; (X) denotes
experimental points; (—) denotes calculated results by use of the
Teja-Patel equation of state with binary interaction coefficients
obtained from VLE data; (O) denotes as above with coefficients
obtained by regression of VLLE data.

and the generalized corresponding states method cannot
predict accurate VLLE with interaction coefficients ob-
tained from binary VLLE data. It is possible to develop
VLLE correlations by using interaction coefficients which
are different from those obtained from binary VLE data.
This failure of the thermodynamic models to accurately
predict both VLE and VLLE without varying parameters
may be attributed to several factors. First, it may be that
the cubic equations of state and the GCSP are not suffi-
ciently accurate in calculating species fugacities, especially
the fugacity of a trace component (e.g., n-octane in the
vapor phase). Second, it may be that the mixing model
is inadequate under these conditions, though since only
nonpolar substances are involved, complex mixing models
would be difficult to justify. It was also found, however,
that the bmary interaction coefficients obtained for one
binary pair using VLLE data of a multlcomponent system
may be used for the same binary pair in correlating VLLE

data of another multicomponent system. Finally, we note
that the relatively simple three-constant cubic equation
of state of Teja and Patel did as well as, or better than,
the Lee-Kesler corresponding states method, which uses
11-constant equations of state, in predicting phase com-
positions and densities.
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Fugacity Coefficient Expression for the General-
ized Corresponding States Principle. The fugacity
coefficient ¢ = f/p for a pure fluid is

P dP
ln¢-£ z-n% (A1)

when using eq 15 becomes
In ¢ = In ¢"V[TP,] +

- it}
(:,:2—, _wu(.fn fin $"2[T,.P,]- In $"[T,P,]i (A2)

The fugacity coefficient for a species in a mixture ¢; =

J./x.P is gotten from the fugacity coefficient for the mixture
¢u (which is also calculated from eq A2) as follows

(N In ¢y
ln ¢i - ( aN' )T'V'NI'I -

61n¢u aln¢)l

(A3)

ln¢ll —2:1

where the partial derivatives with respect to x; are taken
hglding all other mole fractions constant. Using eq 15 we
obtain

alnh aln¢(r2’.

wy - @' { 3 1ln ¢

azl- az.. Wt = i) a‘,.
dln (r1) In ¢(r2l In ¢(r1l Sw
¢ } 7
ox; w2 = D)
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where, further
dln ¢(rﬂ dln ¢(rﬁ aT ‘aln ¢(ri) .3}:’r AS)
ox; T, az P, 9z (
Finally
alngt 1 Al
aT, T, AT (A8)
dln ¢(u‘) (z(r,-) -1)
ap, P, (A7)
and
aT, ~-T, GT,_ oP, -P, 0P AB
0x; T 0x' az, P 6: (A8)

Here, AH" is the known enthalpy deviation from ideal
gas behavior for the reference fluid.

Thus the fugacity coefficient for a species in a mixture
depends upon the two reference fluid equations of state
and upon the pseudocritical constant mixing rules through
the values of T, Py, and w, and, more importantly, their
derivatives with respect to mole fraction.
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CORRESPONDING STATES, COMPLEX MIXTURES AND MIXTURE MODELS
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ABSTRACT

A three parameter Generalized Corresponding States Principle (GCSP) which
allows a choice of reference fluids is reviewed. When combined with a new set
of mixing rules proposed here, the GCSP method is shown to lead to accurate
calculations of vapor-liquid and vapor-liquid-liquid equilibria in mixtures
containing paraffinic hydrocarbons, aromatic hydrocarbons, alcohols and
water. The new method is also shown to work well for asymmetric mixtures
(i.e., mixtures of large and small molecules). OQur studies have established
the accuracy and utility of the method for complex mixtures not heretofore
treated by the method of corresponding states,

INTRODUCTION
The corresponding states principle (CSP) was suggested by van der Waals
(1890) based on the observation that his two-parameter equation of state

P+ &) (v-b) = RT 1
( VY) (v-b) (1)
could be written in the form

(Pr + 32) (3Vp-1) = 8T, (2)
r

where the reduced properties (denoted by a subscript r) are given by T, =
T/Tes Pp = P/P. and V. = V/V., and the subscript c denotes a critical
property. Since the critical compressibility Z. predicted from the van der
Waals equation is ’
AR (3)
for all fluids, eqn. (2) is a two (independent) parameter corresponding states
principle,

There are a number of shortcomings of CSP based on the van der Waals
equation. First, as egqn. (1) is not very accurate--particularly in the liquid
and critical regions--a corresponding states principle based on it will not be

0378-3812/83/$03.00 © 1983 Elsevier Science Publishers B.V.

79



80

of high accuracy. Second, the van der Waals equation, as well as other two-
parameter cubic equations of state predict a single value of Z., even though
common fluids have values of this parameter in the range of 0.23 to 0.32 (Reid
et al, 1977).

These shortcomings have led to a number of modifications to the two-
parameter CSP. Generally, these modified CSPs use additional characterization
parameters, and more accurate P-V.T (equation of state) relations for the
reference substance(s). For example, Lydersen, Greenkorn and Hougen (1955)
proposed the following CSP relation for hydrocarbons

UTrPproZe) = 0(Tp,PraZe = 0.27) + (Z-0.27)21(T,.,Pp) (4)

in which the critical compressibility Z. was taken as the third parameter. 1In
this equation 20 is the compressibility factor based on experimental data for
hydrocarbons with Z. = 0.27, and Zl is the departure function. Equation (4)
may be thought of as a first order Taylor series expansion of the compress-
ibility of a fluid around that for a fluid with Z. = 0.27. That is

3Z(Tp,P
32, (5)

1.=0.27

Z(TrsProZe) = Z(TraPr + (Ze-0.27)
Zc=0.27

where clearly the derivative term above s equal to the departure function
Z1(Tp,Pr). In the work of Lydersen et al, both 20 and Zl were presented as
tables.

More popular has been the corresponding states relation of Pitzer and
coworkers (1958)

I(Tr,Ppyw) = Z0(Tp,Pp) + Z1(Tp,Pp) (6)
using as the third parameter the acentric factor o defined by

a =
w = -1.0 - logyp (Pv pPT 0.7 ) (7)
C

with PY3P being the vapor pressure, Again, Z0(T.,P.) and Zl(T,,P.) were
presented in tabular form. For nonpolar molecules the acentric factor
increases with nonsphericity, being approximately zero for methane, Equation
(7) may be viewed as a first-order Taylor series expansion of the compress-
ibility factor about its value for a spherical molecule, that is,

L(Tr,Pryw) = Z(Tpr,Pe)l + w alggs.PE! ®)

w=0 w=0
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To adopt the Pitzer et al corresponding states principle for easy use on
digital computers, Lee and Kesler (1975) replaced the derivative in eqn. (B)
with its finite difference approximate,
3Z(Trvpr)1 = Z(lr.h’»‘ﬂ) b Z(Tr.Pr.w‘n (9)

3w wy
w=0

where wy represents the acentric factor of some appropriately chosen reference
fluid. Thus, eqn. (8) becomes

2(TroProw) = 20(Tr,Pr) + 2 (ZHTr,Pryey) = 20(Tr,Pr)) (10)

They then used the eleven constant Starling (1972) modification of the
Benedict-Webb-Rubin equation for essentially argon (for which w=0) to repre-
sent 20, and for essentially n-octane (for which wy = 0.3978) to represent
Zl(Tr,Pr,ul). The result was an accurate, analytic CSP for nonpolar fluids.

While the Lee-Kesler corresponding states method leads to good predictions
for hydrocarbons, it is much less accurate for molecules with permanent
dipoles and/or quadrupoles. This is because the method is an expansion in
nonsphericity only; the acentric factor was meant to measure the departure
from spherical behavior and, more importantly, both reference fluids (argon
and n-octane) are nonpolar,

THE GENERALIZED CORRESPONDING STATES PRINCIPLE

Real molecules can be both nonspherical and polar. To develop a corre-
sponding states principle for such fluids, it is useful to consider the
insights obtained from statistical mechanics, Smith (1973) and Flytzani-
Stephanopoulis, et al (1975) in statistical mechanical perturbation theory
have used a multi-dimensional Taylor series expansion in nonsphericity, dimen-
sionless electrostatic moment and other appropriately chosen parameters as the
expansion variables. The results of such calculations have shown that these
series can be slow to converge, and, as shown by Sandler {1974), the syner-
gistic effects between nonsphericity and dipole or quadrupole moment do not
appear in the first order term, which is all that has been used in most
corresponding states methods.

Further, the accuracy of any perturbation theory calculation is greater,
and the convergence more rapid, if the reference fluid for the expansion is
very similar to the fluid under study. This suggests that the reference
fluids for a corresponding states theory: (1) should not be restricted to a
spherical fluid and a nonpolar hydrocarbon, as has been the case in the past;
and (2) need not be the same for all substances or mixtures of 1ntere$t, but
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should be allowed to change so that the reference fluids and the substances
under study are similar,

Therefore, we have recently proposed the following generalized corre-
sponding states principle (GCSP} of Teja et al (1980a, 1980b, 1981a)

2(TrsPps8) = I71(T,,Pp 071 4 ()

e_erl
;;Er;;f {ZrZ(Trlpr’BFZ) -Zrl(Tr.Pr.erl)}

Here rl and r2 refer to appropriately chosen reference fluids, and & is some
characterizing property: in the work to be discussed below & was taken to be
the acentric factor, though other properties could have been chosen, 1In the
following section we consider the use of the GCSP of eqn, (11) and the

results obtained with the computer package of Wong (1983) to implement it. In
this package, the user can select the two reference fluids to be used from the
1ist given in Table 1.

TABLE 1

Reference Substances Available in Present
Generalized Corresponding State Principle Program Package

Lee-Kesler Spherical Reference Fluid
Lee-Kesler Nonspherical Reference Fluid
Methane
Ethane
N-Butane
N-Octane
N-Dodecane
N-Eicosane
Met hanol
Ethanol
N-Pentanol
Benzene
Carbon Dioxide
Water

Notes:

1) The three constant Teja-Patel cubic equation of state has
been used for all reference fluids save the first two,

2) Additional reference fluids and reference equations of state
of complexity may easily be added.

The use of eqn. (11) in calculating high accuracy liquid densities has been
described previously by Teja et al (19B0a,b}, as have its amalogs for the cal-
culation of vapor pressure (Teja et al, 1981) [12], heat capacity (Teja, 1983)
and other properties. Here we will only consider its use in vapor-liquid and
vapor-liquid-liquid phase equilibrium calculations, Of course, when applying
corresponding states theory to mixtures, one question that arises {is the
appropriate choice of mixture pseudocritical properties. We have shown (Wong,
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1983}, based on semitheoretical and semiempirical arguments, that the mixing
rules given by: R

wm(Tem/Pem)2/3 = z § xixjwij(Teij/Peij)2/3 (12)
Tem/Pem = T § xixjTeij/Peij (13)
T2 /P =1L xixjT¢ /P (14)
cmoocm 1) c1] ¢

with

Teij = Eij(TeiTey)l/2 (15)
Peij = 8Tcij/{nijL{Tei/Pei) 1/ 3+(Te /Pcs)1/313) (16)
wij = (wij+w;)/2 (17)

are especially useful for a large range of mixtures, We denote egns. (12-17)
with two adjustable parameters £ij and njj as Model I; the special case in
which njj is set equal to unity will be referred to as Model IA. These mixing
rules are somewhat different from the commonly used van der Waals' one-fluid
rules (Leland et al, 1962). For comparison, we also consider a variation
(denoted as Model 11) to the one-fluid rules in which Vcij is replaced by
Teij/Peijs This model consists of eqns. (13 to 17) together with:

wp = IXjwq (18)

RESULTS

To illustrate the advantage of the mixing rules we have proposed, we
compare, in Table 2, the predictions for the bubble point of binary mixtures
of methane with Cg and heavier hydrocarbons using the corresponding states
principle and the Lee-Kesler reference fluids with Models IA and II (each with
n1j=l) and, for comparison, selected values computed using the three parameter
cubic equation of state of Teja and Patel (1981b, 1982) with their mixing
rules for the equation of state constants. There we see that the average mean
error for these hydrocarbon mixtures is approximately one-fifth as great using
the new mixing rule as when using Model II. Though not shown in the table,
the error in using the new mixing rule is only about 40% of that which results
from using the mixing rules proposed by Plocker, Knapp and Prausnitz (1978)
for asymmetric hydrocarbon mixtures, i.e. mixtures of molecules with large
differences in size.

The real advantage of our generafized corresponding states principle (and
its mixing rules) is that it can, by the appropriate choice of reference
fluids, be applied to polar as well as nonpolar mixtures. This is demon-



TABLE 2

Comparison of Bubble Point Pressures of Methane + Heavy Hydrocarbon Mixtures
Calculated Using Different Mixing Models in the Corresponding States Method
and the Teja-Patel Equation of State with Experimental Values

4]

Model IA Model 11 TPES
Mixture T Eij APY Eij AP%L Eij APY Data Ref,
(k)
METHARE + 176.3 0.978 3.79 1.032 9.57 a
N-PENTANE 280.0 0.980 2.18 1.014 7.56 b
370.0 0.995 0.50 1.023 1.32 1.007 1.45 b
450.0 1.010 0.49 1.021 1.18 b
METHANE + 223.2 0.962 1.63 1.033 16.10 c
N-HEXANE 273.2 0.962 0.59 1.021 10.15 0.981 0.93 c
323.2 0.966 0.47 1.on 5.10 <
373.2 0.966 0.71 1.007 2.85 c
423.3 0.968 2.65 1.004 0.99 c
METHANE + 255.4 0.973 2.59 1.043 15.40 d
N-HEPTANE 310.9 0.976 0.34 1.035 8.25 1.013 0.73 e
377.6 0.978 0.14 1.029 4.60 e
444.3 0.987 0.62 1.029 2.17 e
METHANE + 273.2 0.960 2.21 1.052 8.54 1.004 1.31 f
N-OCTANE 373.2 0.962 1.63 1.045 6.85 f
423.2 0.965 1.50 1.028 1.47 f
METHANE + 310.9 0.968 0.70 1.110 17.92 g
N-DECANE 377.6 0.975 0.68 1.099 11.50 g9
444.3 0.975 0.88 1.078 6.30 1.067 1.39 9
510.9 1.000 2.64 1.084 3.90 g9

(a) Chen, T. C., Chen, R. J. J., Chappelear, P. S. and Kobayashi, R., 1976, J. Chem. Eng. Data, 21, 41;

(b) Berry, V. M, and Sage, B. H,, 1970, NSRDS-NBS 32; (c) Shim, J. and Kohn, J. P,, J. Chem, Eng. Data, 1962,
7, 3; (d) Chang,, H. L., Hurt, L. J. and Kobayashi, R., 1966, AIChE J., 12, 1212; (e) Reamer, H, H,,

Sage, B. H., and Lacey, W. N., 1956, Ind. Eng. Chem. Data Ser., 1, 29; (f) Kohn, J. P, and Bradish, W. P.,
1964, J. Chem. Eng, Data, 9, 5; (g) Reamer, H. H,, Sage, B. H., and Lacey, W. N., 1942, Ind. Eng. Chem., 34,
1526.
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strated in Table 3, where the bubble point pressures for binary mixtures of
low molecular weight alcohols with carbon dioxide, ethane and propane are con-
sidered. There we see that by using mixture Model I (two interaction para-
meters for each binary pair) the accuracy of the corresponding states predic-
tions for these mixtures is equivalent to that obtained for simple hydrocarbon
mixtures., Similarly, in Table 4, we have shown that when using ethanol and
n-octane as the reference fluids, accurate azeotropic compositions and pres-
sures can be obtained for mixtures of alcohols and heavy hydrocarbons,
mixtures not usually treated by corresponding states methods.

In Table 5 are the results for bubble point correlations of low molecular
weight hydrocarbon-aromatic hydrocarbon mixtures using methane and benzene as
the reference fluids and mixing Model IA. There we see that with only one
adjustable parameter (Eij), excellent predictions are obtained for such
systems.

Further, in Figure 1, we show the experimental data for the compositions of
the two coexisting ligquid phases of the n-butane and water system at 511 K, as
well as the predictions using the GCSP with water and n-butane as the refer-
ence fluids, There we see that using mixing Model I (two adjustable para-
meters, njj and £;;) leads to reasonably accurate compositions of both co-
existing 1iquid phases (and, though not shown, the vapor phase as well), even
though the phase compositions differ by several orders of magnitude . A
slight improvement in these predictions could be made by using two different
parameters, one for each of the liquid phases, as suggested by Peng and
Robinson (1979). However, this latter method is not thermodynamically consis-
tent.

The prediction of vapor-liquid-liquid equilibrium in simple hydrocarbon
systems, such as the ternary methane + ethane + n-octane system as measured by
Hottovy, Kohn and Luks (1981) and shown in Fig. 2, is a severe test of any
thermodynamic model because the three phase envelope exists over a range of
only a few degrees Kelvin and several bar. We show, in Fig. 2, that the
predictions which result from the GCSP using the Lee-Kesler reference fluids
and mixing Model 1 (two parameters for each binary) are quite good. However,
the binary parameters used have been fitted to the three phase data, and are
somewhat different than those obtained from the regression of binary vapor-
1iquid equilibrium data.

As a final example of the use of the generalized corresponding states prin-
ciple and the mixing rules we have proposed, we consider the low pressure
vapor-liquid equilibrium for the n-heptane and l-propanol system at 348 K,

We show, in Fig. 3, the experimental x-y data for this system together with
correlations of the data using the UNIQUAC activity coefficient model of
Abrams and Prausnitz (1981) ‘and the GCSP with mixing Model I (two binary para-



TABLE 3

Bubble Point Pressure Correlations of Mixtures of Low Moleculer
Weight Alcohols and Small Nonpolar Molecules Using GCSP

Mixture T Max.P Refl Ref2 Model 1 - Data Ref.
(k)  (BAR) nij £ij AP%

METHANOL + 298 61.3 Co; EtOH 1.090 1.020 1.34 a

Co;

METHANOL + 373 60.8 CoHg EtOH 1.077 1.078 1.46 b

ETHANE 348 60.8 1.095 1.068 1.10 b

ETHANOL + 350 27.6 1.063 1.066 1.93 C

PROPANE

(a) Ohgaki, J. and Katayama, T., 1979, J. Chem, Eng. Data, 21, 53; (b) Ma, Y. H.
and Kohn, J. P,, 1964, J. Chem. Eng. Data, 9, 3; (c) Gomez-Nieto, M. and Thodos,
G., 1978, AIChE J., 24, 672.

TABLE 4

Comparisons of Experimental and Calculated Azeotropic Pressures and
Compositions of Alcohols+Heavy Hydrocarbon Systems
(Data Taken from Gmehling et. al, [1977])

Mixture Expt. Values Model 1|
T P X nij Eij P X
(K) (BAR)
METHANOL + 318 0.840 0.504 0.175 1.028 0.840 0.504
N-HEXANE
N-HEXANE + 298 0.254 0.753 0.100 1.374 0.260 0.742
ETHANOL 318 0.608 0.703 0.100 1.374 0.593 0.707
N-HEPTANE + 348 0.713 0.560 0.225 1.064 0.713 0.560

1-PROPANOL
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TABLE 5

Comparisons of Bubble Point Pressure Correlations of Mixtures
Containing Aromatic Hydrocarbons Using GCSP and Mixing Models IA and Il

Model 1A
Mixture T Max.P Ref1l Ref?2 &ij 4P% Data Ref,
(X) (BAR)
METHANE + 339 137.9 CHg CgHg  1.081  0.930 a
BENZENE 501 145.6 1.000 2.434 b
ETHYLENE + 348 91.2 1.028  4.046 c
BENZENE
ETHANE + 298 38.0 1.022 4,728 d
BENZENE 333 48.3 1.025 3,908 e
393 68.9 1.018  1.102 e
433 82.7 1.013  1.156 e
513 68.9 0.981 0.818 e
PROPANE + 377 41.4 1.012  2.167 f
BENZENE 411 51.7 1.010  0.982 f
‘ 477 58.6 1.000  0.540 f
METHANE + 462 152.0 1.033  1.447 a
TOLUENE 543 115.1 0.991 0.308 a
METHANE + 311 142.7 1.112  2.049 g
1-3-5-TRI- 394 145.9 1.104  1.981 g
METHYLBENZENE 477 141.3 1.092  1.486 g
METHANE + 394 144.8 1.093 4,453 g
M-XYLENE 477 139.1 1.075 1.806 g
541 153.7 1.029 2.684 h

(a) Lin, H. M., Sebastian, H. M., Simnick, J. J. and Chao, K. C., 1979, J. Chem.
Eng., Data, 24, 146; (b) Elbislawi, M. and Spencer, J. R., 1951, Ind. Eng. Chem.,
43, 1811; (c) EVlis, S. R. M., valteris, R. L, and Harris, G. J., 1968, Chem.
Eng. Progr. Sym. Ser., 64, 88; (d) Ohgaki, XK., Sano, F. and xatayama, T., 1976,
J. Chem. Eng. Data, 21, 55; (e) Kay, W. B. and Nevens, T. 0., 1952, Chem. Eng.
Progr. Sym. Ser., 48, 108; (f) Glanville, J. W., Sage, B. H. and Lacey, W. N.,
1950, Ind. Eng. Chem., 42, 508; (g) Robinson, 0. and Coworkers, 1982, unpub-
lished data as reported in H. Knapp et al, "Vapor-Liquid Equilibrium Qata
Collection", published by OECHEMA, Frankfurt, Germany; (h) Simnick, J. J.,
Sebastian, H. M., Lin, H. M. and Chao, K. C., 1451, Fluid Phase Equil., 3, 1,
979,
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meters). While we do not want to dwell on this result, it is interesting to
note that with appropriately chosen reference fluids and mixing rules, the
GCSP leads to predictions about as accurate as those obtained with the best
fitting two-parameter activity coefficient model for this system.

CONCLUSIONS

In this communication we have suggested a three-parameter Generalized
Corresponding States Principle that allows choice of the reference fluids, and
also a set of mixing rules, which leads to accurate phase equilibrium calcu-
lations. Most importantly, this single method results in accurate predictions
for mixtures containing paraffinic hydrocarbons, aromatic hydrocarbons, alco-
hols, large and small molecules, and water over a large range of pressures and
temperatures. While there is much room for further work on the generalized
corresponding states principle, the studies already completed establish its
accuracy and utility for systems not heretofore treated by the method of cor-
responding states.

A computer program for phase equilibrium predictions using the Generalized
Corresponding States Principle and the mixing models discussed here is avail-
able from the authors.
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Simple Method for the Calculation of Heat Capacities of Liquid

Mixtures

Amyn S. Teja

School of Chemizal Engineering, Georgia Institne of Technology, Atlanta, Georgia 30332

A simple method based on the corresponding state
principie Is proposed for the calculation of the heat
capachies of liquid mixtures. The method requires s
knowledge of the hea! capacliies of iwo pure liquids as &
function of itemperature. For the 16 binary liquid mirxtures
studied In this work, average absolute deviations (AADs)
between experimental and calculated heat capachies
were found to be 3.03% when only the pure-component
heat capaclies were used In the calculations and 1.44%
when binary dats at s single temperature were used. The
method is simple to use and can sasily be generalized fo
multicomponent mixtures.

The haat capaclity of fiquids and iquikd mixtures is important
in many heal-transfer calculations (appearing. for sxample, In
the Prandti-number and in enthalpy expressions). ARhough
there are 8 number of heat capachies In common use, the heat

capacity at constant presswre C, is of greatest interest in
heat-transfer work. The heat capachy of the saturated liquid
Cu I8 850 Of interest, but the ditference betwesn C, and C
is usually negligible.

There are 8 number of estimation mathods for the heat ca-
pacities of pure liquids (7). Howsver, very few specific corre-
lations have been suggested for mixtiures. Normally, the use
of an arithmetic mole or weight fraction average of the pure-
component values s recommended (1) athough this neglects
any contrbution due 10 the temperature variabon of the enthalpy
of mixing. Thus

Com ™ w, Gy + wyl,, 4]

Com ™= 2,C,y + x,C,, . {2)

Recently, Jamieson and Cartwright (2) assessed the eHective-

0021-9568/83/1728-0083801.50/0 € 1983 American Chemical Society



ness of eq 1 and 2 using data for both aqueous and nona-
queous mixtures and concluded that, although the squations
were moderalely successful in predicting heat capachies of
iquid mixtures, improvernents were required 1o meet the high-
or-accuracy needs of industry. They thersfore proposed the
following equations for nonagueous Mixtures

Com = (wiCpy+ wiC, X1 +a+ f) 0)

where
a = (0.00141|AH, - AH P - 0.08)w,w, )
B8 = (5 X 105 AH, - AH,| sin (360w,) 5

and for aguecus mixtures, they proposed
C,,,, bd (ch’| + W:C,:x‘ + DW‘W’) (6)

where AHis the enthalpy of vaporization at the boling point and
D is a constant which was optimized for each system.

Jamieson and Cartwright (2) found that for 215 nonaqueous
mixhres and a total of 1083 data points, eq 1 gave a maximum
error of 12.5%, whereas the use of eq 3 reduced this maxi-
mum t0 9.1%, with 5% of values lying within £5%. For 52
aqueous systems and a total of 503 points, eq 1 gave a max-
Imum error of 16.9%, whereas the use of eq 6 reduced this
maximum 10 10.2%, with 85% of values lying within £7%.

We have recently proposed a generalized corresponding
state principie (GCSP) for the thermodynamic (3) and transport
(4, 5) properties of iquids and fiquid mixtures. The applications
of the method 10 heat capacities al constant pressure are
shown below. It is also shown that, under certain assumptions,
the GCSP reduces 10 a simple mole fraction average of the
hea® capacities of the pure components at the same reduced
temperature .

Generallzed Corresponding State Principle for Heat
Capactities

A generalized corresponding state principle (GCSP) for
thermodynamic and transport properties has recently been
proposed (3-5). According to the GSCP, a reduced property
X of any pure fluid (with critical constants T, P, V. molecular
weight M, and acentric factor w) can be obtained from the
known properties of two referencs fiuids (denoted by super-
scripts r1 and r2) at the same reduced temperature and pres-
sure as follows:

@ =™
o - Y

where X is a property such as compressbbility, reducad vis-
cosity, or reduced thermal conductivity, We may write an
analogous expression for the dimensionless residual heat ca-
paclty as foliows:

C,—C,' C,-C,' " .
('T) = (—n— +
@=-o"" c-6" G-6"Y"
Y L R - R ®

The two reference fluids r1 and r2 are chosen so that they are
similar to the pure fiuid of interes! or, in the case of mixtures,
to the key components of interest. 11 r1 is a simple fluid of zero
acantric factor, then eq 8 reduces to the equation proposed by
Lee and Kesler (6). Equation 8 states thal, given the residual
heat capachies of two reference fluids as functions of T, and
Pga (or V), we may pradict the residual heat capacities of any
{similar) fiuid of interest as a function of Ty and P, (or V).

Equation 8 may be extended to mixtures using, for example,
a one-fiuid mode! to replace T, V.. M, and w of a pure fhid

X=X 4 (X2 - x:“i )

by the pseugocritical properties T, Vo, M, and w,, of a
hypothetical squivaient substance as follows:

{ TonVem™ F‘_l_);‘_x;,r,,v,, ®)
Ven = Zl;x,r,v,, (10)

M, = },"'_x, M, (11)

W = T xw, (12)

There is some theoretical justification (7) for using the van der
Waals one-fiuid model (eq 9 and 10) for mixtures of nonpolar
molecules which do not differ greatly in their sizes. Equation
11, on the other hand, arises naturally from a mass balance.
However, #q 12 is completely arbitrary—its only justification
being the success with which &t has been apphed in our previous
studies.

The one-fiuid mode! can be used to obtain the properties of
mixtures provided values can be assigned 1o the cross-param-
eters T, and V, when / # /. Various mixing rules have been
tried in this study including a geometric mean rule for T, and
an arithmetic mean rule for V. However, there was kttle
irhprovemnent over the mixing rules used in our previous studies,
viz.

TV ™ E,(T,,V‘,,T,l.',v‘.‘,)"2 (13)
Va = MV + Vo' (14)

and results for these rules are reported below. Ineq 13, §,is
a binary interaction coetficient which must be calculated from
experimental data. An advantage of using appropriate refer-
ence fluids is that a single value of the binary interaction
coefficient is often sufficient to characterize each binary mix-
ture. Its value refiects, In part, our inability to represent in-
termolecular forces by means of eq 8-14.

For the spacial case when the two pure components of a
binary mixture are used as the reference fiuids, use of eq 12
leads to the simplification

Com=Com’ - Cor-Cpy* + C2-G,2*
R s R xa2 A

(15
and, since C,,.* = x,C,,* + x,C,,°, we may write
Com=x,C)y + x,C,, (16)

The difference between eq 2 and eq 16 is that, by convention,
eq 2 refers 1o heat capacities at the same temperature
whereas the derivation of eq 16 requires that the heat capac-
Ries be evaluated at the reduced temperature and pressure of
the mixture. Since pressure has littie effect on the heat ca-
pactties of iquids, we may write eq 16 as

ComlTal = x,C,4[Ta] + x,C,,[Th] (17)
Predictions using eq 17 are shown below. If should be added

that, in the general case, the heat capacities are functions of
both T. and P“.

Reference-Fluld Calcuiations
The heat capacities of the pure-component reference fluids
were correlated by means of the relationship
n(C,/R)=A-B/T, (18)
where A and B are constants and pressure effects have been
neglected. The choice of the reference equation is arbitrary,

Other, more accurate and/or more complex expressions could
equally have been used (a four-constant polynomial in T, was
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Jable . Constants of Eq 18 for the Reference
Fluids for Each System

no. system A, B, A, B,

1 (CH,),00 +CS, 3.1506 02438 25450 0.1616
2 (CH,),CO + CHCL,  3.1506 0.2438 2.9470 0.1830
3 C,H, +CCl, 3.6107 0.4400 3.2316 0.2637
4 CH, +cCH,, 4.465] 1.1085 4.6450 1.0824
5 C,H, + CH,CICH,Cl  3.3498 0.298S 3.1038 0.1906
6 C,H, +CH,CH, =~ 3.6760 0.4770 3.5225 0.3094
7 CCl, + CHC 3.0826 0.1826 3.1808 0.3008
8 ¢C,H,, +C,HOOH 37769 0.4568 4.0193 0.8259
9 aC,H, +C,HOH  3.8983 0.3336 3.9368 0.7733
10 ¢C,H, CH, + C,H OH 3.5910 0.2553 3.2197 0.3583
11 C,H,CH, +C,H,0H 36152 0.3425 4.2453 0.9565
12 nC,H,, +i<C,H,OH  3.5353 0.1375 3.6269 0.4278
13 aC.H,, + C,H, 3.6524 0.4241 45219 1.5152
14 CH,OH + H,0 2.8410 0.3315 21492 ~0.0258
15 nC,H,OH + H,0 3.6893 0.4673 2.1473 —0.0268
16 (CH,OH), + H,0 3.5212 0.2988 2.2178  0.0065

Tabie 1. Summary of Results

AAD, &
no. of —_—
system datz £ =

n0f points temprange, K §,,=1.0 fopy fopt
1 18 293.2-313.2 2.17 0.45 0.781

2 24 293.2-323.2 248 0.58 0.737

3 25 293.2-333.2 0.98 0.85 0.958

4 9 453.2-473.2 042 0.05 1.019

) 36 293.2-343.2 0.57 0.56 1.007

6 3s 293.2-333.2 0.78 0.62 0.976

7 20 293.2-323.2 0.66 0.46 1.046

8 30 303.2-343.2 5.06 2.63 0.801

9 36 293.2-3432 3.53 2.09 0.836
10 kLS 223.2-303.2 2.38 1.43 0.88¢6
11 37 303.2-346.2 8.4 2.27 0.711
12 35 205.4-304.7 3.10 1.64 0.83%
13 18 294.2-327.2 3.06 0.79 0.911
14 9 275.7-313.2 5.78 373 0.625
15 9 275.7-313.2 9.73 6.33 0413
16 9 293.2-351.5 1.35 1.25 0.920

385 303 1.44
® The sysiem no. corresponds to that used in Table 1.

also used but did not yiekd significantly better resutts). The
choice of the reference substances ks also arbltrary. However,
the use of the simple relationship given by eq 17 requires that
the two pure components be used as the reference substances
for each binary mixture. Constants A and B for various ref-
erance substances are given in Table ] and are applicable in
the tempearatre range given in Table 11. In the general case,
the actua! heat capachies of the referance fluids at the same
reduced conditions may be used. The data were taken from
the compilation of Jamieson and Cartwright (2).

It shoukd be added that eq B coes not require that the pure
components be usad as the reference substances. In fact, the
expression may be used to predict the (unknown) heat capac-
Ries of the pure components given the (known) haat capacites
of two (similar) fluids at the same raeduced conditions.

Results

Sixteen binary systems and a tota! of 385 data poirts were
examined using eq 17. Only those systems where a single
investigator had measured the heat capacltes at three or more
ditferent temperatures were salected for study. The systerms
Inctged nonpolar mixtures, mixtres contahing polar molecules,
and aqueous mixtures. The results are shown in Table 1], The
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experimental data used in the comparisons were tzken from
the compliation of Jamieson and Cartwright. Table 11 shows
averape absolute deviations betwesn experimental and caicu-
flated haat capacities both with the binary interaction coefficient
£,z sot equal to 1.0 (Le., using pure~component data only) and
with the binary interaction coefiicient optimized by using the
binary mixture data at the lowest temperature. To a good
spproximation, £, was found to be independent of temperature
and composition. Thus, the use of the same value of ¢,, over
a 100 °C range of temperature in some cases did not lead 1o
any significant decrease in accuracy of the predictions. The
average absohts deviation between taiculation and experiment
was found 10 be 3.03% with all {,, = 1.0. The average de-
viations coukd be reduced to 1.44 % I a single binary interaction
coefficien (independent of temperature and composhion) was
included in the calculations. As expecied, the method works
best tor nonpolar mixtures and is lsast accuwrate for aqueous
mixtures. The larger than average deviations for aqueous
systemns are in part due to the inadequacy of the reference-fud
equation (eq 18) for water and in part due to the fact that water
is strongly associated in solution. Nevertheless, the method
compares favorably with avalable methods for afl systems. An
additional advantage is that eq 17 can easily be generalized to
mutticomponent systems and requires, at most, only binary
intormation at a single ternperature for the prediction of heat
capacities of multicomponent mixtures.

Glossary
A, B reference-fivid-equation constants
C heat capacity

D constant in eq 6

M enthalpy

M molecular weight

R gas constant

T temperature ‘
1’4 molar voiume

w weight fraction

x moie fraction

Greek Letters

a, B constants in eq 3

w acentric factor

¢ binary interaction coefficient
Subscripts

c critical value

1, ] component /, /

m mixture value

p constant pressure

R recduced vaiue, 0.5.. Tq = T/T,

Lisrature Clted
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A Method for the Calculation of Gas—LIquld Crltlcal Temperatures
and Pressures of Multicomponent Mixtures

Amyn S. Teja,® Kul B. Garg, and Richard L. Smith
School of Chemical Engineering, Georgls Instituie of Technology, Atlanta, Georgla 30332

The critical properties of 75 binary systems have been correlated by use of a modified two-parameter Wiison

equation. The great advantage of using the Wilson equation Is that its generalization to

systemns

is straightforward and requires binary parameters only. Extensive tables of binary parameters are given in this
work. Comparisons between experimental and predicted critical properties for 81 mutticomponent systems are
shown. The new method is accurate, It is simple to use, and It requires considerably less computational etffort
than rigorous methods which solve the equations for the Gibbs criteria at the critical point.

A knowledge of the gas-liquid critical states of mixtures
is of great practical importance, especially in hydrocarbon
processing applications. Many hydrocarbon processing
operations take place at high pressures and involve re-
trograde phenomena which are characteristic of the be-
havior of mixtures in the critical region. In addition, phase
equilibrium calculations and fluid property predictions are
difficult to make in the critical region. It is therefore often
necessary to locate the critical point of a multicomponent
system prior to carrying out other calculations in this re-
gion.

Attemptas to predict critical properties have relied pri-
marily on two approaches: (i) empirical methods involving
the use of excess properties (Etter and Kay, 1961) or fitted
correction factors (Chueh and Prausnitz, 1967); (ii) rigorous
methods involving the solution of Gibbs criteria for the
critical point in a mixture. These latter methods have used
either equations of state (Peng and Robinson, 1977;
Heidemann and Khalil, 1980; Michelsen, 1980) or the
Corresponding States Principle (Teja and Rowlinson, 1973)
to obtain the Gibbs energy and ita derivatives requlred in
the calculations.

Although the second approach is preferable to the first
because of ita basis in thermodynamics, the rigorous
methods do not always lead to a solution and they may
sometimes require a large amount of computing time. This
is likely to prove disadvantageous in some simulation
calculstions. Moreover, methods which use simple equa-
tions of state do not predict all critical properties accu-

rately, with the predicted critical volume showing the '

greatest deviations.

| 0196-4305/83/1122-0872801.50/0 © 1983 American Chemical Society - ot
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The method reported in this paper makes use of the -
concept of an excese critical property introduced by Etter
and Kay in 1961. Etter and Kay demonstrated that this
concept is useful in studying the effect of shape, size, and
the chemical nature of the components on the critical
properties of mixtures. They also obtained correlations
for the excess critical properties for various classes of
mixtures. We have chosen to fit a modified Wilson (1964)
equation to sets of binary critical data obtained from the
literature. The great attraction of the method is that it
can very easily be extended to multicomponent mixtures
using parameters obtained from the binary pairs only. No
ternary or higher mixture data are required in the caleu-
lations. Moreover, once the binary parameters have been

- evaluated, the prediction of multicomponent critical

properties requires no iterations. There is therefore a
considerable saving in computation time. A possible
further advantage is that the method may prove amenable
to a group contribution approach (analogous to the use of
ASOG or UNIFAC to obtain exceas Gibbe energies). This
would result in & powerful technique for the prediction of
critical states from data on a limited number of binary
mixtures.

The Modified Wilson Eqnatlon for Exeen Critical
Properties

Etter and Kay (1961) defined an excess critical propa'ty'.

‘l-¢ ¢‘ _‘:. ¢"’._A. R (l)‘
when‘h T PorV, O,Etbecnucd property ofthc



Table 1. Coefficients for the Prediction of Critical Temperatures (K)

1T

component 1 2 3 4 b 6 ] 8 9 10 11 12 13 14 16 16 . 17 . 18
1. methane® - 1.521 1517 1.108 1735 0.1691 1.063 05385 - - - 03343 1.288 1656 1.251 1422 1.068 , 0.6311
2. ethane® .’ 0.6691 - 08899 1.148 1145 0.9895 1.505 03215 1.193 1.327 - . 1360 - . 1621 0.8666 -”,; - 1240
S.propane _ ' . 0.5401 1104 ~ - 1040 1.226 1.325 .1.500 - 188 - "' - 04932 1.739 04405 <V . 1"10317
4.n-butane "' . 0.8048 0.8372 0.9541 1.165 1.264 1.330 - - -, = 1L 1450 04740 - ST J Y1572
6. n-pentane [0,3653 0.8176 0.7836 0.8442 -  1.260 1.206 - - 1133 1263 1351 - - 2436 - <7 v b4
6. n-hexane . .. 2071 09353 0.6899 0.7647 0.7676 -  1.066 - - 1.445 1081 '1.089 - . =..01012 - ta ol
7. n-heptane - . 0.7329 0.5173 0.5608 0.6971 0.8054 09336 -  0.5211 - 1.418 - 08599 - 7 -7 01370 - ‘-7t t.
8. ethylene 1.600 1.459 - - - - 1493 - 1336 05703 - - - 1428 - - Y e .
9. propene’ ' - . 0.8197 - - - - - 0.7008 - - y - T - - 'via e
10. benzene ¢ ‘e " 0.7637 0.3856 -  0.8829 0.8456 oeszo 1501 - - 09107 1.118 .- - - - e e
11. toluene ‘' °F - - -« = 07779 0.9225 - 1.089 - 1.309 - .= - - el
12. cyclohexane - 2560 06331 - ' - 06949 0.9161 1151 - - 0.8945 07342 - ' -  0.7616 - - - - -
13. carbon monoxide 074651 -  1.629 - - - - - - - - - - 09683 0.8088 076338 - .
14. carbon dioxide 0.4980 0.5430 0.4643 0.6156 0.2436 - - 06576 - - - 1am - - - 1664 - 1,198
16. nitrogen 0.7736 1.093 1638 1492 - 2293 2040 - - - - - 1033 - -~ 0.8526 2062 . -
16. oxygen ‘"' 0.6533 - - - - - - - - - - - 1212 0.4903 1.159 - 09672 -
17. argon ' 0.9302 - - - - - - - - - - - 1270 - 0.3135 1.034 - * -
18 hydmnnmdo 1.600 0.8009 0.5113 0.6661 0.5303 - - - - - - - - 08344 - - - .-
® Note that for the methane (1) + ethane (2) system A, = 0.5691, A, = 1.621. . : : £

S R S ; 5 X sInst

= O ’ R \ 0" LY P

o} ,_.‘,.”'.‘ -'f. - .t - Y R -—;

REARD ) - N X - :

Table Il. Coefficients for the Prediction of Critical Pressures (bar) . * :

component 1 2 3 4 ] [ 7 8 . 9 10 11 12 13 14 16 16 17 18
1. methane - 1.429 1893 2069 2391 2698 2771 0.4858 - 26356 1312 1130 1.18° - - 1.326
2. ethane 0.6192 - 1039 1490 1558 1.800 19561 0.7836 1291 04974 - 1760 - -  0.4688 -~ - 1144
3. propane 0.3438 09523 - 1.200 1.338 1.498 1630 - 1439 - - 01002 1564 00912 - - 1.693
4.n-butane 0.2350 0.5909 0.8145 -  0.9129 1.263 1.387 - - - - - 0.6412 o.éssa .= = 1694
6. n-pentane 0.1174 05370 0.7026 1.089 - - 08161 - - - - - - 0562 - - = 06770
6. n-hexane 0.03472 0.3978 0.5888 07629 - = - “1.150 - - 1239 0.83568 1159 - - 003451 - - -
7. n-heptane ° o.ésvs 0.3228 0.5050 0.6682 1.199 0.8596 - 0.2766 - 1.296 - 1199 - - o.éozl - - e
. . -2 . . ‘. . L. . - .V ) " . .5 R —.'y.
8. ethylene . - . 1632 -1239 - - - - 2034 - 1848 1601 - - - 1091 .- PO
O.propene F ' | . e «e 07418 - - - T - 0.6982 - - - - - - -
10. benzene . ... "«*7 .1,580 05889 - - 07889 07468 0.4848 - - 09602 1.042 - - ‘-
11. toluene - - - - - 1.176 - - - 1040 - - - - -
12. cyclohexane o.rgrlee 0.4051 - - 0.8631 0.8203 - " - 09601 - - - 02415 -

5 -

13. carbon monoxide 0.7203 - 2408 - - - - - - - - - - -
14. carbon dioxide  0.8400 - 05506 1402 1507 - - 09185 - - - 02068 - - -
15. nitrogen 0.8146 1.598 2343 2688 - 2318 2233 - - - - - - - -
16. oxygen - - - - - - - - - - - - - - 0.8409
17. argon - - - - - - - - - - - - - - -
18. hydrogensulfide 0.6330 0.8741 0.5623 0.4884 1.361 - - - - - - - 1528 -

£ 74 ]



Table IT1. Predicted and Experimental Critical Temperatures and Pressures, Multicomponent Systems

'l'l‘l‘: mole fraction TJ/K P./MPa
no. source C, C, C, nC, nC, nC, nC, co, N, H;S expti caled % dev expt] caled % dev
1 j 0690 0.076 0.235 . 310.93 308.24 -0.87 12.583 12.34 -1.94
2 ] 0668 0.115 0.219 310.93 310.76 -0.55 12.238 11.88 ~3.18
3 J 0630 0.185 0.1856 31093 313.44 0.81 11.307 11.05 -2.30
4 J 0.587 0.278 0.136 31093 315.95 1.61 10.239 10.06 ~-1.78
5 e 0.3276 0.3398 0.3326 428.83 429.19 0.084 4.188 3.99 ~4.69
6 e 0.3414 0.3421 0.3165 397.17 401.71 1.14 5.602 5.72 2.16
7 e 0.2542 0.2547 0.2564 0.2357 40589 40800 0562 5.113 499 . -~-234
8 ¢, 02019 02029 0.2033 0.2038 0.1881 387.06 385.48 -041 . 7.220 681 . -5.63
9 e @ . - 0.6449 02359 0.1192 450.22 449.69 -0.12 3880 : b , -
10 e : : 0.4858 0.3316 0.1213 0.0613 . 417.94 418.19 " 0061 . 4508... b~ - -
11, 1. 0.3977 0.2926 0.1997 00713 00369 : 385.44 387.79 061 5.624 = b . -
12 '§ | 0.7268 0.171 0.103 38592 38501~ -0.23 7.608 ° 7.34 - -3.48
13 | 0.514 0.412 0.074 400.37 400.85 0.12 ’ 6.400 8.26  ~2.44-*
14 | 0.801 0.064 0.1356 391,48 390.31 -030... 8101 7569 - -6.36
16 | 0612 0.27 0.117 42148 42113 _~0.084 ' 7.168 8.27 ~12.33
16 | 0615 : 0.296 0.089 . 41592 41582° = -0.024 7.060 6.31 ° -10.66",
17 & 0418 0.542 0.043 322.03 32368 0.51 8674 7.96 -8.21
18 § 0.360 0.548 0.095 322,03 32238 0.11 9.204 8.38 -8.92
19 04530 0.50056 0.04605 313.70 317.64 1.22 9.232 8.32 ~9.85
20 . 04115 0.5030 0.0855 313.70 316.50 089 9797 863 ~11.91
21 0.6168 0.137¢ 0.0728 0.1730 423,16 42053 ~0.62 7.412 6.80 -8.32
22 § 04345 00835 04320 0.0490 313.70 310.64 -1.01 8.963 1.96 -11.17
23 § 09100 0.0560 00012 0.0330 199.26 200.46 0.60 6.341 6.33 -0.22
24 § 0070 0.618 0.314 310.92 28543 ~8.20 8.274 7.91 -4.40
25 § 09590 0.0260 0.0001 0.0150 193.87 195.20° 0.6863 4.932 494 ' 01978
26 i 09500 00260 00078 0.0160 196.53 19894 - 1.23 5.180 6.31 % 2.52 . -
271 09450 00260 00081 0.00562 . 0.0160 199.54 200.35 0.41 56.456 6.63 .~ 3.19 ..
28 {§ 07087 00669 0.0413 0.0508 0.13568 30842 31828 3.22 13.700 13.38 . > -2.24
29 d 0193 0470 0.337 354.26 345.96 ~2.34 7.639 , 7.64 Y 0.047 .
30 d4 0.39 0.354 0.265 331.48 318.62 ~3.82 9.721 9.47°_ -2.68 "
a1 d 0.007 0.879 0.114 324.64 32575 0.37 5.481 8.60 -' 2137
32 d 0.040 0.821 0.139 323.71 326.99 101 5.792 5.94 2863
a3 0.429 0.373 0.198 438,18 437.02 -0.26 6.61 8.39 ~3.94
34 { 06628 01093 01087 0.0616 0.0808 310.63 278561 ~-10.3 13.76 - | 2 -
35 ¢ 01016 03573 0.2629 0.1794 0.0657 0.0332 376.42 365.13 ~-3.0 6.54 b -
36k 0.4988 . 0.0987 . 0.4023 256.10 236.62 ~7.61 11.03 11.13 0.90
37 e 0652 0.0298 - 0.0118 0.300 0.0030 0.0035 32000 319.14¢ -0.27 12.39 12.70° 2.64
38 t+ 0316 0.388 0.223 0.043 0.008 0.022 313.70 309.86°¢ -1.22 7.88. 1.271° -~1.30
39 ¢ ’ 0.706 0.069 0.226 - 421,99 42050, ~0.35 _ 862 8.24 ~-4.40
40 g - 0.0368 0.173 0.191 - 421.99 " 418.43 ~0.84 808 1762 ~5.47 °
4 g - 0.544 0.293 0.163 421.99 42010 -0.45 7.42 8.94 -6.45
. 42 g 0.474 ) 0.390 0.136 ) © -421.99 41989  -050 . 686 643  -6.28
T 43, £ - 0.356 ._ 0.547 -~ 0.097 , 421,99 420.79 -0.28 , 6.0 566 _ 6447
.44 g™ s o6 - - 0.077 0.298 , 4977 44368  -135.7 8324 , 793 -0 -373 .
i 46 g7 7 0.669 0.169 . 0.272 K " 449.77 44307 ~-149 * 199 7.40 ~ -6.17°'" -
468 g | 0.466 0.290 ~ 0.244 449.77 44388 ° -133°, 736 .. 68.72 '.0'55""Y
AR B N 0.360 0.448 - : 0.192 44577 44050 . -1.18. 668 . 697 "-1027"
48 o .- 0.760 0.038 0.212 : ’ 366.44 368.18 0.47 . 6.72 6.5 - -288
49 77 - . 0.739 0.070 0.191 Y 368.44 367.89 0.34 6.62 6.44 ~2.71
g0 o 0.723 0.112 0.185 366.44 36748 0.28 6.38 632 -0.86
81 0.692 0.188 0.120 366.44 367.66 0.33 6.12 6.18 0.37

SE6L 'V 'ON 'TT "IOA “AQ "98Q $3800.4g 'WeyD Bu3 ‘pul 929
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¢ is therefore a molecular interaction quantity equal to

the difference between the actual and ideal values and is

called an excess property by analogy with excess thermo-

dynamic functions. However, it should be added that all

' . quantities in eq 1 are not evaluated at the same temper-

' ‘ ature and pressure, unlike the properties in the definitions
: of excess thermodynamic functions.

We have used a modified form of the Wilson (1964)
squation to fit binary excess critical temperature and ex-
ceas critical pressure data obtained from the literature. No
attempt was made to fit excess critical volume data, partly
boenuseoft.he;wcxtyo{;uchdau mdpa.rﬂybecauuthe :
assumption V.E =~ O appears to fit the available experi-
mental data to ‘sufficient accuracy for practical calculations.

. .

! Peng and Robinson (1977). / Riga et al. (1959). :

“' = -C [31 ln (Sl + An.!z) + Xq ln (Sz + Ag]xl)] (‘) !

_ T The constant C was arbitrarily set equal to 2500 for both -
: : the excess critical temperature and the excess critical
pressure correlation. This was to ensure that amall positive

values of A;'s would be obtained. .

Results and Conclusions

§ Equation 4 was fitted to excess critical temperature and
‘ . o e pressure data for 75 binary systems, using nonlinear
T L Jeast-squares techniques and minimizing the relative de-
: ; viations between calculated and experimental data pointa.

' No attempt was made to weight the data.
.o The coefficients for the excess critical temperature are
‘ shown in Table I and for the excess critical pressure in

Co Table IL Although botb tables are far from compiete,
there are enough coefficienta to provide an estimate of the
critical states of multicomponent mixtures found in many
hydrocarbon processing operations.

Data for the 75 binary systems correlated in this study
were obtained from the compilation of Hicks and Young
(1975). The overall average deviation between experi-
mental and calculated critical teroperatures was found to
\ ~ be 0.29% and between experimental and calculated

- pressures 1.01%. This compares with overall average

7. deviations of 0.51% and 3.37% for the Chueh and
s Prausnitz (1967) method for those mixtures for which
v parameters have been tabulated by Chueh and Prausnitz.
L _ 1n general, the new method was found to be comparable

T “... ... . forthe prediction of critical temperatures with the meth-
e o ods of Chueh and Prausnitz and Grieves and Thodos

I v (1962). However, the new method is significantly better
P B for the prediction of critical pressures.

Wt Ty, " Table III shows comparisons between experimental and
TR ' predicted critical pressures and temperatures for 61
AT multicomponent mixztures. Only the binary constants
SN et (A,'s) were required in the calculations using eq 3. The

e Co method gives good predictions of both the critical tem-
peratures and pressures for the systems studied.

R R D I Conclusions .

T A modified Wilson equauon has been used successfully
S, S to correlate and predict the excess critical temperature and
R UL B (R : pressure data of a large number of multicomponent ays-
TR PR N tems. The method requires two parameters per binary pair

-N,,N,-C, coelficients neglected due to lack of data, ¥ Cots lnd

h

v

w0~ ™~
:$§$EE§§§§ The mod#ﬁed Wilson equation for an excess critical
28288999KY property ¢ m:yb"“‘“n"

- -"C In (x; + X; 3
s8naNaasde ¥ _
RS OINNNDR W= Forlbimryly:temthnroducuto
MmN ewewwNgy .

* -

®

[

z

€C

due to lnl of data. '® Insufficient data for evalustion.
f Mehra and Thodos (1963). ¢ Mehra and Thodos (1968).

.0.0074 ©
{ficients neglected

661
682
6456
604
460
430
366
298
027

: 0.2156

.

tter and Kay (1961).

. o~ 0
0

0
.0
0

1)

-0

B

T
0.9430 . 0
‘ -cp coe

[ 4

[ 4

4

4

4

4

4

R 1
- ] R

4
¢ CO,-N,, N,

Thodoa (1962).
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THE CALCULATION OF CRITICAL POINTS OF FLUID MIXTURES-EFFECT OF IMPROVED PURE
COMPONENT CRITICAL POINT REPRESENTATION

A. S. TEJA,' R. L. SMITH,! and S. I. SANDLER?

]Schoo1 of Chemical Engineering, Georgia Institute of Technology, Atlanta
Georgia 30332

2Department of Chemical Engineering, University of Delaware, Newark,
Delaware 19711

ABSTRACT

The poor representation of mixture critical volumes by cubic equations of
state is well known and has been widely attributed to the fact that the pure
component critical compressibility calculated from the equation of state (desig-
nated as ;ci) is, in general, not equal to the experimental critical compressi-
bility (designated as Zi?pt) of most fluids. This work examines the behavior of

two and three-constant cubic equations of state in the critical region and demon-
expt
ci

accurate prediction of mixture critical points. The improvement in the pure

strates that simply setting Lei equal to Z does not necessarily lead to more
component critical point representation creates the necessity for an additional
mixing rule which is not inherent in the usual mixing rules for the equation of
state constants.

The critical region behavior of two cubic equations of state was studied in
this work. These equations, namely the Peng-Robinson and the Teja-Patel, were
chosen as representative of two and three-constant equations of state.

SIMPLE EQUATIONS OF STATE

The Teja-Patel (1982) equation is a three-constant cubic equation that accu-
rately accurately predicts the saturation density of a variety of fluids includ-
ing paraffinic and aromatic hydrocarbons, water and alcohols. It offers more
flexibility than the Peng-Robinson (1976) and Redlich-Kwong-Soave (1972) equa-
tions for thermodynamic property and phase equilibrium calculations and we have
therefore examined the ability of this equation to correlate the behavior of
binary systems in the critical region.

The Teja-Patel (TP) equation is given by:
P = Y05 - TV (1)

0378.3812/83/$03.00 © 1983 Elsevier Science Publishers B.V.
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where
afT1] = a[TR]jaR-T&/PC _ (2)
b = :bRTc/Pc (3)
¢ = RT /P (4)
N = Y
alTl = (0 +FO1 - TH)) (5)
and :a’ :b’ Qc are constants for a given substance and depend on the value of

PCVC/RTc (=;c) implied by the equation of state. F is a constant which is cal-
culated from the vapor pressure curve of the substance. At the critical point:

. PV
Py Y EH AT cc. .
(), =0 (57), = 05 anogft - < - (&)

The TP equation treats Se as a parameter which is obtained by fitting the
saturated liquid densities of each pure substance. We denote the equation with
Sed optimized in this manner as TP1. In general, the prediction of good liquid
densities requires that :

>

; be greater than ZE?Dt by approximately 10%. This is
due to the asymmetric nature of the phase envelope near the pure component cri-
tical points and requires a nonanalytic equation for accurate representation
(Levelt Sengers, 1976). It should be noted here that when Ge is set equal to
0.3074 and ¢ is set equal to b in the Teja-Patel equation, the Peng-Robinson
{or PR) equation results.

Since the values of Zei required to fit liquid densities are, in general,
greater than the experimental values of Zeq at the critical point (Patel, 1982,
Soave, 1972), an obvious modification of the TP1 equation for calculations in

the critical region is to let:

ei ZE?pt (7)
for each pure component considered. We denote this modification of the TP equa-
tion as TP2. The modification was suggested by Martin (1967) for improved cri-
tical region behavior. However, in this case, all the constraints of equation
(6) are valid only if the equation of states has three or more constants. Such
equations can be made to fit the critical points of the pure fluids exactly.
Two-constant cubic equations such as that of Peng-Robinson (1976) imply a fixed
value of the critical compressibility for all substances and cannot be made to
fit the critical point exactly for substances whose experimental critical com-
pressibilities do not equal that universal value.

The TP and PR equations may be extended to mixtures using the mixing rules
(Patel 1982):
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where the cross-interaction term is calculated using

a.. = g..(a..a..)é (5)
1] 111 7]

and gij is an adjustable parameter that is best evaluated from experimental

data on the binary system.

Equations (8-9) are equivalent to those given by van der Waals for the param-
eters a and b in his equation of state. However, because of the temperature
dependence of parameter a, these mixing rules are more complex than the original
val der Waals one-fluid mixing rules. HMore importantly, the van der Waals a and
b are functions of Tc and Pc only, whereas the TP constants are functions of TC,
P, Zeo and F. This point becomes obvious if the mixing rules given by equation

o

(8) are rewritten in terms of the pseudocritical parameters Tcm’ Pcm’ em? and

Fm‘ The following mixture rules are then obtained:

RZTZ Tq
2.0 ] cm T z z _cii T
a~=cm af , Fl= & & ] 55— 3l s F] (10)
Pcm TZ; 1 J aa ¥ a N c1J Tcij
RT z: RT ..
. cm _ T, cii
b[ cm] P = i X, [‘vci] cii (]])
RT ..
cm - z aT, cii
Qc[ccm:| F j xi“c[“ci] Pcii (12)

where the square brackets indicate functional dependence. It is clear that the
mixing rules are only sufficient for three out of the four pseudocritical prop-
erties Tcm’ Pcm’ Zem® and F_. Note that the Peng-Robinson mixing rules may also
also be written in pseudocritical form:

ra 3

i) m K T_ 1 =
ha[0.3074] J[T B ‘m]
Z E [ 2TCZZ‘IJ ]
3T X x 0.3074] [ s Wi (13)
PC1J TC1J +J
-2 x.2, [0.3074] h (14)
cm ot Pcm
RT RT
& [0.3074] =< = Z 0 [0.3074] =<1 (15)
c Pcm 1 ic Pcm
Since i = beq © 0.3074, this yields constant values of . a’ ‘b’ and ic, leading

to:



RTem .1 RTSig T
J[T_ » Jm] = 2 2 x‘ixj P .. G-[T'— ’ w‘ij] (]6)
cm cm i 3 cij cij
RT RT ..
- ¥ x, 1 (17)
AT

Equations (14) and {15) are now the same since b=c and it therefore appears
that we have two mixing rules (Eqns. 16 and 17) for three pseudocritical prop-

erties Tcm’ Pcm‘ and W However, to obtain ;cm = 0.3074, we must have:

Sem T ; Xitci (18)
with all Gei T 0.3074. Joffe (1971) has shown that eqn. (18) implies that
m ‘11-7 X4 (19)

Hence, we actually have three mixing rules for the three pseudocritical proper-
ties Tcm' Pcm' and “m in the Peng-Robinson eguation.

Since a fourth mixing rule is required for the TP equation, we may assume
that egns. (10-12) may be used to obtain Tcm’ Pcm
may be used to obtain Zem® We denote the Teja-Patel eyuation with these mixing

rules as TP3.

, and Fm, whereas eqn. (18)

The use of an overall pseudocritical value of tem in the calculations reduces
the three-constant TP equation to a two-constant equation (since bm=cm in this
case). However, as Sem varies with composition, each mixture is effectively
replaced by a different hypothetical pure component, so that each mixture con-
forms to a different two-constant cubic equation of state.

RESULTS

We have calculated the critical locus curves of a number of binary mixtures
using the various modifications of the TP and PR equations of state. In each
case, Gibbs' criteria [1] for the critical point were solved using a technique
that is similar in principle to those of Heidemann and Khalil (1980), Michelsen
and Heidemann (1981), and Teja and Rowlinson (1973). Cubic 1a§rangian extrapo-
lation was used to generate the guesses for the critical points required by the
method. Since traces of the critical locus curves were made in small increments
of mole fraction (typically 0.001) only one converged critical point anywhere on
the curve was required to initialize the extrapolation procedure and to generate
the complete critical locus. When binary interaction coefficients proved neces-
sary for fitting the experimental data, these were determined by minimizing
deviations between calculated and experimental mixture critical points. Only
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binary systems have been studied in this work. The technique is, however, appli-
cable to multicomponent mixtures, as shown by the authors cited above (Heidemann,
1980; Michelsen, 1981; Teja, 1973).

The TP1 equation and the PR equation gave very similar results and required
similar values of the binary interaction coefficients to fit the critical curves.
However, they gave poor predictions of the critical volumes, especially at large
concentrations of fluids whose experimental critical compressibilities differ
from the values of Zei (TP1) or 0.3074 (PR). Figure 1 demonstrates this for the
carbon dioxide + n-butane system.

k1]
P/ MPa
(2‘ 1) 330
w_ 290
Do 2
I 7 K. 250
Lol
| [
,‘ P . -3 210
1 E
170
TS/K "15
. (250, 25) U> 130
) 20
TP, £=0.90 L
c PR, £=0.88 %0
\Y 000 - 020 040 060 o080 100
(50, 40) MOLE FRACTION N-BUTANE

Fig. 1. The critical locus of a simple system using the TP1 and PR equations of
state.

The displacement in volumes is readily apparent from the Vc Vs X behavior
of the system. Figure 2 shows how this displacement may be improved by essen-
tially making the equation of state reproduce the pure component critical points
(i.e., by setting ej = Zg?pt). Calculations with the TP2 and PR equations are
shown in Fig. 2.

The PR equation cannot be made to fit the pure component critical points and
simultaneously satisfy all the constraints of eqn. (6), because it only has two
constants. The TP2 equation appears to give an excellent correlation of all
critical properties (Tc’ Vc’ and Pc as functions of xc). At first, this is
surprising because no mixing rule has been used for Seme However, it should be
noted that the experimental critical compressibilities of CO, and n-butane are
identical being equal to 0.274 in both zases, so that the mixing rule for g
(eqn. (18)) would have made no difference to the calculated critical locus.

Figure 3 shows our calculations of the critical locus for an asymmetric
system such as carbon dioxide + n-decane using the TP2, TP3, and PR equations.

cm
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P¢/MPa 370
2, D
330 1
/,/, pd L -]
NS © 290
>T'?" , x
S -, 250
I'-1
g 210 PR
: Kk o >
PR E 70 ;
i (250, 25) o
) > 130 =
TP, £=0.92 TP
v PR, £=0.88 90
(50, &40) 80
000 Q20 040 060 os0 100

MOLE FRACTION N=-BUTANE

Fig. 2. The critical locus of a simple system using the TP2 and PR equations of
state.

P /1pa 80
(0, 2.5)

T¢/K &
(300, 50) 9,200

 TP3, £=1.00
ve P2, {=1.05 o
(0, 100 PR, ¢ =0.92 aco Q20 040 060 aso 1.00
?

MOLE FRACTION N-DECANE

Fig. 3. The critical locus of an asymmetric system using the TP2, TP3, and PR
equations of state.

The significant improvement over the PR equation is obvious. However,
although the experimental critical compressibilities of the pure components are
very different, the calculated values using the TP3 equation appear to be very
similar to those using the TP2 equation. The value of the binary interaction
coefficients (gij) is, however, 1.00 for the TP3 equation and 1.05 for the TP2
equation. We found that, in general, binary interaction coefficients were sig-
nificantly closer to unity when the fourth mixing rule was introduced in the TP
equation. Simply setting i = zci {as in the TP2 equation) caused large errors
in the critical pressure predictions and required correspondingly large changes
in the binary interaction coefficients to make calculations fit the experimental
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data. Thus, although both the TP2 and TP3 equations worked equally well for the
systems studied, the TP3 equation is recommended because of the closeness of the
binary interaction coefficients to one. Finally, Figs. 4 and 5 show two complex
systems--argon + water and isooctane + ammonia--where the advantages of the TP3
equation can readily be demonstrated.

PS/MPa 80

~ &0 -PR i
X e,
Y 50
—
Eac \\\
(2]
Ea N~ TP
[#] ‘
>
20
0 |
' TP, £=0.90 2
v » . [eTe]e] 020 0AC 060 080 100
(0, 10) PR, £=0.55 MOLE FRACTION ARGON
*

Fig. 4. The critical locus of a complex system using the TP3 and PR equations

of state.
P¢/MPa
(2, 1.5) st0
540
o 0
e 470
L' ~]
S 400
1 x
‘ - 330
c —
e TR o 260
i (375, 25) FE
! ’ ng 190
i o
c > 120
Y TP, £=0.96
(50, 70) PR, £=0.92 50
200 020 Qa0 osC 1.0

080
MOLE FRACTION ISOOCTANE

Fig. 5. The critical locus of another complex system using the TP3 and PR
equations of state.

It would therefore appear that the use of the TP equation for the calculation
of critical states of asymmetric and complex mixtures necessitates the use of
mixing rules for each of the substance dependent equation of state parameters.
This need is not obvious in simple mixtures because the critical compressibilities
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of the pure component§ are close to each other and this fact often masks the
distortion of the critical locus curve. This distortion can be seen when all

the critical properties are examined simultaneously, Critical point calculations
are particularly suited to such studies because their calculation requires three
differentiations of the mixing rules with respect to composition and therefore
they represent a most severe test of mixture models.
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NOTES ON GRAPHS

Critical curves are given by solid or dashed curves while data are given by
circles. Fach axis has a (ORIGIN, INCREMENT) coordinate. The origin number
begins at the coordinate axis ORIGIN and is incremented at each tic mark by the
INCREMENT, For added spatial effect, mixture data are projected into the P-T
plane using a fine dotted line and pure component data are projected into the
V-T plane by a heavier dotted 1ine. Line of sight is adjusted to 45 by 45
degrees.
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PHASE DIAGRAMS IN THE CRITICAL REGION USING AN EQUATION OF STATE

R. L. Smith and A, S. Teja
School of Chemical Engineering
Georgia Institute of Technology
Atlanta, GA 30332

The Teja-Patel cubic equation of state is used to predict critical curves in a variety of mix-
tures including mixtures of simple molecules, slightly asymmetric molecules, asymmetric mole-

cules, and polar molecules.
ing rule.
states method,

INTRODUCTION:

Critical curves represent the boundary
between the single phase and multiphase re-
gions and are therefore of considerable im-
portance in the phase diagram of fluids and
fiuid mixtures. In this work, we have em—
ployed two cubic equations of state as well
as a8 Corresponding States method to calculate
critical curves in a variety of binary sys-
tems, It is well known that cubic equations
of state give poor representation of densi-
ties in the critical region. We show how the
density predictions can be improved by intro-
ducing an additional mixing rule in one of
the equations of state.

EQUATION OF STATE METHOD:

Teja and Patel [1] have recently proposed
& cubic equation of state that accurately pre-
dicts the saturation density of a variety of
fluids including paraffinic and aromatic hy-
drocarbon water and alcohols. They have also
dezonstrated the advantages of their equation
of state over the Peng-Robinson and Soave
equations for VLE calculations. In this work,
therefore, we have examined the ability of
the Teja-Patel equation to correlate the be-

h:Vior of binary systems in the critical re-
gion,

The Teja-Patel (TP) equation is given by:

~RT_____a
=l [Ty Eey oy (1)
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Density predictions are improved by introducing an additional mix-
Comparisons are shown with the Peng-Robinson equation of state and a corresponding

vhere
alt) = o [1,] 0, RT2/P. ()
b =Q RT /P (3
¢ =0_RT_/P_ @)
alT,] = {1+ 1-*(1-'rR°'5)}2 (5)

aQ., » 1 are constants for a given sub-
sfance wvhich depend on the value of (P V_/
RTC) implied by the equation of state. F 1s
a constant which is calculated from the. vapor

pressure curve of the substance. At the cri-
tical point:

' 2 PV

3P 3°P c ¢

G =03 Gup = Oamdgr_ -t

The TP equation treats [ as a parameter
which is obtained by fitfins the saturated
liquid densities of each pure substance. We
denote the value of {_ calculated in this
manner as 2lll and the eéquation as TPl.

Since the values of Z_ required to fit
liquid densities are, in general, greater
than the experimental values of {_ at the
critical point, an obvious modififation of
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the equation for calculations in the criti-
cal region is to let:

S ™ zc.expt @

for each pure component considered. We de-
note this modification of the TP equation as
TP2.

It should be noted here that when 7_ 1is
set equal to 0.3074 and c 18 set equal t6 b
in the TP equation, the Peng-Robinson (or PR)
equation results.

The TP equation may be extended to mix-
tures using the mixing rules

‘m = Zz xix:l ‘ij H bm = Z xibi H Cn -inci
13 1 1

€.))

where the cross-interaction term is calcu-
lated using

a,, =& _( )1/2

4 " Ea 9
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and Ei is an adjustable constant that is
best eéaluated from experimental data on the
binary system.

Equations (8-9) are equivalent to those
given by van der Waals for the parameters a
and b in his equation ol state. However, be-
cause of the temperature dependence of para-
meter a, these mixing rules are more complex
than the original van der Waals one-fluid
mixing rules. More importantly, the van der
Waals a and b are functions of T and P
only, whereas the TP constants afe funcfions
of Tc' Pc and (c. Therefore, an additional
mixing rule for {_ is required in our calcu-
lations. We have used the mixing rule:

;c * z X zci,expt (10)
We denote this modification of the TP equa-
tion for mixtures as TP3.

CORRESPONDING STATES METHOD:

Only a brief description of this method
is given here, since it has been described in
detail elsevhere [2,3). The equation of
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state for a mixture is obtained

figurational Helmholtz emergy vh::;.iiz z::;

is obtained from the configurationalﬂelnhcl;
energy of an equivalent substance (1.e. a !
one-fluid approximation) as follows:

An[vt'r'x] - Aeq[v:'rox] + RT § Xi £n Xi (11)

A , 18 obtained from the Helmholtz energy of
the reference substance (methane in this
study) whose properties are accurately known.
Thus:

Aeq[V,T,x] - f Aolvlh. T/f] -« RT #n %

Q12)

where the parameters f, h are obtained from
the vdW one-fluid prescription as follows:

h =7} xx, hij ; fh = zz XXy fij hij
i3 13

(13)
The like-terms f,. ., h 4 are obtained from the
ratios of the criéicai properties modified by
shape factors [4] which depend on the size

and shape of the molecules. The unlike terms
are obtained from the Lorentz-Berthelot rules:

1/2

fij = Eij (fii fjj) (14)
1/3 1/3 3
hij = nij (1/2 hii +1/2 hjj ) (15)

Given an accurate equation of state for a
reference fluid (and hence Ao), we can thus
calculate the equation of state of the mix-
ture using eqns. (11-15). The calculations
can haveup to two adjustable constants £

i3
and n11 per binary pair.

RESULTS

Given an equation of state for the bi-
nary mixture of interest, we can calculate
its critical curve by solving Gibbs' equa-
tions for the critical point [5]. 1In this
work, we have correlated the critical curves
of various classes of systems, including
simple systems, azeotropic systems, asymme-
tric systems and systems containing polar
species. A summary of the single adjustable
constant (E1 or n,,) required to obtain a
best fit of the datd is given in Table 1.
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The TPl equation and the PR equation
yield very similar correlations and require
similar values of the binary interaction co-
efficients to fit the critical curves. How-
ever, they give poor predictions of the cri-
tical volumes, especially at large concentra-
tions of fluids whose experimental critical
compressibilities differ from the values of
Z_ (TP1) or 0.3074 (PR). This is shown in
Fig. 1 for the methane + ne-decane system. The
experimental Z of n-decane of 0.247 is very
different from©0.297 (=Z_) or 0.3074, so that
both the TPl and PR equa?ions are poor near
the decane-rich end of the critical curve.
When the TP2 equation (Lo = Z; expt) Was used
for the same system, the volume predictions
were improved but high binary interaction co-
efficients (Ei = 1,12) were required to fit
the pressure aaequately. Obviously, a new
mixing rule is required which allows the mix-
ture cc to vary continuously between the ex-
perimenital critical compressibilities of the
pure components, hence equation TP3.

Figures 2-5 ghow critical curves calcu-
lated using the TP3 and PR equations and
using the Corresponding States Method (CSP).
Figure 2 is an example of the continuous cri-
tical curve in a simple system (methane +
n-pentane). The tilted nature of the curve
predicted by the PR equation is typical of
cubic equations with a fixed critical com-
pressibility and is due to the inability of
these equations to accurately predict volumes
in the critical region. This error in volume
increases as the pure component critical com-
pressibilities deviate from the fixed values
implied by these equations. When this limi-
tation is overcome, either by using an addi-
tional mixing rule (as in the TP3 equation)
or by using an accurate equation of state for
the pure fluids (as in the CSP method), a
22tked improvement in the calculated curve
Tesuits, This improvement is evident in the
phase diagrams of CO. + ethane (azeotropic
system), CO, + nedecane (asymmetric system)
and H,0 + argon (system containing polar
species) shown in Figs. 3-5. The H,O + argon
System 15 interesting because it exﬁibita gas-
845 immiscibility, It is remarkable how well
the TP3 equation is able to correlate this
ind of behavior. This simple modification
1s also able to correlate data as well as the
®ore complex CSP method and, indeed, is much .

tter for mixtures containing components
¥iose properties cannot be predicted from the
Properties of methane and the CSP method.
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APPENDIX.

Notes on diagrams: 1In Fig. 1-5, calculated

.critical curves are given by solid lines and

experimental data (taken from the compilation
of Hicks and Young [6])are given by circles.
Each P, V or T axis is labelled (ORIGIN, IN-
CREMENT). This gives the co-ordinate of the
origin and the increment per tic mark. For
added spatial effect, mixture data are pro-
jected into the plane of the paper by a dot-
ted line.
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Table 1. Binary Interaction Coefficients Eij and nij
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Figure 2. Methane + n-Pentane System
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Figure 3. Ethane + Carbon Dioxide System
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CHAPTER 15

THE CORRELATION AND PREDICTION

OF CRITICAL STATES OF MIXTURES

USING A CORRESPONDING STATES
PRINCIPLE

Amyn S. Teia and

Richard L. Smith
School of Chemical
Engineering
Georgia Institute of
Technology
Atlanta, GA 30332

Abstract

The calculation of critical states using a Corresvond-
ing States Principle 1is described. It 1is shown how a corre-
lation of binary critical T¢ - P® behavior can lead to pre-
dictions of high pressure as well as low pressure phase equi-
1ibria and PVT properties. Critical states (including V© -
x© behavior) of hydrocarbon systems as well as systems con-
taining polar components have been successfully correlated
using this method. The applicability of the method to asym-
metric mixtures which are typical of supercritical extrac-
tion processes is examined.

Introduction

The PVT behavior of mixtures in the critical region is
of practical importance in the petroleum and energy indus-
tries and also in processes involving supercritical gas ex-
traction. Indeed, a knowledge of ophase equilibria in the
critical region is necessary for assessing the feasibility of
supercritical gas extraction processes.

The calculation of critical lines of mixtures 1is also of
theoretical interest, since the tovology of these lines in
the PVTx space is complex and it may be argued that their
calculation provides a most severe test of any theory.

In this work, we outline an extended Corresponding
States method which has been used with considerable success
for the calculation of densities [1-3], vapor-liquid equili-
bria [3-5] and critical and azeotropic states [6,7] of
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4 c
b0 ™ (Vi/vy) %1,0 (%)

where the shape factors 6 and ¢ are unity for simple
spherical fluids and are éibsly var%iﬁg functions of reduced
temperature T i and reduced volume V_  in the general case.
They may be tgought of as small perturbations of the reduced
temperature and volume. Analytical expressions for the shape
factors have been revorted by Leland and Chapvrelear [10] and
by Ely and Hanley [11]. They are of the form:

811,01+ (g = w)) FylTp,.Vp,]

o] [ o4
°11,o = (Zo/zii) {1+ (w11 - wo) FZ[TRi,VRi])

where F, and F, are functions of the reduced temperature and
volume.”~ Although the Leland shape factor correlations were
originally obtained for the n-alkanes (up to about n-decane)
relative to methane, the utility of this method lies in the
fact that they have been used successfully for other hydro-
carbons and for polar and quantum fluids [3,7]. Deviations
from experiment are small for the n-alkanes and somewhat
larger for polar and quantum fluids, as expected [7]. It
should be noted that the deviations of the shape factors
from unity are proportional to the differences in the acen-
tric factors as well as to the ratio of the critical com-
pressibility factors of the two substances i and o. For
normal fluids, the critical compressibility factor 2% is a
linear function of the acentric factor and a three-parameter
form of the Corresponding States Principle results. For'
fluids for which Z€ is no longer a linear function of w, a
four-parameter Corresponding States Principle is obtained.

Given the properties of a reference substance (these
may, for example, be obtained from an accurate equation of
state or from tabulated PVT properties) and the shape factor
correlations, then the calculation of the thermodynamic pro-
perties of any substance i requires a knowledge only of its
ceritical constants TS,, V;i, ZC:l and w 4

Equation (2) may be extenéed to mixtures by assuming
that the configurational Helmholtz energy of a mixture, after
subtraction of a combinatorial term, is equal to that of a
single hypothetical equivalent substance. This is the so-
called one-fluid model for mixtures.

[V,T,x] = A[V,T,x] + Aéomb
The configurational Helmholtz energy of the equivalent sub-
stance A[V,T,x] may then be obtained from that of the refe-
rence substance using eqn. (2):

(7

Amixture
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mixtures when the components of the mixture do not differ too
greatly in size. The applicability of the method to asym-
metric mixtures (such as ethylene + naothalene, which are
typical of supercritical extraction processes) is examined.

The Extended Corresponding States Method

A large number of methods for the calculation of thermo-
dynamic properties make use of extensions of the (two para-
meter) Corresponding States Principle. These extended Corre-
sponding States methods may be divided into two broad cate-
gories. The first, and by far the largest, category involves
a perturbation of a thermodynamic (configurational) property
about that of a spherical reference fluid. The theoretical
justification for this perturbation was presented by Pitzer
[8] who showed that the compressibility 2z of fluid { at
reduced temperature T and reducis)uressure P, is given by
the sum of the comuressibility 2 7of a sphergcal reference
fluid at the s?me reduced temperature and pressure and a de-
viation w Z which is proportional to the acentric factor

wyy of Su%stance i. Thus

z,, (1o, 2e] = 202y 40, 2B r e &)
Teta et. al. [9] later showed that the perturbation may be
carried out about the property of a nonspherical reference
fluid.

The second category of extended Corresvonding States
methods involves a perturbation of the variables T, and V
(or P_) and has been termed the shape factor approach by ~
Lelan§ [10]. 1It is this approach that is described below.
For convenience, the shape factor approach will be described
in terms of the configurational Helmholtz energy rather than
compressibility, as the former is more suited to the calcu-
lations performed in this study.

Two pure substances 1 and o are defined to be in corre-
sponding states if the configurational Helmholtz energy of
substance i at temperature T and volume V may be obtained
from the configurational Helmholtz energy of substance 0 at
temperature T/f11 o and volume V/hii o a8 follows:

L] ?

Aii[T,V] = fu'o AO[T/fii’o, V/h ] = RT 1n hii,o (2)

ii,0

where the subsgcripts 11,0 signify a property of i relative
to substance o. The parameters f and h are related
to the critical constants of subs%aﬁces i ané o by

c c
£11,0 = T4/ 844 0 3
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AlV,T,x] = f AO[T/f. V/h] = RT In h (®)

where the parameters f and h depend on the composition of
the mixture. Various prescriptions may be written for these
parameters. A convenient form of these prescriptions is as
follows:

§ §

fh = xixjfijhij (9)

h =3I xixjhij (10)
When 6=0, these equations reduce essentially to the modified
Kay's model proposed by Prausnitz and Gunn [12]; setting &=1
leads to the van der Waals one fluid model [10], and setting
§=0,25 leads to the model proposed by Pldécker et. al. [13]
for mixtures in which the molecular sizes of the components
differ by a factor of 3 or more. It should be added that the
critical temperatures and volumes used in the original one-
fluid models described above are "weighted" by the shave fac-
tors in equations (9) and (10). Moreover, to obtain the
shape factors in a rigorous manner, an iterative solution of
equations (9) and (10) is necessary.

In using eqns. (9) and (10), the like terms (i=}) may be
obtained from pure component properties, but the unlike terms
(1#j) require mixture data for their evaluation. The usual
procedure is to transfer the problem of evaluating fi , h
to the problem of evaluating the binary interaction cgeffi1
cients &

13 and "ij’ where: /
1/2
fij = Eij(fiijjj) (11)
1/3 1/3 3
hij = "13{(h11 + hjj )/2} (12)

Values of Ei and n 3 are generally close to unity and
no further informgtion is“required to predict the proverties
of ternary and higher mixtures [7].

For nonpolar mixtures in which the molecular sizes of
the components differ by a factor of 3 or less, it is usually
sufficient to use one adjustable coefficient to characterize
each binary system and it is common to assume ny =1.0, with
Ei being calculated from experimental data. Vaiues of Ei
eslimated from the correlation of various thermodynamic prg-
perties and phase equilibria agree very well with each other
[7], but depend on the particular prescription (eqns. 9-10)
chosen.

The combinatorial contribution to the Helmholtz energy
for an ideal mixture is given by:

A = RT 2 x1 In x

comb i (13)

i
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When the molecules differ appreciably in size, this equation
is known to be inadequate. The Flory-Huggins equation was
derived for monmer-polymer mixtures (i.e. for molecules made
up of like segments), but it has been applied to many diffe-
rent asymmetric mixtures. This equation is given by:

Acomb = RTL xilnwi (14)

where the volume fraction wi is given by:

by = xy vii’i ijjj (15)

In the binary case, we may write the two volume fractions by:

¥ = xll(x1 + T x,) (16)
wz - rle(x1 + rxz) (17)

where
rs= VH/V22 (18)

is the ratio of molar volumes (or the ratio of semiarbitrari-
ly defined segments). Since the systems considered in this
study are not polymer solutions, we have treated r as an em-
pricial parameter in this study. Previous studies have shown
[7,14] that r = 1 when the components of a mixture do not
differ appreciably in size.

Critical States of Binary Mixtures

Critical states of binary mixtures satisfy the following
equations [6]:

. - 2 - N

A2x A2v Axv 0 (19)

A - A -3a A A% +3a .24 -a A3 =0 (20
3x 2v 2xv xv 2v x2v xv 2v 3v xv

vhere the subscrionts denote derivatives e.g.

3 2
Azxv = 37A/3x" 3V

It should be noted that these equations contain second
and third derivatives of the Helmholtz energy (and, there-
fore, of the one~fluid model-eqns. 9, 10 and 14) with resvect
to composition. It may therefore be argued that the calcula-
tion of eritical states represents a severe test of the mix-
ture model chosen, since errors will tend to increase with
8uccessive differentiation of the function.
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Solution of the two equations at a given critical compo-
sition gives the critical temperature and volume (and hence
the critical pressure) of the system. Details of the proce-
dure are given elsewhere [6].

Results

Methane was chosen as the reference substance, since an
accurate analytical equation of state is available for this
substance and shame factor correlations relative to methane
are also available. The critical properties and acentric
factors of the pure components were taken from the compila-
tion by Ambrose [15]. Results of the calculation of critical
curves of binary mixtures are discussed below.

Figures 1-3 show typical results for a nonpolar hydro-
carbon mixture (methane + propane) in which the components do
not differ appreciably in size.

10. METHANE + PROPANE
5 O £.=1.00
2= 1.04
8.0
<
B
260
o
4.0. o
2.
150 200 250 300 350 400

T [*K]

Figure 1. P vs T behavior of the methane + propane system.
The predicted critical curve is shown by the full
line whereas the experimental points are showm by
circles. :
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Figure 2. The predicted and exnerimental T vs x° behavior
of the methane + propane system.

250, METHANE + PROPANE
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MOLE FRACTION METHANE
Figure 3. The predicted and’experimental vE vs xc behavior
of the methane + propane system with 512 = 1.0
and P 1.04.
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It is seen that PC vs TC vs. x° curves can be correlated

with £ = 1.0 and n 2 = 1.04 when the van der Waals one-
fluid brescription (%-l) and the ideal combinatorial term
(r=1) are used for this system. In general, only one binary
interaction coefficient - close to unity - is required for
such systems [6,7]. Moreover, Barber et. al. [16] have shown
that the single binary interaction coefficient calculated
from the critical states of mixtures can be used to predict
vapor-liquid equilibria and second virial coefficients of the
system. This is shown in Figs. 4 and 5 which show the azeo-
tropic locus and second virial coefficients of pronane + per-
fluoroeyclobutane mixtures calculated with §., = 0.89 which
was obtained from the correlation of the cri%zcal states of
the system [16]. A number of authors [1,3,5] have used two
binary interaction coefficients to characterize each binary
mixture. Our studies have shown that the use of two adjust-
able coefficients leads to values which are not unique and
which do not necessarily show a regular trend for a series of
binary mixtures with a common component. The latter is
usually true when only one adjustable coefficient is used in
the calculations.

3.9 PROPANE + PFCB AZEQTROPE
§:2=0.89
7= 1.00
3.4
g
2
E!fLQJ
[+
2.4 ]
1.9
320 330 360 370

3ioT (K] 3%0

Figure 4. The azeotropic locus of propane + perfluorocyclo-
butane mixtures predicted with £ = 0.89, n =
1.0 12 12
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Sow
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oo

ENG=0. o

Second Virial Coeﬂicien". B
S
l'“

|
o
iy

) 330 350 370 390 410
T [*K]
Figure 5. Second virial coefficients of propane + perfluoro-
cyclobutane mixtures predicted with E = (.89,
=1.0
N12 .

Figures 6-12 show the results of our calculations for
three asymmetric mixtures (methane + n-decane, CO_, + n-decane
and ethylene + napthalene) in which the comoonents differ in
size (as measured by the ratio of their critical volumes) by
a factor of 3 or more. These systems are typical of those
found in supercritical extraction. In general, there is a
great deal of uncertainty in the available values of the cri-
tical volumes of large molecules (indeed, the critical vol-
umes of many single and multi-ring aromatic compounds are not
known). For asymmetric mixtures, we have therefore replaced
eqn. (4) with

ii,o

This equation has the advantage that critical volumes are not
required and is equivalent to a slight modification of the
mixture model (i.e. of multiplying hi in eqns. (9) and
(10) by z%,/2%). We have found that %hgs modification leads
to better pregictions than the original model (there is of
course little change for mixtures of small molecules since

~ 2° ) Figs. 6-12 show that one adjustable binary inter-
ac%ion coefficient 1s no longer adequate for the correlation
of the critical properties of asymmetric mixtures.

c c C ,,C
hyy o= (TG PEDIAGIRY &y (21)
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o Pg 51:- 0.81
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Figure 6. PS vs T behavior of the methane + n-decane system

750 METHANE + N—DECANE
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n..= 0.81
6009
¥
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0.00 1 0.20 0.40 0.60 0.80 1.00
MOLE FRACTION METHANE

Figure 7. The predicted and exverimental T® vs x° behavior
of the methane + n-decane system
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es0 METHANE + N—DECANE
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Figure 8. v® vs x° behavior of the methane + n-decane system

20.Q N-DECANE + CARBON DIOXIDE
(o] €n= 081
© (] M= 1.00
o]
15.Q4 o
o
B
21040
& o
D
S0
o]
0.
300 375 450 525 600 675
Figure 9, The predicted T¢ vs x© behavior of the n-decane

+ CO2 system
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200 N—DECANE + CARBON DIOXIDE

=081
52:- 1.00

800_ 4,
3
- 500,
= o

400,

300 -

0.00 0.20 1.00

0.40 0.60 0.80
MOLE FRACTION N-DECANE

Figure 10. The predicted and experimental T¢ vs x© behavior
of the n-decane + CO, system

2
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Tigure 11. The predicted and experimental v® vs x© behavior

of the n-decamne + (:O2 system
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s2al  ETHYLENE + NAPHTHALENE
f\:‘. 0.90
2= 1.00
24.0
— (@]
(o)
& &
=160
a.
8.0
° Q
0.
2%0 3o 450 650 7%0
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Figure 12. The predicted and experimental P vs T® behavior
of the ethylene + napthalene system

The use of the Flory~Huggins combinational term did not
lead to a reduction in the number of adiustable coefficients
required. It would therefore apoear that only a small con-
tribution to the Helmholtz energy can be attributed to the
combinatorial term. The mafor effect of varying r avopears to
be on the critical pressure of the system, with critical
temperature remaining practically unchanged. However, the
accuracy of critical data in practice does not warrant the
use of three adjustable constants in any method and r was set
to unity in all other systems reported here. Use of the
Plocker et. al. [13] one-fluid model (8=0.25) did not also
lead to a reduction in the number of adjustable constants re-
quired. Hence the van der Waals one-fluid model (é=1) was
used in all calculations presented in this work. Our calcu-
lations lead us to believe that only slight modifications of
the van der Waals one-fluid model are required for the treat-
ment of asymmetric mixtures.

It may be argued that part of the errors that arise in
the treatment of asymmetric mixtures may result from the fact
that the properties of large molecules (such as n~decane or
n-hexadecane) cannot be obtained from the properties of
methane using the shape factor correlations. That this is
not so is demonstrased conclusively in Figures 13 and 14,
which shown TS vs x~ curves for n-hexane + n-tridecane and
n-hexane + cis-decalin mixtures. These systems can be
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adequately correlated with the extended corresponding states
method, although the commonents of the mixture are large.
The relative size differences in these systems are, of
course, less than 3.

700, N—-HEXANE + TRIDECANE
£..=1.00
® Na=0.90
o
650
¥
= 800
| D
S50
500, @
0.00 0.80 1.00

0.20 0.40 0.60
MOLE FRACTION N-HEXANE
Figure 13. Experimental and calculated T¢ vs x© behavior of
the n-hexane + n-tridecane system

CA final observation that should be mentioned is that T®
vs x behavior of many systems (including asymmetric mix-
tures) can often be correlated equally well by various mix-
ture models (eég. van der Waals, Pldcker et. al. etc.). It is
obvious that T vs x behavior alone is not sufficient to
distinguish between the various models and we therefore sug-
gest that a simultaneous fit of PE-T°-v®x® data be used to
obtain any adjustable constants. In general, we have found
the van der Waals one-fluid model to be the best among the
mixture models tested - although there is room for improve-
ment for asymmetric mixtures.

Conclusions

We have examined the applicability of an extended Cor-
responding States Method using shape factors to the calcula-
tion of critical states of asymmetric mixtures which are
typical of systems used in supercritical extraction. Various
modifications of the method have been evaluated. In general,
the van der Waals one-fluid model appears to yield results
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880 N—HEXANE 4+ CIS—DECALIN
‘o — o
$..=1.00
Na=1.10
830,
¥
= S80_]
L
530, (o)
(1)
480, -
0.00 80 1.00

0.20 0.40 0.60 0.
MOLE FRACTION N—HEXANE
Figure 14, Experimental and calculated T vs x° behavior of
the n~-hexane + cis-decalin system

which compare well with experiment, although there remains
room for improvement. The method provides a means for the
quantitative orediction of the behavior of interest in super-
critical extraction.
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Nomenclature

A Helmholtz energy

F functions in eqns. (5) and (6)

f Corresponding States energy parameter
h Corresponding States size parameter
P pressure

R gas constant

r adjustable constant

T temperature

A volume

x mol fraction

Z

compressibility factor
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Greek Symbols

€ 9 DEI MO

exponent in mixture model (eqn. 9)
binary interaction coefficient
binary interaction coefficient
acentric factor

shape factor for energy (temperature)
shave factor for size (volume)

volume (or segment) fraction

Subscriots

comb combinatorial -

1,1
o}

1,2

components 1. j
reference fluid
components 1,2
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HIGH PRESSURE DENSITIES OF MIXTURES OF COAL CHEMICALS
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ABSTRACT

Densities of seven coal chemicals (benzene, toluene, tetralin, quinoline,

m-cresol, bicyclohexyl and l-methylnapthalene) and their binary mixtures at
temperatures between 298K and 338K and pressures between 0.1 MPa and 34.5 MPa
were measured using a high-pressure vibrating tube densitometer and are
reported in this paper. The pure component densities were correlated using a
modified Tait equation. The pure components were then used as reference
fiuids in a corresponding states method for the prediction of the densities

of the mixtures.
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March, 1984.
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INTRODUCTION:

The thermodynamic and transport properties of the components of coal
fluids, especially at elevated pressures and temperatures, are of great
importance in the design and development of processes for coal liquefaction
and gasification. Coal Tiquids typically consist of a variety of components
including polycyclic aromatic hydrocarbons with substituted functional groups
of nitrogen, sulfur and oxygen. These fluids have a wide range of prop-
erties, making the task of physical property prediction very difficult.
Moreover, measurements on actual coal liquids are extremely difficult to make
because of the reactive nature of the components, devolatilization, aging and
so on. It is also not certain that physical property data obtained using
fluids from one coal sample can be used for fluids from other coal samples.
A strong case can therefore be made for the study of model cda1 compounds and
their mixtures, as these studies are much more likely to yield fundamental

information for the development of predictive methods.

Until recently, most available physical property correlations for coal
1iquids were based on petroleum data. The application of these petrole-
um-based correlations, however, often leads to unacceptable errors because of
the extreme conditions and much higher aromatic content of the coal liquids.
This has led to several attempts to develop specific correlations for coal
Tiquids [1 - 3]. These studies have revealed a need for more experimental
data on model coal compounds and their mixtures.

This work is therefore concerned with the measurement of high pressure

densities of seven model <coal compounds (benzene, toluene, tetralin,



quinoline, m-cresol, bicyclohexyl and l-methylnapthalene) and their binary
mixtures. An attempt has also been made to develop a generalized correspond-

ing states method [4 - 5] for the prediction of the densities of mixtures.

EXPERIMENTAL

—

Densities of pure liquids and binary liquid mixtures were measured using
a vibrating tube densitometer (model DMA 60, Mettler Co.) with an external
thermostatted high-pressure cell (model DMA 512, Mettler Co.). The measuring
principle of the instrument is based on the change in the natural frequency
of a hollow oscillator when filled with different fluids. The mass of the
liquid, and thus its density, changes this natural frequency. A simple
relationship exists between the density of the sample and the natural fre-
quency of the filled sample and it is possible to employ this relationship to

obtain accurate densities of fluids.

The temperature in the external high pressure cell was maintained
constant within + 0.005K by means of an ultrahigh precision water bath (model
Excal UHP 100, Neslab Instrument Co.) and a flow through cooler (model
EN-350, Neslab). A flow-rate of 13 1 m1"n'1 of water was used to maintain the
constant temperature. The temperature was measured at the exit of the high
pressure cell with a platinum resistance thermometer and a digital readout
(model DT-4, Fischer, W. Germany). The estimated accuracy of the temperature

measurement was = 0, 1K.

The sample in the high pressure cell was pressurized using triple
distilled mercury. The use of mercury reduces the amount of sample required

to about 7 cm3. Moreover, mercury did not interact with any of the fluids



studied. The mercury was compressed by means of a pressure generator (model
50615, Superpressure, Inc.) with a capacity of 20 cm3. A schematic diagram
of the apparatus showing details of the various connections Is shown in

Fig. 1.

Two pressure gages were used for the measurement of pressure -- a Héise
gage for pressures up to 10.2 MPa and an Ashcroft gage for pressures beyond
10.2 MPa. Above 10.2 MPa, the Heise gage (PZ) was isolated from the system
by a valve (Fig. 1). The Heise gage had an estimated accuracy of 0.06 MPa

and the Ashcroft (Pl) gage had an estimated accuracy of 0.3 MPa.

The purest commercially available grades of pure compounds were used in
the experiments, with minimum purities of > 99 mol%. No further purification

was attempted. Mixtures were prepared by weighing.

The density apparatus was calibrated using two reference fluids chosen
on the basis of the availability of their high pressure densities as well as
the closeness of their densities to those being measured. Triple-distilled
water and n-octane (purity > 99 mol%, Alfa Chemicals) were used as the
reference fluids for calibration. The densities of water were taken from
Kell and Whalley [6, 7] and those of n-octane from Chappelow et al [8]

and Benson and Winnick [9].

The samples were introduced into the high pressure cell by means of a
custom-made syringe which ensured an air-tight fit at the sample port. Care
was taken to ensure that no air remained in the experimental tube. Further

details of the experimental procedure are given elsewhere [10]. We estimate



that the densities measured in this apparatus are accurate to $0.00002 ¢

cm'3.

RESULTS

As these were our first experiments with this apparatus, we measured
high pressure densities of n-decane for comparison with the measurements of
Snyder et al [11] who used a different technique. The average absolute
deviations between our data and that of Snyder et al were 0.024% at 298.2K,
0.005% at 318.2K and 0.036% at 338.16K for pressures up to 34.5 MPa. This

was considered satisfactory.

Experimental densities of the seven coal chemicals studied by us are
given in Tables 1 - 6, as are the densities of the six binary systems

containing benzene.

CORRELATION OF PURE COMPONENT DENSITIES

High pressure densities of pure liquids have been correlated with a
number of equations of state in the past [12 -14]. Several authors have
shown [15, 16] that the Tait [12] equation is probably the best two-parameter
equation for accurately representing density data of organic Tiquids at
pressures up to 100 MPa. We have chosen the form of the Tait equation which
was used successfully by Winnick and co-workers [9, 11] and rewritten in

terms of reduced pressure Pr and reduced temperature Tr as follows:

= 1 + (K'_ + P. .- P
Vg = Voo - Vie (T(";TT) 2 {1 Ko Kl) (Pp Ro)} (1)
0



Where V, is the reduced volume, V_ the reduced volume at ambient pressure

RO
(or some reference pressure Po) PRo is the ambient reduced pressure, K0 is
the bulk modulus at ambient pressure and K'o = (aK/ d P)t P=Po* also
evaluated at ambient pressure. The two physical constants Ko and K'o depend

on reduced temperature as follows:

Ky = K

0 = Ko1 * Koz Tr (2)

T (3)

* K T

Ko = Ko

The four constants KOl’ KOZ’ K 01 and K 02 were evaluated by nonlinear
regression techniques and are given in Table 7. The overall average absolute

deviation for the densities of the seven liquids was 0.014%.

PREDICTION OF MIXTURE DENSITIES

A generalized corresponding states method for the correlation and prediction
of saturated liquid densities has been presented by Teja [4, 5]. The method
is extended here to the correlation and prediction of the densities of
mixtures of coal chemicals at high pressure. The generalized corresponding

states equation for the density of mixture may be written as [4]:

v = RTen {Zg?l) vé?l) +Q (Zc(vz)vR(Tz) _ Zc(rl) VR(T1)>} (4)

cm



Where the superscripts T1 and Y2 refer to the properties of two reference
substances evaluated at the same reduced temperature and pressure and w is

the acentric factor.

In our work, the densities of the binary mixtures were correlated using eqn.

(4) with the pure components being chosen as the reference fluids. The

(r1)

reduced volumes VR

and VR(TZ%f the reference fluids were determined from
the modified Tait equation (eqns. 1 - 3). The critical properties and
acentric factors of the pure components were either taken from the literature
[17] or, in the case of quinoline, bicyclohexyl and tetralin, estimated
using Lyderson's method. The pseudocritical properties Tcm’ Pcm and w
required in the calculations were calculated using the mixing rules proposed

by Wong et al. [18]:

(Tcm/Pcm) =E§ xixj (Tcij/Pcij) (6)
i
2 = 2 .
2 = 2/3
(Tem/Pem) 2 Pup, 2123 xiXj (Teq3/Peig)?/ 3oy (8)
together with the combining rules:
= % (9)
Teis = (TeiiTesy)

1/3 1/3)3
(Tcij/Pcij) LR {(Tcii/Pcii) + (Tes5/Peqs) } /% (10)



where 43 is a binary interaction coefficient which is obtained from a best
fit of the data. The advantage of this approach is that nijis close to 1.0
and is independent of temperature, pressure and composition -- at least in
the range of conditions studied in this work. In addition, no ternary or
higher coefficients are required in the calculation of the properties of

multicomponent systems.

The average absolute deviations between calculated and experimental densities
for the six binary s&stems are given in Table 8. The smallest deviations
were obtained for the benzene + toluene system with N = 1.0. This system
shows the least deviations from ideal behavior. In addition, the critical
points of benzene and toluene are close, so that the reduced conditions for
the mixtures are close to those of the pure components -- thus requiring very
little extrapolation of the reference fluid properties. This results in
excellent predictions for the binary system. The largest deviations between
calculated and experimental densities were obtained for the quinoline
mixtures. This is in part due to the extrapolation required in the reference
fluid densities, but mostly due to the fact that the critical properties of
quinoline had to be estimated. This could give rise to considerable error in
the GCSP treatment. Moreover, the pure-component (Tait) equation fit for

quinoline also showed the largest deviations from experiment.

Overall, however, the agreement between calculated and experimental mixture
densities is satisfactory. The agreement can be improved if reference fluid
data over wide ranges of reduced temperature and pressure are available and

if the critical properties and acentric factors of the pure fluids are known.
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DENSITY OF BENZENE + BICYCLOHEXYL

TABLE 1:

AT 298.2K, 318.2K & 338.2K

Pres(MPa) T (K) X1
0.00 0.25 0.5 0.75 1.00
298.2 .87286 .87012 .86685 .86400 .86374
0.1 318.2 .86361 .85987 .85560 .85098 .84776
338.2 .85469 .85062 .84603 .83891 .83062
298.2 .87312 .87038 .86719 .86440 .86414
0.689 318.2 .86372 .86003 .85583 .85121 .84797
338.2 .85495 .85094 .84635 .83932 .83112
298.2 .87480 .87218 .86913 .86645 .86642
3.447 318.2 .86556 .86199 .85783 .85349 .85042
338.2 .85701 .85312 .84870 .84191 .83428
298.2 .87673 .87405 .87132 .86884 .86917
6.895 318.2 .86762 .86416 .86025 .85610 - .85346
338.2 .85931 .85553 .85119 .84485 .83763
298.2 .88043 .87789 .87543 .87349 .87456
13.79 318.2 .87170 .86870 .86510 .86133 .85944
338.2 .86403 .86044 .85655 .85073 .84442
298.2 .88423 .88188 .87949 .87799 .87946
20.685 318.2 .87575 .87280 .86945 .86634 .86508
338.2 .86826 .86503 .86153 .85630 .85085
298.2 .88790 .88567 .88369 .88237 .88454
27.58 318.2 .87964 .87698 .87404 .87124 .87063
338.2 .87227 .86935 .86612 .86137 .85678
298.2 .89136 .88939 .88741 .88648 .88922
34.475 318.2 .88334 .88076 .87812 .87582 .87562
338.2 .87620 .87347 .87049 .86640 .86246



DENSITY OF BENZENE + QUINOLINE

TABLE 2:

AT 298.2K, 318.2K & 338.2K

Pres{MPa) T (K) X1
0.00 0.25 0.5 0.75 1.00
298.2 1.07847 1.03824 .99094 .93336 .86374
0.1 318.2 1.06417 1.02550 .98235 .91784 .84776
338.2 1.05692 1.01921 .97348 .90493 .83062
298.2 1.07875 1.03857 .99125 .93377 .86414
0.689 318.2 1.06403 1.02541 .98231 .91798 .84797
338.2 1.05699 1.01936 .97371 .90530 .83112 .
298.2 1.08009 1.04012 .99291 .93573 .86642
3.447 318.2 1.06555 1.02710 .98416 .92016 .85042
338.2 1.05868 1.02115 .97578 .90782 .83428
298.2 1.08171 1.04201 .9949]1 .93799 .86917
6.895 318.2 1.06732 1.02908 .98638 .92273 .85346
338.2 1.06052 1.02326 .97802 .91068 .83763
298.2 1.08490 1.04535 .99877 .94248 .87456
13.79 318.2 1.07089 1.03297 .99072 .92766 .85944
338.2 1.06463 1.02754 .98297 .91643 .84442
298.2 1.08816 1.04896 1.00271 .94689 .87946
20.685 318.2 1.07439 1.03677 .99479 .93249 .86508
338.2 1.06854 1.03172 .98773 .92176 .85085
298.2 1.09127 1.05237 1.00653 .95115 .88454
27.58 318.2 1.07768 1.04039 .99881 .93728 .87063
338.2 1.07234 1.03564 .99198 .92681 .85678
298.2 1.09455 1.05580 1.01025 .95529 .88922
34.475 318.2 1.08104 1.04408 1.00280 .94162 .87562
338.2 1.07606 1.03965 .99627 .93177 .86246



DENSITY OF BENZENE + M-CRESOL

TABLE 3:

AT 298.2, 318.2 & 338.2K

Pres(MPa) T (K) X1
0.00 0.25 0.5 0.75 1.00
298.2 1.02021 .98689 .94917 .90839 .86374
0.1 318.2 1.00646 .97250 .93778 .89318 .84776
338.2 .99789 .96268 .92584 .87913 .83062
298.2 1.02045 .98720 .94954 .90877 .86414
0.689 318.2 1.00638 .97252 .93790 .89338 .84797
338.2 .99811 .96291 .92615 .87953 .83112
298.2 1.02195 .98871 .95137 .91090 .86642
3.447 318.2 1.00807 .97432 .93992 .89564 .85042
338.2 .99996 .96487 .92838 .88194 .83428
298.2 1.02370 .99072 .95352 .91339 .86917
6.895 318.2 1.00994 .97649 .94236 .89834 .85346
338.2 1.00195 .96708 .93099 .88488 .83763
298.2 1.02726 .99452 .95774 .91792 .87456
13.79 318.2 1.01389 .98060 .94681 .90357 .85944
338.2 1.00623 .97194 .93630 .89106 .84442
298.2 1.03048 .99824 .96191 .92262 .87946
20.685 318.2 1.01749 .98456 .95129 .90851 .86508
338.2 1.01016 .97634 .94122 .89656 .85085
298.2 1.03384 1.00172 .96588 .92693 .88454
27.58 318.2 1.02103 .98848 .95558 ,91341 .87063
338.2 1.01406 .98051 .94571 .90178 .85678
298.2 1.03721 1.00532 .96974 .93127 .88922
34.475 318.2 1.02452 .99239 .95974 .91792 .87562
338.2 1.01792 .98463 - .95042 .90688 .86246



DENSITY OF BENZENE + TETRALIN

TABLE 4:

AT 298.2K, 318.2K & 338.2K

Pres(MPa) T (K) X1
0.00 0.25 0.5 0.75 1.00
298.2 .95472 .93869 .91884 .89489 .86374
0.1 318.2 .94269 .92620 .91106 .88012 .84776
338.2 .93339 .91724 .89751 .86681 .83062
298.2 .95505 .93900 .91919 .89504 .86414
0.689 318.2 .94272 .92628 .91105 .88037 .84797
338.2 .93367 .91750 .89781 .86715 .83112
298.2 .95671 .94075 .92106 .89709 .86642
3.447 318.2 .94460 .92821 .91298 .88266 .85042
338.2 .93558 .91970 .90008 .86984 .83428
298.2 .95858 .94279 .92319 .89941 .86917
6.895 318.2 .94657 .93034 .91541 .88535 .85346
338.2 .93782 .92206 .90277 .87278 .83763
298.2 .96226 .94648 .92745 .90411 .87456
13.79 318.2 . 95066 .93471 .91997 .89045 .85944
338.2 .94244 .92703 .90807 .87885 .84442
298.2 . 96586 .95041 .93151 .90858 .87946
20,685 318.2 .95448 .93883 .92431 .89538 .86508
338.2 .94675 .93167 .91295 .88434 .85085
298.2 .96937 .95419 .93571 .91293 .88454
27.58 318.2 .95835 .94291 .92869 .90027 .87063
338.2 .95089 .93599 .91770 .88962 .85678
298.2 .97283 .95790 .93962 .91727 .88922
34.475 318.2 .96214 .94687 .93292 .90494 .87562
338.2 .95487 .92224 .89466 .86246
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DENSITY OF BENZENE + TOLUENE

TABLE 5:

AT 298.2K, 318.2K & 338.2K

Pres(MPa) T (K) X1
0.00 0.25 0.5 0.75 1.00
298.2 .85191 .85388 .85636 .85943 .86374
0.1 318.2 .83875 . 84009 .84196 .84430 .84752
338.2 .82415 .82543 .82676 .82860 .83062
298.2 .85233 .85430 .85678 .85989 .86414
0.689 318.2 .83905 .84042 .84223 .84459 .84767
338.2 .82463 .82590 .82724 .82910 .83098
298.2 .85450 .85653 .85901 .86214 .86642
3.447 318.2 .84144 .84289 .84468 .84712 .85014
338.2 .82751 .82889 .83028 .83206 .83408
298.2 .85700 .85903 .86156 .86481 .86917
6.895 318.2 .84437 .84577 .84769 .85011 .85319
338.2 .83069 .83203 .83355 .83547 .83749
298.2 .86176 .86398 .86661 .86976 .87456
13.79 318.2 .84985 .85136 .85339 .85597 .85908
338.2 .83706 .83865 .83851 .84229 .84445
298.2 .86654 .86883 .87150 .87489 .87946
20,685 318.2 .85499 .85653 .85887 .86142 . 86469
338.2 .84301 .84451 .84629 .84840 .85093
298.2 .87113 .87352 .87628 .87972 .88454
27.58 318.2 .86018 .86171 .86402 .86679 .87017
338.2 .84845 .85003 .85289 .85422 .85692
298.2 .87561 .87800 .88082 .88428 .88922
34.475 318.2 .86492 .86662 .86898 .87178 .87530
338.2 .85359 .85551 .85748 .85973 .86290



DENSITY OF BENZENE + METHYLNAPTHALENE

TABLE 6:

AT 298.2K, 318.2K & 338.2K

Pres(MPa) T (K) X1
0.00 0.25 0.5 0.75 1.00
298.2 1.00566 .98136 .95196 .91292 .86374
0.1 318.2 .99360 .97461 .93828 .90757 .84776
338.2 .98650 .96628 .92918 .89084 .83062
298.2 1.00596 .98164 .95229 .91324 .86414
0.689 318.2 .99352 .97458 .93838 .90773 .84797
338.2 .98655 .96646 .92943 .89122 .83112
298.2 1.00735 .98321 .95407 .91526 .86642
3.447 318.2 .99512 .97635 .94034 .90988 .85042
338.2 .98822 .96839 .93157 .89385 .83428
298.2 1.00909 .98508 .95605 .91755 .86917
6.895 318.2 .99693 .97824 .94261 .91240 .85346
338.2 .99029 .97051 .93402 .89632 .83763
298.2 1.01242 .98868 .96001 .92200 .87456
13.79 318.2 1.00074 .98221 .94706 .91721 .85944
338.2 .99479 .97492 .93905 .90223 .84442
298.2 1,01582 .99231 .96396 .92656 .87946
20.685 318.2 1.00437 .98606 .95127 .92196 .86508
338.2 .99871 .97918 .94383 .90764 .85085
298.2 1.01905 .99574 .96787 .93067 .88454
27.58 318.2 1.00787 .98981 .95550 .92651 .87063
338.2 1.00253 .98318 . 94848 .91264 .85678
298.2 1.02222 .99917 .97150 .93475 .88922
34.475 318.2 1.01125 .99344 .95940 .93094 .87562
338.2 1.00609 .98707 .95269 .91738 .86246



TABLE 7:
CONSTANTS OF EQUATION (1)

PURE COMPONENT Ko‘ Ko

REFERENCE Kél K62 Ko1 Ko2 AAD%
Toluene -11.08677 36.75960 853.3514 -1144.5598 .009
Benzene -12.73497 35.31400 692.01231 -866.2329 .017
M-Cresol 7.791875 -4.53251 1024.4754 -1388.1166 .011
1-Methylnapthalene -6.03599 28.28938 1528.391 -2339.657 017
Bicyclohexyl -31.21234 88,59727 1579.561 -2351.007 .011
Quinoline -22.53084 45.95379 1574.177 -2447.529 .023

Tetralin 13.242625 -12.37027 1173.597 -1657.2045 .013



TABLE 8:

il

RESULTS OF CORRESPONDING STATES CALCULATIONS

Binary System

Benzene +

1-Methylnapthalene

Tetralin

Toluene

Quinoline

M-Cresol

Bicyclohexyl

# of Data
Points

252

252

252

252

252

252

N2

0.886
0.923
1.003
0.804
0.987

1.038

AADEV %

1.63

1.33

0.039

3.146

0.152

0.358
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vaicuiauon o1 1ranspon Properties of Mixtures for Synfuels Process

A genersiized corresponding siztes principle based on two nonspherical refersnce fluids has been used to correlate
and predict the viscosities and thermal conductivities of mixtures of interest In synfusis process design. It is shown
that an appropriate choice of reference fiuids leads to good pradictions of the transport properties over a range
of pressures and temperatres for both defined and undefined mixtires. The need for reference fluid transport

Design |
Amyn §. Tejs,” Paud A. Thumer, and Bapl Pasumarti
School of Chermical Engineering, Georpis Institse of Technoiogy, Atnta, Geargis 30332
property data i discussed.

Introduction

Methods for the calculation of thermodynamic and
transport properties are required in the design of processes
for coal gasification and liquefaction. However, since coal
fluids and synfuels typically consist of a variety of com-
ponents including polycyclic and polynuclear aromatic
hydrocarbonas, traditional methods for estimating transport
properties are often inapplicable to synfuels. Moreover,
the range of temperatures and pressures encountered in
synfuels plants and the analytical problems of indentifying
the components compounds the difficulties associated with
the task of physical properties estimation.

Some progress toward obtaining transport properties
correlations has been made recently by Brulé and Starling
(1982), Hwang et al. (1982), and Baltatu et al. (1983). All
these correlations are based on some form of the Corre-
sponding States Principle. An alternative formulation of
this principle, termed the Generalized Corresponding
States Principle (GCSP), is presented in this work. When
combined with a new set of mixing rules, the GCSP me-
thod is shown to lead to accurate calculations of viscosities
and thermal conductivities of defined mixtures of interest
in synfuels processing. The new method is also shown to
work well for coal liquids.

The Generalized Corresponding States Method

A pure fluid (with critical properties T, P,, V., and
molecular weight M) is defined to be in corresponding
states with a reference fluid o, if the reduced property X
(where X may be the compressibility, reduced viscosity,
reduced thermal conductivity, or reduced diffusivity) of
the two substances at the same reduced temperature Ty
and reduced pressure Py is given by

X[Tg, Pg] = X°(Tg, Py] 1)

It should be noted here that correspondence defined in
terms of the same reduced temperature and pressure is not
pecessarily equivalent to correspondence defined in terma
of reduced temperature and density (the exception being
the case when the critical compressibilities of the two fluids
are equal). This formulation of the Corresponding States
Principle therefore differs from the formulation adopted
by Brule et al. (1982a,b), Ely and Hanley (1981,1983), and
others (Murad and Gubhins, 1977, Rowlinson and Watson,
1869).

Equation 1 is strictly valid only for pairs of substances
{such as argon and krypton) in which the molecules in-
teract with spherically symmetric two-parameter poten-
tials. The resulting statement then describes the two-
parameter corresponding states principle and the super-
script o denotes the properties of a spherical reference
substance.

In the more general case of nonspherical molecules,
Pitzer et al. (1955) have shown that eq 1 for the com-
pressibility Z may be written as

Z[Tyg, Pg] = Z°[Ty, Pp] + wZ![Ty, Py) 2)

where w is the acentric factor and Z! is a departure
Rinmtinm Lriintine D aass ha snanred as o fivat_ardar Tavlar

REQU 1 (003,62-63)

REQU 2 (003,26-27)



4Z[Ty, Pyl
Z[Ty, Ppw] = Z[Ty, Pp,w = 0] + W—TL @)

Analogous expansions for transport properties have been
proposed by Jossi et al. (1962), Letaou and Stiel (1972),
Roy and Thodos (1970}, and Stiel and Thodos (1964). To
adopt the Pitzer et al. corresponding states principle for
easy use on digital computers, Lee and Kesler (1975) re-
placed the derivative in eq 3 by its finite difference ap-
proximation

8Z[ Ty, Pll]L - Z[ Ty, Pp, @] = Z[ Ty, P, w = 0]

L "

where w, represents the acentric factor for some appro-
priately chosen reference fluid. Thus, eq 3 becomes

z[Tlv PR- “’] =
2Ty, Py + f;tzwr., Py, @] - Z°( Ty, Ppl} (5)

“@

They then used an eleven-constant modified Benedict-
Webb-Rubin equation for essentially argon to represent
2Z°, and for essentially n-octane to represent Z'. The result
was an accurate, analytic CSP for nonpolar fluids.

While eq 5 leads to good predictions for hydrocarbons,
it is much less accurate for molecules with permanent
dipoles and/or quadrupoles. This is because the method
is an expansion in acentricity only and, more importantly,
because both reference fluids (argon and n-octane) are
nonpolar.

Real molecules can be both nonspherical and polar. To
develop a corresponding states principle for such fluids,
it is useful to consider the insights obtained from statistical
mechanical perturbation theory. One statistical mechan-
ical approach (Flytzani-Stephanopoulis et al., 1975) has
been to use a multidimensional Taylor series expansion
in nonsphericity, dimensionless dipole moment, and other
appropriately chosen parameters. Unfortunately, it has
proved difficult to obtain the contributions of the various
terms in the expansion. Moreover, synergistic effects
between nonsphericity and dipole moment do not appear
in the first-order terms which are normally used in cor-
responding states methods.

Perturbation theory calculations do, however, demon-
strate that accuracy is greater and convergence is more
rapid if the reference fluid for the expansion is very similar
to the fluid under study. This suggests that the reference
fluids for a corresponding states theory should not be
restricted to argon and n-octane, as in the Lee-Kesler
method. Moreover, these reference fluids need not be the
same for all fluids but should be chosen such that they are
similar to the fluids of interest.

Therefore, we have proposed (Teja, 1980; Teja et al.,
1981a,b,c) the following generalized corresponding states
principle (GCSP)

-,
Ta. Py, 8] = X[ Ty, P, + X[ Tg, Py,
X(Ty, Py, 8] [nm'z]',_’,llmn

#?) = X[ Tp, Pn 0"1'( 6

Here X is any dimensionless configurational property such
as the compressibility or enthalpy departure or it can also
be the reduced viscosity, therma) conductivity, or diffu-
sivity. rl and r2 refer to appropriately chosen reference
fluids, and 8 is some characterizing property. Although
# was taken to be the acentric factor in the work discussed
below, other characterizing parameters could equally have
been chosen.

The use of eq 6 in calculating high-accuracy liquid
densities (Teja, 1980), vapor pressures (Teja et al., 1981a),
vapor-liquid equilibria (Wong et al., 1983), and other
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When applying corresponding states theory to mixtures,
an appropriate choice of mixture pseudocritical properties
must first be made. For defined mixtures, we have shown
(Wong et al, 1983) that the mixing rules given below are
especially useful for a large range of mixtures including
asymmetric mixtures and mixtures containing polar com-
ponents. The mixing rules are

(T, /P = Z? zx il Ty /Paj)*? )]

]
T./P. = );.g 2x3{(Tg;/Pa)) ®
T2/P. = Z);. zx{(Ty/Pg)) 9

[ 4

with

Ty = b T T (10
Pyj = BT.;/((Tej/Pa)™+ (Ty; /PN (11)
w; - 1/2(0“ + Ujj) 12)

Equations 8-11 are somewhat different from the commonly
used van der Waals one-fluid mixing rules, but they be-
come identical with the van der Waals rules when the
critical compressibilities of the components are equal. In
addition, eq 7 and 12 reduce to the more common linear
mixing rule for the acentric factor when the components
are qf equal size. In the more general case, however, a
nonlinear mixing rule for the acentric factor is required
(Starling et al., 1979).

The mizing rules given above, based on semitheoretical
and semiempirical arguments, have been shown to work
well for thermodynamic properties and phase equilibria.
They offer the advantage that they do not contain the
critical volume, which is subject to greater experimental
errors than the critical temperature and pressure. These
mixing rules have been retained for the calculation of
transport properties in this work.

The components of undefined mixtures such as distill-
able coal-fluid fractions cannot, of course, be identified.
Such a mixture may, however, be treated either as a
mixture of pseudocomponents or as a single pseudocom-
ponent. In general, the second approach is adopted when
the bulk properties (e.g., viscosity) of a single-phase system
are o be calculated and the first approach is adopted when
the properties (e.g., VLE) of multiphase systems are to be
calculated.

The undefined coal liquid fractions studied in this work
were treated as single pseudocomponents. The charac-
terization parameters (T, P, and w) required in the GCSP
calculations were calculated using two methods.. The
method of Wilson et al. (1981) for coal Liquids gives

log T, = 1.0719 + 0.38882 log SG + 0.66709 log T,

(13)
log P, = 1.05918 - 0.05445K,, + 3.12579(1 - T,/ T.)
14)
K, = (1.8T,)\/3/SG 15
= {In (1.01325/P,) - f@f /fV (16)

fe = 5.92714 - 6.09648 (T, /T.) -
1.28862 In (T, /T.) + 0.169347(T,/T.)* (17)

f = 15.2518 - 15.6875/(T,/T.) -
134721 In (T, /T.) + 0.43577(T.,/ T.)® (18)



wl;;e T), is the average boiling point m K and 5y is the

specific gravity at 60 °F/60 °F. The units of T, and P,
are K and bar, respectively.
The correlations of Brule et al. (1982b) are given by
T =
* 429138 + 0.886861T) - 4.596433 X 10°T,? -
2 410089 X 10-3API x T, + 1.630489 X 107 T3 -
9.323778 x 107API x T}? - 1.430628 X 10°APP x
T\% (T, in °F and 7, in K) (19)
API = 141.5/SG - 131.5 (20)
V.=
8.01514M1 9347 x (SG)0®4™.  (V, in cm? g-mol™) (21)

4 = 333.333 + 151.244(T,/T)) - 519.841(T,/T) +
88.9063(T,/ To)¢ + 1255.01 log (T}, /To) (22)

4 = w[1 + 0.106683 sin (4xw) + 0.0139024 cos (47w) -
0.00992134 sin (8xw) + 0.01993780 cos (8xw) -
0.03202890 sin (127w) <0.0115012 cos (127w)] (23)

Z, = 1/(1.28w + 3.41) (24)

P =ZRT./V. (25)

Here, the acentric factor is found by trial and error using
eq 22 and 23 and SG is the specific gravity at 68 *F/68
*F. M is the average molecular weight which can be
calculated from T, and SG if it is not known (see, for
example eq 30 of Brule et al., 1982b).

The Wilson and Starling correlations allow the calcu-
lation of the characterizing parameters (T, P, and w)
required in the GCSP calculations. It should be added
here that the GCSP is formulated in terms of the readily
availsble conditions of temperature and pressure. No
density calculations are required, unlike the currently
available methods (Brule and Starling, 1981a).

Viscosity Calculations

For the calculation of viscosity n of a pure fluid or
mixture, eq 6 is written in terms of In ny

(n ) = G " + 220 ) - Gn w0 26)
where
SR = ,,TJ/@’:’/' (27)

Use of eq 26 requires knowledge of the viscosity of two
reference fluids as a function of reduced temperature and
pressure. A compilation by Stephan and Lucas (1379) was
used to obtain these data. Stephan and Lucas have tab-
ulated the viscosities of a number of pure fluids over
considerable ranges of temperature and pressure. In this
work, the viscosity tables were first converted to tables of
In 7y va. Ty and Pp. Two-variable linear interpolation was
then used between appropriate values of Py and 1/ T to
obtain a particular reduced reference viscosity, In nz. The
reference fluid viscosities were then combined in eq 26 to
obtain the viscosity of interest.

Defined Mixtures. Before applying the GCSP method
to undefined coal liquids, it was necessary to test the
technique on defined mixtures over a range of pressures
and temperatures.

Table 1 gives the results of our calculations for & binary
mixture of methane + n-butane (x, = 0.384). In these
calculations, the two pure components were used as the
reference fluids and the data for the pure components were

taken from the compilation by Stephan and Lucas. The
—iwinn wiilas oivan in an 7=17 wers 1aad in the calculation

Of Z/5—411 K and a pressure range of 30-350 ber, the
percent deviation between predicted and experimental
viscosities ranged from —5.0% to +0.8% with the average
absolute deviation being 2.78% . For temperatures between
444 and 511 K (with pressures up to 350 bar), the reference
fluid data for n-butane had to be extrapolated to the
mixture reduced conditions. Percent devistions were now
greater and ranged from -0.5% to -27% with average
absolute devistions of 13.02%. However, no binary
coefficients were used in the calculations (i.e., §;; was set
equal to 1.0). With a binary interaction coefficient §;, =
1.03, the overall average deviations could be reduced to
2.34%, with the exception of the data at 511 K. It is
obvious that less confidence can be given to the predictions
when reference fluid dsta have to be extrapolated over an

| extended range of conditions.

Table II summarizes our results for the methane + n-
decane system. In this case, an average absolute deviation
of 20.2% was obtained if the binary interaction coefficient
was set equal to 1.0. The deviation could be reduced to
1.76% if a single binary interaction coefficient, inde-
pendent of temperature, pressure, and composition, is used
in the calculations. Very few dsata on aromatic mixtures
could be found in the literature and, indeed, high-pressure
data for such mixtures are nonexistent. Our results for
the benzene + n-hexane system at 1 atin are also given in
Table II. Good predictions for this system could be ob-
tained at all temperatures and compositions without the
use of binary interaction coefficients. More experimental
data for aromatic mixtures at high pressures, however, are
needed to aid in the development of the method.

Undefined Coal Liquid Mixtures. Coal liquids are
complex and essentially unknown mixtures, having some
characteristics of petroleum fluids but a high degree of
aromaticity. A petroleum type reference fluid, n-decane,
and an aromatic reference fluid, benzene, were therefore
chosen for the GCSP calculations. The viscosities of
benzene and n-decane were obtained in tabular form from
the compilation by Stephan and Lucas. Values of the
viscosity at particular values of reduced temperature and
pressure were obtained by numerical interpolation from
the tables.

Four Exxon coal liquids (THS, 1A-3, 1A-6, and 1A-10)

' were examined in this work. The coal liquids were treated

—————

e . ¢ —

as single pseudocomponents, and their characterization
parameters (T, P, and w) were calculated using the Wilson
et al. (eq 13-18) and the Starling et al. (eq 19-25) corre-
lations. It should be noted that neither critical volumes
nor densities were required in the GCSP calculations. The
Wilson and Starling correlations for T, P, @ require the
average boiling point T, and the specific gravity SG of the
coal liquids. The Starling correlation also uses the mo-
lecular weight M, but this can be estimated from T, if
necessary. For the Exxon coal liquids, T, and M were
given, but the specific gravity was not. The specific gravity
was therefore extrapolated from the reported density data.

" The Starling correlation uses the SG at 68 *°F/68 °F,
. whereas the Wilson correlation follows the petroleum
. standards of SG at 60 *F/60 *F. The difference between
i the two specific gravities, however, ranged from 0.3% to

0.4% and could be neglected. The calculated character-
ization parameters from the two correlations are given in
Table 111

The results for the viscosity predictions for the four coal
liquids are presented in Table IV. The average absolute
deviation for all 209 data points was 13.6% when T, P,,
w were calculated from the Starling correlation and 17.8%
when the characterization parameters were calculated from
the Wilson correlation. Since the coal liquids were treated
as single pseudocomponents, no binary interaction pa-
rameters were used in the calculstions (i.e., the viscosities
of coal liquids were calculated solely from the properties

af el mfnemman Al e dacama an A hansana v Alehaiiah



the results are satisfactory, it is likely that even lower
deviations would have been obtained if a characterization
parameter based on viscosity rather than one based on
vapor pressures (i.e., the acentric factor ) bad been used
in the calculations.

When gach coal liquid is examined separately, the
Wilson Starling characterization parameters lead to
similar predictions for the IHS liquid (average abeolute
deviations of 14.0 and 14.6%, respectively) and for the JA-3
liquid (10.0 and 11.3%, respectively). However, for the
1A-6 and 1A-10 liquids, better results are obtained when
parameters from the Starling correlations are used.

When the data for all coal liquids were grouped ac-
cording to temperature, greater deviations (24%) were
obeerved at the higher temperatures (>700 K) as shown
in Table V. Because of the scarcity of experimental data
for the reference fluids at high temperatures, some ex-
trapolation of the data proved necessary. Hence it was not
surprising that greater deviations were observed at these
temperatures. In addition, the viscosity at high temper-
atures is an order of magnitude smaller than the viscosity
at ambient temperatures and is thus much more sensitive
to extrapolation in reference fluid properties. No trends
were observed in deviations with pressure, aimilar devia-
tions between experimental and calculated viscosities being
obtained at both low and high pressures. -

Thermal Conductivity Calculations

Equation 6 for the thermal conductivity A of a pure fluid
or fluid mixture may be written as

- W"
AR = AR" + :I! — w"‘xnﬂ - Anﬂl (28)
where
A = AMV2TM8p,-213 (29)

and the superscripts rl1 and r2 again refer to the properties
of two reference fluids.

‘The absolute thermal conductivity A of any fluid is made
up of two contributions (Ely and Hanley, 1983)

A=A+ Agen (30)

For polyatomic fluids at low densities, the internal degrees
of freedom make important contributions to the thermal
conductivity. The internal contributions are given by
(Reid et al., 1977)

Ag: = 1.32 n.(C,— gR)/M

where 5, is the dilute gas viscosity and C; is the heat
capacity. The dilute gas viscosity n, may be obtained from
the relationship

2 = 2689(MT)/2 /20, (32)
Here, n, is in cP, 7 in K, the molecular diameter ¢ in A,

and Q, 1s the collision integral given by (Neufeld et al.,
1972)

81)

A c E
0= it ep07) T e F 1Y)
where 7% = KT/¢, A = 1.16145, B = 0.14874, C = 0.52487,

D = 0.77320, E = 2.16178, F = 2.43787, and ¢ is the po-
tential energy parameter.

(33)

Because C, in eq 31 differs from gas to gas at the same
reduced temperature, any corresponding states treatment
cannot adequately take into account the contribution of
the internal degrees of freedom to the thermal conduc-
tivity, unless the contribution is small. Hence eq 28 must

ha written ag

-l g 2 W _ i
A XRA'*;;,—_V‘;{MI' X{'l"’h (34)
where
Ap = A M'/IT }/EP 2/ (35)
and
Ag- = Mg M'AT VOP A3 (36)

Thermal conductivities of a number of pure fluids were
calculated using both eq 28 and 34. The results are sum-
marized in Table VL. Only the dense fluid region was

~ considered (P > 10 bar), as this region is likely to be of

greatest interest in synfuel procesees. The reference fluids

_ used in each case are also given in Table VI. Reference

fluid data were obtained from the NBS TRAPP data bank
(Ely and Hanley, 1981a). Numerical linear interpolation

. was used to obtain the thermal conductivity of a particular
~ reference fluid at a given reduced temperature and pres-

sure. As can be seen from our resuits, the average absolute

- deviations between experimental and calculated values
. were very similar for eq 28 and 34. It appears that the

small contribution from the internal degrees of freedom
can be obtained from the properties of the reference fluids,
provided appropriate reference fluids are chosen. Equation
28 was therefore used in all subsequent calculations.

Defined Mixtures. The results for three defined

" mixtures using the GCSP method with the mixing rules

given by eq 7-12 are presented in Table VII. All exper-
imental data were obtained from the NBS TRAPP data
bank. The pure components were used as the reference
fluids. The average absolute deviation for the 620 mixture
data points covering a temperature range of 293-573 K and

. & pressure range of 50-500 bar was found to be 4.59% with

the binary interaction coefficient set equal to 1.0. When
a single binary interaction coefficient (£,,®) independent
of temperature, pressure, and composition, was determined

' for each system, the average absolute deviation could be

reduced to 2.68% over the whole temperature and pressure

" range considered.

Undefined Coal Liquid Mixtures. Experimental data
on the thermal conductivity of two coal liquid fractions
have recently become available (Perkins et al., 1983).
These data cover the temperature and pressure range from
ambient conditions to 49 K and 136 bar, respectively, for
an SRC-I fraction and a Utah COED fraction. Charac-
terization data for these fractions are given in Table VIII.
Included in this table are the parameters calculated from
the Starling and Wilson correlations. The highly aromatic
nature of these mixtures is obvious.

A summary of the results for the thermal conductivity
predictions for the two coal liquid fractions is presented
in Table IX. The two reference fluids used in the cal-
culations are the same as those used in the viscosity cal-
culations, i.e., n-decane and benzene. Data for the refer-
ence fluids were obtained from the TRAPP data bank.

~ The average absolute deviation for all 42 data points was

16.98% when T, P, and w were calculated from the
Starling correlation and 12.37% when the characterization
parameters were calculated from the Wilson correlation.
The Starling correlation resulted in better predictions for
the SRC-I fraction, however. It ahould be added that no
binary interaction parameters were used in the calcula-
tions, the thermal conductivities of the coal liquid fractions
being predicted solely from the thermal conductivities of
n-decane and benzene. The deviations between predictions
and experiment are therefore satisfactory. Moreover, no
noticeable increase in deviation could be detected with
either pressure or temperature.

In conclusion, the GCSP has been demonstrated to be
a powerful technique for the correlstion and prediction of
the trancnnrt nennerties nf mixtures of interest in synfuels



and pressures of interest. In this respect, it should be
mentioned that data for polycyclic aromatic hydrocarbons
and for defined mixtures containing these substances over
extended ranges of pressure and temperature are virtually
nonexistent in the literature. These data are necessary
both for developing reference fluid equations and for
testing corresponding states correlations. The limited data
on real coal liquids available in the literature leads to the
conclusion that, for transport property prediction, coal
liquids can be treated as single peeudocomponents and the

iz (T, P, w) can be calculated from
readily available properties (T, SG, M) via correlations
such as those of Starling and Wilson. It is probable that
a third (pseudocomponent) parameter based on viscosity
and/or thermal conductivity would lead to further im-
provement in the transport property predictions, rather
than the use of the acentric factor which is based on the
vapor pressure. However, the use of the acentric factor
does offer the advantage that the same values of all
characterization parameters are used for both thermody-
pamic and transport property predictions.
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Nomenclature

C, = heat capacity

/ = function defined in oq 17 and 18
K, = Watson characterization factor
M = molecular weight

P = pressure

R = gas constant

SG = gpecific gravity

T = temperature

V = volume

X = any thermodynamic or transport property
z = mole fraction

Z = compressibility

Greek Letters

¢ = potential energy parameter
.« = grientation parameter M delele
£ = binary interaction coefficient
¥ = viscosity

A = thermal cbnductivity

¢ = molecular diameter

# = characterization parameter
Q = collision integral

w = acentric factor

Subscripts

b = boiling point value

¢ = critical point value

i, J = component i, J



R = reduced

Superscripts
rl, r2 = reference fluid r1 and r2
o = gpherical reference fluid.
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Table 1. Viscosity Predictions for Methane + n-Butane

(x, = 0.396) (T, P, « from Reid ot al., 197T)

po. of press. mnge, AADR®* AAD %,
data temp, K bar (“ =10 [ T 1.03
12 7i8 80-350 242 055
12 31 80-350 264 1.39
1 344 80-350 257 1.48
11 378 80-350 189 193
1 an B0-350 466 277
12 “ 80-350 7.7 5.83
12 611 80-350 1824 1890
oversll AAD % 5.82 449
*AAD% = (100/m)T "]l - i/z_.; $278% if data at 511 K
are excluded.

INITIAL TABLE WIDTH IS SINGLE COLUMN

Table II. Viscosity Predictions of Binary Systems

1/

AAD %, AAD %,
x, po. of data tewmp range, K press. range, bar b2 = 1.0 b2 = £1™ £,
Methane + n-Decane
0.1 2 311444 80-350 7.38 1.96 1.45
0.3 21 311444 100-350 21.1 2.35 1.45
0.5 18 311444 170~350 335 265 145
Benzene + n-Hexzane
0.93 s 298-323 1 1.59 1.00
0.818 3 298-323 1 1.48 1.00
0.735 3 298-323 1 4.92 1.00
0.595 3 298~323 1 4.78 1.00
0.437 3 298323 1 7.42 1.00
INTTIAL TABLE WIDTH 1S DOUBLE COLUMN -
Table II1. Characterization Parameters of Coal Liquids
Starling correl Wilson correl
type T. K M  SG,60/60 S5G.68/68 T.K P, bar v T.K P bar v
IHS 544 179 0.9572 0.9541 762.5 26.1 0.4828 775.2 26.71 0.4333
1A-10 817 164 0.9634 0.9591 739.6 28.2 0.4325 751.2 80.33 0.3929
1A-6 833 172 0.9675 0.9641 7585.2 7.2 0.4560 7€7.9 28.86 0.4126
1A-3 819 167 1.0124 1.0086 762.0 28.45 0.4029 768.1 35.14 0.3703
INITTAL TABLE WIDTH IS DOUBLE COLUMN
Table IV. Viscosities of Coal Liquids Predicted by GSCP with Benzene and Decane as Reference Fluids
GCSP + GCSP +
type no. of points - temp range, K press. range, bar Wilson AAD % Starling AAD %
[HS 28 311-728 6.9-138 13.96 14.56
1A-3 ) 450700 13.8-138 9.97 11.28
1A-6 81 366.5-700 13.8-138 20.52 14.96
1A-10 73 366.5-700 13.8-138 19.14 1261
All date 209 311-728 6.5-138 17.79 13.61

INTTIAL TABLE WIDTH IS DOUBLE COLUMN

TnBle V. Temperature Breakdown of Viscosity Data for all

Coal Liquids .
GCSP + GCSP + Starling
tamp, K po. of points  Wilson AAD % AAD %
<366 43 10.44 6.92
450 86 19.66 1381
§33 60 19.7¢ 14.32
>700 24 21.04 24.06



Table V1. Thermal Conductivity Predictions for Pure Fluids (T, P, w from Reid ot ol 1977)

AAD %, AAD %,
Duid rof Buids temp range, K press. range, bar po. of data oq 18 oq

CH, Cy, nC, 21212 100-500 (13 11.19 9.58
n-C..H,, Cy n-G 2WH-425 481200 36 7.86 &)
a-CH,, Cy. n-Cy 73573 48434 112 6.39 433
n-C/H,, Cy, n-Cy 293453 1484 9 4.59 5.42

1sH n-Cy, n-Cyy 307-601 46~484 108 14.35 13.77
n-CyeH,, #-Cy, n-Cyy 313-533 96484 60 12.03 10.65
n-C;:Hy »-Cy, n-Cyy 813-553 48484 78 8.04 747

seHx n-Cy, n-Cyq 313573 96484 00 1.35 142
CeHCH, CeHy. CeHC,H, 303428 48484 140 5.77
CoH,C,H, CeHe CH(C H, 293453 192-1450 3 2.87
INTTIAL TABLE WIDTH IS DOUBLE COLUMN
Tabie VII. Thermal Conductivity Predictions for Binary Mixtures

b =10 bia = £™
system po. of points temp range, K press. range, bar AAD% £15™ AAD %

n-hexane + n-heptane 270 293-573 49494 6.83 1.1484 275
n-hexane + n-octane 270 293-573 45494 1.31 0.9839 1.03
CH, + CO, 80 335436 70413 813 1.1372 8.03
overall 620 4.59 268

INITIAL TABLE WIDTH IS DOUBLE COLUMN

Table VIII. Characterization Parameters for Coal Liquids

COED SRC-1

®*AP] 29.4 49.7
K, 108 11.2
M 135 132
saturates, % 76 61.2
olefins, % 4.0 1.0
aromatics, % 26.4 7.2

Starling Correlation
To K 881.9 565.2
P, bar 30.8 272
@ 0.4383 0.3035

Wilson Correlation
T.K 686.0 555.3
P, bar 7.2 30.9
@ 0.3789 0.2739

INITIAL TABLE WIDTH IS SINGLE COLUMN

Table IX. Thermal Conductivities of Coal Liquids Predicted by GCSP with Benzene and Decane as the Reference Fluids

GCSP + GCSP +
type po. of data temp range, K presa. range, bar Wilson AAD % Starling AAD %
BRC-1 24 302494 34-136 18.15 15.36
COED 18 207494 34-136 8.51 10.16
all data 42 12.73 16.98



The correlation and prediction of the viscosities of mixtures

over a wide range of pressure and temperature
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Abstract

A generalized corresponding states principle (GCSP) based on
the known properties of two reference fluids has been used to
correlate the viscosities of fluid mixtures over a wide range of
pressure and temperature. It is shown that good predictions of
the viscosities for a variety of mixtures can be obtained with
this method. Asymmetric mixtures, however, require the use of
one adjustable constant. Comparisons with the TRAPP method are
shown and the advantages and limitations of the two methods are

discussed.



INTRODUCTION

Methods for the calculation of thermodynamic and transport
properties are required in the design of process equipment and in
simulation studies. In particular, viscosity is an important
property in the determination of pressure drops in pipe flow and
in the calculation of power requirements for mixing and flow.
Since it is unlikely that experimental viscosities of all fluids
and fluid mixtures at all conditions of interest can be found in
the literature, methods for the estimation of this property are
of considerable importance.

For design calculations, a method for the estimation of any
physical property should be applicable over a wide range of
composition, temperature and pressure. Many of the currently
available methods for viscosity [1] are limited to specific
regions of the phase diagram and are not therefore useful when
wide ranges of conditions are encountered.

Some progress towards developing methods for the calculation
of viscosity of dense fluid mixtures has been made recently by
Brule and Starling [2], Ely and Hanley [3-4], Mo and Gubbins [5],

nd Christensen and Fredenslund [6]. All of these methods are

ﬂt

based on some form of the corresponding states pringiple which
requires the properties of one reference fluid. An alternative
formulation of this principle, based on the properties of two
reference fluids, is presented in this work. The one reference
fluid and two reference fluid methods are compared and the

limitations of each method are outlined.



THE CORRESPONDING STATES PRINCIPLE:

A pure fluid (with critical properties T v

c! c! c

molecular weight M) is defined to be in corresponding states with

a reference fluid o if at the same reduced temperature Tg (=T/T.)

and volume Vg (=V/VC) the following equations are valid:

Z = Z(o) [TR' VR] (1)
ng = ngt®) [Th, vyl (2)
where
= = -1/2 2/3 -1/2
Z 1is the compressibility and n the viscosity. For practical

convenience, since the two parameter <corresponding states
principle predicts a univepsal value for the critical
compressibility, equations [1-3] are often expressed in terms of
the reduced pressure Pp (= P/Pc) instead of the reduced volume Vg

as one of the independent variables. Thus, equivalently:

z = 2%°) [ry, Pyl (la)
ng = ngl®) [rg. PRl (2a)
ng = nE = mwl/2p ~2/3 ¢ 1/6 (3a)

The two parameter corresponding states principle is, however,
valid only for simple spherically symmetric molecules, such as
Ar, Kr, Xe, and perhaps, CHy -

Two different approaches have been adopted for extending the

principle to non-spherical fluids. In the first approach,



scaling factors (termed shape factors by Leland and co-workers
[7]) are introduced in the reduced temperature and volume as

follows:

Z = Z[TR/G, VR/¢] (4)
and

1 - (O)
NE' = N [T /0, Vi /¢] (5)

The shape factors 6,% vary with the temperature and volume and
their function is to define the state of the reference fluid that

corresponds to the state of the fluid of interest. Analyltical

expressions for the shape factors of the n-alkanes relative to
methane have been obtained by Leland and Chappelear [7] and can

be expressed as:

@
]

T+ (w=w o) £5[Ter Vil (6)

¢ = (2 /zc) 1 + (w - ) fz[TR; VR]} (7)

W
cref ref

where the w's are Pitzer's acentric factors and £, £, are
slowly varying functions of reduced temperature and volume.
Although the shape factors were originally obtained from the PVT
and vapor pressure behavior of the n-alkanes, they have been used
successfully for the prediction of other thermodynamic properties
[7-9] and for other fluids [10]. Recently, Ely and Hanley [3,4]
and Baltatu [11] have wused these shape factors for the

calculation of transport properties with some success.,

3



The second approach for extending the corresponding states
princple to non-spherical fluids involves a first-order
perturbation of the compressibility about its wvalue for a
spherical reference fluid, that is:
3z

I

w= 0] + w-——

w (8)

Z =2 [TR, Ppr
w=0
Here, the first term represents the compressibility of a
spherical reference fluid such as argon and the second term
represents a (complex) deviation function whose magnitude
increases with the acentric factor. This was the approach
adopted by Pitzer et al [12] for thermodynamic properties.
Similar expansions for transport properties have been proposed by
Thodos, Stiel and co-workers [13-15]. For ease of computation,
Lee and Kesler [16] replaced the derivative in eqn. (8) by its
finite difference approximation. Thus, egn. (8) becomes:
z = 2° (1g, P, +% (z°[ry, Pl - 2°[T . P} (9)

They then used a modified Benedict—Webb—Rﬁbin equation for argon
to represent z° and for n-octane to represent zF¥. The result was
an accurate, analytical CSP for nonpolar fluids.

While egn. (9) 1leads to good predictions for nonpolar
fluids, it is much less accurate for polar fluids. This is
because the method is a perturbation in the acentric factor only
and, more ‘importantly, because both reference fluids (argon and

n-octane) are nonpolar. To develop a corresponding states

4



principle for such fluids, it is useful to consider the insights
obtained from statistical mechanical perturbation theory.
Perturbation theory calculations demonstrate that accuracy is
greater and convergence is more rapid if the reference fluid for
the expansion is very similar to the fluid under study. This
suggests that the reference fluids for a corresponding states
theory should not be restricted to argon and n-octane, as in the
Lee-Kesler method. Moreover, these reference fluids need not be
the same for all fluids but should be chosen such that they are
similar to the fluid of interest. Therefore, we have proposed
[17-20] the following generalized corresponding states principle

(GeCsp):

rl

_ ,orl rl W= r2 r2
zZ =12 [TRI Por @ ] ( > ‘rl) {z [TRI Por ]
w - W
- 2y, py, WD) (10)
and for the viscosity [19]:
rl
_ orl rl W o= w r2 r2
X =X [TRI PRI w T] + (‘—‘—_—wrz ~ wrl) {x [TRI PRI w <]
-x"H T, o, WMD) (11)
where
X = 1ln (ng) (12)

In these equations, rl and r2 represent two (non-spherical)

5



reference fluids which are chosen such that they are similar to
the fluid(s) of interest. It should be noted that when wrl =0
(ie. one of the reference fluids is spherical), egn. (10) reduces
to the Lee-Kesler corresponding states principle (egn. 9).

When applying corresponding states theory to mixtures, an
appropriate choice of mixture pseudocritical properties must

first be made. For viscosity calculations with the shape factor

approach, Ely and co-workers [3, 21] have used the mixing model

given by:
Tem Vem = ] § X% 5(Toi4855) (Vei4044) (13)
Vem = I Doxyxy (Voi5955) (14)
i
/2y 473 w12 _ 5 opxxa(r .0, 02 (v .. 4. 033w, Y2 (15
cm cm m i§ 13 7eiii] cij’ij ij

When 1i#j, the cross-terms are obtained using:

T .8, = (T ..8,.T ..6..)1/2 (16)
cijij cii ii‘eij 3
and
1 1/3 1/3, 3
Veig®ig =8 Weig 030777 + (V50457773 (17)
Mij = 2 MiMj/(Mi + Mj) (18)

Equations (13) and (14) represent the "van der Waals one-fluid"



mixing rules for the calculation of the pseudocriticals.
Although they are not exact, the van der Waals mixing rules are
satisfactory if the components of a mixture are not too
dissimilar. 1In practice, the rules break down when the ratio of
the critical volumes of the components of a mixture exceeds about
3.0 [22]. In their most recent work, Ely and Baker [21] have
modified egn. (5) by adding a term to account for differences in
size as follows:

(0)

ng' = ™ [TR/er VR/¢] + An

ENS

mix (5a)

where Ani?i, the correction for size differences, is given by Ely
[23]. The mass mixing rule (eqn. 15) was obtained by Ely and
Hanley [3] by scaling the equations for the radial distribution
function for a' fluid in nonequilibrium due to the presence of
shear. 1t differs from the mass mixing rule of Mo and Gubbins
[5] who considered the generalized Enskog theory.

Given the properties of a reference fluid (such as methane)
and the shape factors (obtained from PVT and saturation data) for
the fluids of interest, viscosities may be predicted using eqgns.
(5a) and (13-18).

For viscosity calculations wusing the Pitzer approach, we

have used the mixing model proposed by Wong et al [20] and given

by:
(T 2/9 ) = L I x.x (T2 /P ) (19)
cm cm i3 i™3 cij’ " cij
(T /Pop) = I F X %y (Tcij/Pcij) (20)
17



2/3 x.x. (7 ../p .23

® (Tcm/Pc ) i™] cij’ " eij ij

m m (21)

(P
e

Equations (19) and (20) are somewhat different from the commonly
used van der Waals one-fluid mixing rules, but become identical
to the van der Waals rules when the critical compressibilities of
the components are eqgual (since we have assumed that Ve is
replaceable by Tc/Pc in the van der Waals one-fluid model).
Equation (21) may be justified by noting that the acentric factor
characterizes the nonsphericity or size/shape of the molecule and

2/3, being essentially proportional to the surface area,

(T /P )
characterizes the interaction between molecules. It was used
successfully by Wong et al [20] in their phase equilibrium
calculations using the GCSP.

To complete the model, a mixing rule for mass is needed. For

simplicity, we have chosen the mass balance given by:
M =2 x.M, (22)
i

Although this differs from the more complex mass mixing rules
proposed by Mo and Gubbins [5] and Ely and Hanley [3], we have
found that the simple rule works well in transport property
calculations using the GCSP. Moreover, as shown below, a binary
interaction coefficient can be incorporated in the calculations
to allow for the deficiencies of the complete model represented
by egns. (19-22).

When 1#]



Teij = %i3 (TeiiTejy) (23)
1/3 _ 1 1/3 1/3
(TCIj/PCIJ) =35 (T 4;/Py;) + (chj/pcjj) } (24)
=£(w + w ) (25)
ij — 2 tUii 33

In egn. (23), gij is a binary interaction coefficient which is
usually set equal to unity. It differs from unity in systems in
which there are significant differences in size and in which the
van der Waals one fluid model 1is known to be a poor
approximation. An alternative approach to having an
experimentally-determined binary interaction coefficient would be
to add a size correction term as was done by Ely (egn. 5a). We’
have chosen to follow the former approach as the binary
interaction coefficient allows us to account for limitations of
the mixing model represented by egns. (19-25).

The mixing rules given above offer the advantage that they
do not contain the critical volume, which is subject to greater
experimental errors than the critical pressure and temperature,
Moreover, it should be added that the two extended corresponding
states approaches (the shape factor approach and the acentric
factor expansion approach) are not equivalent for nonspherical
molecules since correspondence at the same Ty and Pp is not the
same as correspondence at the same Ty and Vp. Finally, when
calculating the viscosity at a given temperature and pressure,
the shape factor approach requires a density calculation whereas

the GCSP method does not. It should also be noted that the shape
9



factor method requires accurate viscosities and PVT data for one
(spherical) reference fluid whereas the GCSP method requires
viscosities (but no PVT data) for two reference fluids.

In this work, it is shown that with an appropriate choice of
reference fluids, the GCSP approach may be used to correlate and
predict the viscosities of a variety of mixtures over a wide
range of temperatures, pressures and compositions. The approach
is also compared with the shape factor approach of Ely and co-
workers.

RESULTS AND CONCLUSIONS

We have compared the viscosity predictions of the two

corresponding states methods for a number of binary mixtures.
The first method uses shape factors and is available in a
computer package (TRAPP) from GPA and the National Bureau of
Standards. It has been described most recently by Ely and Baker
[21] and requires accurate properties (both PVT and viscosities)
of methane as well as the size difference correction of Ely
[231]. No binary interaction coefficients are used, so that no
viscosity data (other than those of the single reference fluid)
are required.

In the second method, the Generalized Corresponding States
Principle (GCSP) described above has been used. Use of the GCSP
requires a knowledge of the viscosity of two reference fluids as
a function of reduced temperature and pressure. A compilation by
Stephan and Lucas [24] was used to obtain these data. Stephan
and Lucas have tabulated the viscosities of a number of pure

fluids over the dense fluid region. These data were used,

10



together with linear interpolation and, in some cases,
extrapolation to obtain the reference fluid viscosities at the
conditions of interest. This method has the advantage that the
data can easily be changed when better data become available
without having to refit the reference equation of state or the
shape factor correlations. However, because of the present lack
of "wide-range®" data for many fluids, only a limited choice of
reference fluids is available. Moreover, for the fluids studied
in this work, reference fluid data often needed to be
extrapoclated leading to larger than average errors. Moreover, in
this work, the pure components were used as the reference
fluids. This was a matter of accuracy and convenience, rather
than a requirement of the method. 1In another paper [25] we have
shown that the viscosity and thermal conductivity of several coal
liquids can be <calculated using benzene and n-decane as the
reference fluids. Thus, if the pure component reference fluid
data were not available, other (similar) reference fluids could
equally have been used. Given the properties of the reference
fluids, the GCSP method (like the TRAPP method) requires only the
critical properties, acentric factors and molecular weights of
the fluids of interest. If a binary interaction coefficient is
included in the calculations, however, then viscosity data for
the particular system must be used for its evaluation. 1In this
case, the method becomes one of <correlation rather than
prediction.

Comparison of experimental and calculated values of the

viscosity of several binary mixtures using both the GCSP and the

11



TRAPP methods are shown below.

(a) Methane + n-butane (xl = 0.396)

For a mixture of methane and n-butane over a temperature
range 278-411 K and a pressure range 1-350 bar, the percent
deviation between predicted and experimental viscosities using
the GCSP method ranged from -5.0% to +0.8% with an average
absolute deviation (AAD) of 2.78%. The AAD for the TRAPP method
was 6.49%. No binary interaction coefficients were used in
either method. For temperatures between 444 K and 511 K,
however, the AAD for the GCSP method was 13.02% whereas the TRAPP
method gave an AAD of 6.20%. The reason for fhe increase in the
AAD for the GCSP method becomes obvious when the data required by
the method are analyzed. The mixing rules (egns. 19-25) give a
pseudo-critical temperature o¢f the methane + n-butane mixture of
348.2 K. A mixture temperature of 511 K therefore corresponds to
a reduced temperature of 1.47. Since the critical temperatures
of methane and butane (the two reference fluids) are 190.7 K and
425.2 K respectively, the viscosities of methane at 280.2 K and
of n-butane at 625.0 K are required in the calculations. Data
for n-butane were only available in intervals of 20 K up to 520
K. The viscosity of n-butane at 625 K was therefore obtained by
an extrapolation of the data at 500 K and 520 K. It is obvious
that 1less <confidence c¢an be given to the predictions when
reference fluid data have to be extrapolated over an extended
range of conditions. The TRAPP method does not .require such

extrapolations and average errors were in the region of six
12



percent over the range of temperatures and pressures studied, as
can be seen in Table 1. However, when reference fluid data did
not have to be extrapolated, then better predictions were

obtained with the GCSP method.

(b) Ethane + ethylene

Results for the ethane + ethylene system for three different
compositions over a temperature range 323 K - 473 K and a
pressure range 1-600 bar are shown in Table 2. For this system,
no extrapolation of the reference fluid data was required. For
all 176 data points, the GCSP method gave an AAD of 6.93% and the
TRAPP method gave an AAD of 7.34%. No binary interaction

coefficients were used in either method.

{c) Benzene + n-hexane and benzene + n-decane

Results for these two systems containing an aromatic
compound are presented in Table 3. Experimental data were
available at atmospheric pressure and over a limted temperature
range, The GCSP method gave an AAD of 4.0% for the benzene + n-
hexane system and 8.8% for the more asymmetric benzene + n-decane
system. The TRAPP method, on the other hand, gave very large
errors for the benzene + n-hexane system ranging from 20% at the
lowest temperatures to 100% at 323 K. This was due to the
methane reference with shape factors predicting the wrong phase
at 323 K. It is obvious that the ability of the GCSP method to
use different reference fluids offers a tremendous advantage in

the prediction of viscosities of components for which the shape
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factors are not valid. No binary interaction coefficients were

used.

(d) Methane + n-decane

Results for the methane + n~decane system are presented in
Table 4. This sytem is highly asymmetric (with the ratio of the
critical volumes of the two components being greater than 6) and
it is obvious that the modified van der Waals mixing rule
combined with the linear mass mixing rule (egns. 19-25) does not
work well for this type of mixture. The GCSP method gives an AAD
of 20.2% when no binary interaction coefficient is used in the
calculations. The AAD can be reduced to 2.31% when a value of

Elz = 1.45 is wused 1in the calculations. In contrast, the
viscosity of methane + n-~decane mixtures can be predicted to
within ten percent by the TRAPP method. It appears that the
Enskog correction to the mixing rules for asymmetric mixtures

introducted by Ely [23] in the TRAPP method works well for this

system.

(e) Hydrogen + nitrogen

Results for hydrogen + nitrogen mixtures are summarized in
Table 5. Mixture data were available at two different mole
fractions of hydrogen (0.46 and 0.75) over a temperature range of
288 K - 523 K and a pressure range of 1 - 800 bar. Although
reference fluid data for hydrogen had to be extrapolated beyond
200 bar, the GCSP method gave an AAD of 8.24% without any binary

interaction coefficients. The TRAPP method was less successful

14



in predicting the viscosities of this system, giving an AAD of
19.05%.

In an effort to reduce errors even further, effective
critical temperatures and pressures for the quantum fluid
(hydrogen) were used in the calculations [26]. The results are
also shown in Table 5. 1In general, use of the effective critical
constants resulted in decreased errors. However, the decrease in
AAD from 8.24% to 6.64% was not sufficient to warrant the use of
effective critical constants. It appears that with the use of
appropriate reference fluids, no special treatment is required

for quantum fluids such as hydrogen.

CONCLUSIONS

This work has dgmonstrated that the GCSP method can be
applied for the calculation of the viscosities of a variety of
mixtures over a wide range of temperatures and pressures. In
general, the predictions are better than those of the TRAPP
method; the exception being highly asymmetric systems, where the
GCSP method requires the use of a binary interaction coefficient
because of the inadequacy of the mixing rules used. The GCSP
method is simple to use and involves no iterations. Further, no
density calculations are required unlike the TRAPP method. The
ability to change reference fluids allows the treatment of non-
traditional mixtures such as those containing quantum fluids.
The method is capable of systematic improvement and extension as
"wide range" viscosity data for the reference fluids become

available.
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Table 1. Viscosity predictions for methane + n-butane
(xl = 0.396)

$ of Temp. Press. Range GCSP AAD% TRAPP

Points {K) {bar) 512 = 1,0 AADSY
12 278 80-350 2.42 5.46
12 311 80-350 2.64 4.07
11 344 80-350 2.57 6.22
11 378 80-350 1.69 8.96
11 411 80-350 4.66 8.08
12 . 444 80-350 7.79 6.84
12 478 80-350 13.01 5.91
12 511 80-350 18.24 5.84
93 6.75 6.38
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Table 2. Viscosity predictions for the ethane + ethylene system

$# of Temp. Pressure GCSP AAD% TRAPP
Xq points range (K) range (bar) 512 = 1.0 AADS%
0.354 60 323-473 1-600 5.97 5.96
0.699 56 323-473 1-500 8.25 8.97
0.813 60 323-473 1-600 6.67 7.21
Overall 6.93 7.34
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Table 3.

Viscosity prediction for aromatic systems

Temp. GCSP TRAPP AADS%
of range Pressure AAD% TRAPP (323K Data
Xy points (K) (bar) 512 = 1.0 AADS% omitted)
benzene + n-hexane
0.930 3 298-323 1.0 1.59 18.2 19.8
0.818 3 298-323 1.0 1.48 43.3 16.0
0.735 3 298-323 1.0 4,92 46.1 20.1
0.595 3 298-323 1.0 4.78 42.3 14.5
0.437 3 298-323 1.0 7.42 40.3 11.5
Overall 4.04 38.0 16.4
benzene + n-decane
0.5 3 298-323 1.0 8.79 6.00
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Table 4. Viscosities of methane + n-decane mixtures

# of Temp. Pressure GCSP AADS% GCSP AAD% TRAPP
Xy points range (K) range (bar) 512 = 1.0 512 = 1.45 AAD%
0.1 20 311-444 80-350 7.38 1.96 14 .49
0.3 21 311-444 100-350 21.10 2.35 3.50
0.5 18 311-444 170-350 33.50 2.65 10.11
20.23 2.31 9.24
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Table 5. Viscosity predictions for hydrogen + nitrogen mixtures

$ of Temp Press. GCSP AAD% GCSP* AAD% TRAPP
X points range (K) range (bar) 512 = 1.0 512 = 1.0 AADS%
0.46 18 288-373 1-400 4.49 4.85 16 .36
0.75 54 288-373 1-800 9.49 7.24 19.95
QOverall 8.24 6.64 19.05
GCSP* = Generalized Corresponding States Principle with effective

criticals for hydrogen.
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Correlation and Prediction of Diffusion Coefficients by Use of a
Generalized Corresponding States Principle

Amyn S. Teja

Schooi of Chemical Engineering, Georgia Institite of Technology. Atianta, Georgia 30332

A generalized corresponding states prinicple (GCSP) based on the properties of two (nonspherical) reference fluids
is extended here to diftusion coefficients. The prediction of self-diffusion coefficients requires a knowledge of the
self-diftusion coefficients of two (similar) fluids, whereas the prediction of infinite dilution diffusion coefficients in
a given solvent requires a knowledge of the infinite dilution diffusion coefficients of two fluids in the same sotvent.
The composition dependence of binary diffusion coetficients can be correlated by using the measured (or predicted)
infinite dilution diffusion coefficients. Good agreement between experiment and calculation has been obtained by
using, at most, one adjustable constant to characterize each binary system. The new method is as good as, and
often better than, the commoniy available predictive equations.

Introduction

The importance of diffusion in mass transfer and other
chemical engineering calculations is well recognized. The
availability of experimental data on diffusion coefficients
is, however, limited, and the desired values must usually
be estimated. Diffusion coefficients for dilute gases can
be estimated with a fair degree of accuracy from a
knowledge of intermolecular forces via the kinetic theory
(see, for example, Reid et al. (1977)). On the other hand,
no completely satisfactory theory exists for diffusion in
liquids and dense gases. Perhaps the most productive
theory for liquids in terms of practical applications is the
hydrodynamic theory as discussed by Umesi and Danner
(1981). Methods based on this theory, however, require
a knowledge of the viscosity of the fluid (or fluid mixture)
at the conditions of interest. These data may not always
be available, and it is useful to develop correlations which
- relate the diffusion coefficient to other easily available or
measurable physicochemical quantities.

The corresponding states principle has proved to be a
powerful tool for the prediction of the thermodynamic
properties of fluids using readily available data on the
critical properties and vapor pressures of the fluids of
interest. Many attempts have therefore been made to
apply the principle to the calculation of transport prop-

erties including those by Mathur and Thodos (1965),
Slattery and Bird (1958), Fair and Lerner (1956), Hanley
(1976), Murad and Gubbins (1977), and Murad (1981).
Recently, a gerneralized corresponding states principle
(GCSP) based on the properties of two reference fluids has
been applied successfully to the calculation of the viscosity
(Teja and Rice, 1981a) and thermal conductivity (Teja and
Rice, 1981b). In this work, the GCSP method is extended
to the correlation and prediction of diffusion coefficients
in liquids. The new method offers the advantage that no
viscosity data are required in the calculations.
Generalized Corresponding States Principle for
Diffusion Coefficients

A pure fluid | (with critical parameters T, P, V; and
molecular weight M) is defined to be in corresponding
states with a reference fluid 0 if the reduced self-diffusion
coefficient £.D,, of the two substances at the same reduced
temperature Ty and reduced pressure Py is given by

EiDy = EDoo (1)
where
E = M1/2Tc-l/2vc-l/3 (2)

Equation 1 is strictly valid only for pairs of substances

0196-4313/85/1024-0039801.50/0 © 1985 American Chemical Society
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(such as the noble gases) in which the molecules interact
with spherically symmetric two-parameter potentials (i.e.,
for conformal substances). It is a statement of the two-
parameter corresponding states principle.

In the more general case of nonconformal fluids, one can
generalize the corresponding states principle either by
changing the reduction parameters T, and V, (or P.)—as
was done by means of shape factors by Leland and
Chappelear (1968) and by Murad (1981)—or one can
rewrite eq 1 as a Taylor series expansion in the acentric
factor w. The Iatter approach was used successfully by
Pitzer et al. (1955) for thermodynamic properties and is
adopted here for diffusion coefficients. Thus, for non-
conformal fluids, eq 1 is rewritten as

§iDii = fooDoo + w;A(ED) 3

Here, £pDgo is the reduced self-diffusion coefficient of a
simple fluid with zero acentric factor and A{¢(D) is a
(complicated) deviation function.

We have recently proposed a generalized corresponding
states principle (GCSP) for thermodynamic and transport
properties which no longer retains the simple fluid as a
reference fluid and obtains the deviation function in eq
3 from a difference in the properties of two reference fluids.
We may write the GCSP for self-diffusion coefficients as

w-w

wl {622D90 — £11Dyy) (4)
1

&0 = gDy +
Wy =
where the subscripts 1 and 2 refer to two (nonspherical)
reference fluids chosen so that they are similar to the fluid
or fluids of interest. Equation 4 provides a simple method
for the calculation of the self-diffusion coefficient of any
fluid if the self-diffusion coefficients of two similar fluids
at the same reduced conditions are available. A knowledge
of only T,, V. (or P.), and w of the fluid of interest is
required. In contrast, methods based on the hydrodynamic
theory—such as that of Tyn and Calus (1975)—require the
viscosity and the density at the conditions of interest. The
Tyn—Calus equation is given by

D;; = 0.0229V,%6%, T / (u:M,) (5)

where V,, (cm?® mol™) is the molar volume of i at its normal
boiling point, p; (g cm™) is the density, and g, (cP) is the
viscosity of | at temperature T.

Equation 4 implies that the self-diffusion coefficients
of similar fluids are proportional to their acentric factors.
Hildebrand (1971) has suggested that diffusion coefficients
may be proportional to the surface area of the diffusing
species. If the surface area is assumed to be proportional
to V3, we may then write eq 4 as

Vc::‘iz/3 - Vc112/3
&Dii = &nDn + Vg = Vo
Calculations based on eq 6 are also shown below. In this
case only T, and V, need to be known for the fluid of
interest, so that a two-parameter generalized corresponding
states principle results.

More useful in mass trasnfer calculations is the diffusion
coefficient of species i at infinite dilution. Unlike the
properties considered so far (compressibility, viscosity,
thermal conductivity, and self-diffusion coefficient), this
is a property solely of the interactions between two dif-
ferent species (viz., the solute and the solvent). It cannot
therefore be predicted from the self-diffusion coefficients
of two reference fluids. However if the infinite dilution
coefficients of two reference fluids in a common solvent
are known, then we may write for the infinite dilution
coefficient D, of i in the same solvent 8

{620D20 - £11D1y} (6)

;
EiD% = EnD%, + ﬁ'&zs’yn -tnD% (D

where all quantities are evaluated at the same reduced

- -temperature and pressure. Equation 7 simply states that

in a given solvent, the infinite dilution diffusion coefficients
of three similar substances (i, 1, and 2) are proportional
to the acentric factors of the three species. This is expected
to work well for nonpolar fluids in nonpolar solvents and
to a lesser extent for mixtures containing polar fluids. If
the infinite dilution diffusion coefficients are assumed to
be proportional to V%3, we may write

TCRNE T T2

[-1]

ew el o _
sz/a - Vcl]2/3 IE22D 2 E“Dol.’

(8)

This is analogous to eq 6. Both eq 7 and 8 compare fa-
vorably in terms of the amount of data required with the
Wilke—Chang (1955) equation which is prominent among
the methods recommended for infinite dilution diffusion
coefficients in the literature. The Wilke-Chang equation
is given by

£iiDoil = £uD°1. +

( 2T
DO, = 7.4 x 1o e oM T 9)
“'VNO.G

where the subscript s refers to the solvent and subscript
i to the diffusing species. ¢, is an association factor for
the solvent. Equation 9 requires a knowledge of the vis-
cosity of the solvent u, at the temperature of the solution.
In contrast, the GCSP equations require only the critical
properties of the diffusing species.

In studies concerned with the rate at which concentra-
tion gradients approach their equilibrium values, mutual
diffusion coefficients and their concentration dependence
are of interest. In general, it can be shown that a singie
mutual diffusion coefficient D;; is sufficient in binary
systems to describe this rate. Several liquid models in-
dicate how D, might be expected to vary with concen-
tration; e.g., tfxe Darken (1948) equation gives

D, = (D*x, + D* )(aln a') 10)
/ el e ln X T.P

where q; is the activity of species { and the asterisks denote
tracer diffusion coefficients at z;, ;. Although in some
cases the Darken equation does provide a reasonable
prediction of how D ; varies with composition, there are
many instances where large deviations have been noted.
Reid et al. (1977) recommend the Vignes (1966) equation

D, = (D0 yopo ye [ A2 (11)
v i s d1n x; P

This offers the advantage that in the limit x; — 0, it
correctly predicts D, = D;, = D°,. Similarly, asx;,—~ 0, D,
= DY;. However, large deviations have been noted when
the Vignes equation is applied to some systems, e.g.,
benzene + cyclohexane (Loflin and McLaughlin, 1969).
This is usually because the thermodynamic factor (3 In a/d
In x) overcorrects for the concentration dependence. It
should be added that the quantity (8 In a/d In x) must. be
known or estimated from other sources before the Vignes
equation can be used to predict D;;.

Other methods which do not require a thermodyvnamic
factor have also been proposed. These latter methods
include the method of Wilke (1948), which mayv be written
as




Dijug = D%uix; + D% x; (12)
and that of Leffler and Cullinan (1970), which may be
written as

U“\Il (DO.,F.) I(Dojluj) ’ (13)

Ineq 12 and 13, g, Bj and u_ are the viscosities of com-
ponent i, component j, and the mixture m, respectively.
These viscosities must be known at the temperature of
interest and this limits the application of the two equations
because the viscosity data may not always be available.

The simplest equation proposed for the concentration
dependence of mutual diffusion coefficients is that of
Caldwell and Babb (1956), who write

DU = x,D°,-,- + I)'Doj,' (14)

Surprisingly, Umesi and Danner (1981) recently found that
for nonpolar mixtures eq 14 gave absolute average devia-
tions between prediction and experiment of 13.9% com-
pared with 13.7% for the Wilke equation and 11.4% for
the Leffler and Cullinan equation. None of these equations
is, however, expected to work well for polar and associated
mixtures.
By analogy with eq 4 and 7 we mmay write

EmDij = Eii'Do + *E})Dou Eu (15)
Here the subscript m denotes a mlxture quanmy (Note
that {,D;; — £:D%; as x; — 0 and {,D;; — £,,D% as x; —

0 as shown below S0 that the “reference ﬂunds are, in
effect, the two infinitely dilute solutions).

The mixture (pseudo-critical)quantities are obtained as
follows

TeVem = ZE24, T Ve, (16)
Ve = Z‘Zx,-x,-Vc,»,» an
M, - )Z_x,-M, (18)

wn = ixi“’i (19)

There is some theoretical justification (Leland and
Chappelear, 1968) for the use of eq 16 and 17 for nonpolar
mixtures, although their use for other types of mixtures
is questionable. Equation 18 represents a mass balance,
and although it differs from the more complicated rela-
tionships suggested by Mo and Gubbins (1976) and by Ely
and Hanley (1981), we have preferred to retain the simple
mass balance because it has worked well in our previous
transport property calculations. Equation 19, on the other
hand, is completely arbitrary. Its only justification is that
it has been used successfully in our earlier calculations and
that it leads to a simple form of eq 15 as shown below.

The cross terms in eq 16 and 17 are obtained as follows

TejVeaj = il Tei Vi Tejy VgV i 5% § (20)

Va'j = (Va-,-l/a + ch,,l/3)3/8 (21)

where ¢, is a binary interaction coefficient which serves
as an adjustable constant in the calculations—in part be-
cause of our inability to represent intermolecular forces
correctly by means of eq 16-19.

In the case of binary mixtures in which the two pure
components are used as the reference fluids, use of eq 19
in eq 15 leads to the simple relationship

EmDi; = x£:D% + x,£,D0°% (22)

This is not unlike the Caldwell and Babb (1956) rela-
tionship, except that all quantities are evaluated at the
same reduced temperature and pressure. Moreover, as x;
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Figure 1. Self-diffusion coefficients of the n-alkanes over the nor-
mal liquid range. The experimental data are those of Ertl (1973).
The dashed lines represent calculated values using the GCSP. Only
the calculated lines for n-pentane and n-tetradecane are shown for
clarity.

- 0: Em E;p Dour and as X, 0 Ern - Em i = I)
= D%:. The expressnon therefore leads to the correct m-
finite dilution diffusion coefficients at the two ends of the
concentration range. It should also be noted that the
acentric factor does not appear in eq 22. Thus, although
eq 15 is indeterminate for mixtures of spherical fluids (all
w; = 0) eq 22 may be used when all «;, = 0.
Calculations using eq 4 and 5 for self-diffusion coeffi-
cients, eq 7 and 8 for infinite dilution diffusion coefficients,
and eq 22 for the concentration dependence of mutual
diffusion coefficients are shown below. Whenever possible,
the calculated values have been compared with predictions
using the most prominent methods found in the literature.
In all cases, the GCSP calculations require fewer data,
assuming the reference fluid data are available.

Data Used for Evaluation

Accurate measurments of diffusion coefficients are
difficult to make, and consequently, there is a considerable .
amount of uncertainty in the reported experimental values.
Observations of the same system reported in the literature
often differ considerably. In addition, for evaluation
purposes, the GCSP method requires a knowledge of
diffusion coefficients over extended ranges of reduced
temperature and pressure or a large number of substances.
Most data in the literature have been measured at tem-
peratures between 273 and 333 K and 1 atm pressure. As
a result, only limited comparisons can be shown below. In
particular, the calculations shown below are restricted to
low pressures, where pressure effects can be neglected. In
principle, of course, the method can be used at any reduced
temperature and pressure where reference fluid data are
available.

The most extensive sets of self-diffusion data in the
literature are those of Ertl (1973) and Ert] and Dullien
(1973). They measured the self-diffusion coefficients of
five halogenated benzenes (C¢H: X where X = H, F, Cl, Br,
and 1) and seven n-alkanes (C,H,.,, where n =7, 9, 10,
12, 14, 16, and 18) over a range of temperatures between
the boiling and melting points of the substances. Their
data are shown in Figures 1 and 2 as plots of the reduced
self-diffusion coefficient £D vs. the reduced temperature
Tr. Not surprisingly, the data exhibit a regular trend with
size. Etrl and Dullien (1973) were able to fit their data
to the Arrhenius equation with average errors between 1.0
and 4.0% over the normal liquid range of the pure sub-
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Table 1. Comparisons of Experimental and Predicted Self-Diffusion Coefficients for the n-Alkanes

no. of AAD%
substance temp range, K points eq 4 eq 6 eq5 data ref ref fluids
CH, 90-111 6 8.75 8.94 11.74 Dullien (1972; C,, n-Cyo
n-C H,,; 194-308 5 6.20 6.32 3.57 Dullien (1972) Co. n-Cyo
n-C,H¢ 194-369 8 7.61 6.29 415 Dullien (1972) 9 1-C g
n-CyHy 235~422 11 6.19 5.18 590 Ertl (1973) C,, n-Cyy
n-C;;Hy 264-435 10 5.17 5.18 5.81 Ert] (1973) n-Cyp n-Cyy
n-CyHyw 279-434 11 4.66 2.47 11.49 Ertl (1973) n-Cyo, n-Cyy
overall AAD% 7.08 6.41 7.27
! " REFERENCE FLUIO CORRELATION Table 11. Comparisons of Experimenta} and Calculated
042 f —meee GCSP PREDICTION Self-Diffusion Coefficients for the Halogenated Benzenes®
; e no.of AAD%,
i o+,‘ et d substance _ temp range, K points eq 6 data ref
/a CeH,Cl 229-410 15 650  Ertl (1973)
0.30 - f,'/ , [ C.H. CthBf 241-430 16 4.18 Ertl {1973)
pr P + CHGO CeHF 237-356 17 11.05 Ertl (1973)
+
[} /i Og ® CH) 1 overall AAD% 7.33
- ka
0.18 - o’ d 1 *Equation 6 with benzene and iodobenzene as the reference
R & fluids.
- ot ,&
;: o Table 111. Infinite Dilution Diffusion Coefficients of
Q.06 - .;_5' - Toluene in Water Predicted from the Properties of Benzene
- and Ethylbenzene in Water
1 S N z
037 051 085 079 D gpu X 103, Dewiey X 10°. cm?/s
T.K cm?/s® GCSP/eq7 GCSP/eq 8
T 275 0.45 0.52 0.52
Figure 2. Self-diffusion coefficients of the halogenated benzenes 283 0.62 066 ° 0.66
over the normal liquid range. The experimental data are those of 293 0.85 0.87 0.87
Ertl (1973). The dashed line represents calculated values for chlo- 313 1.34 1.43 1.43
robenzene using the GCSP. 333 2.15 2.22 2.22

stances. We have retained Ertl and Dullien’s equations
in the form

In(¢D) = A+ B/Tx (23)

as our equations for the reference substances in this work.
Use of eq 23 is a matter of accuracy and convenience. It
does not imply that diffusive motion proceeds via an ac-
tivation process, nor does it necessarily preclude any
anomalous behavior of the diffusion coefficient near the
melting point of the substance (Kruger and Weiss, 1970).
It was found that eq 23 fitted the data for the reference
fluids within the accuracy of the experimental measure-
ments for the range of temperatures (0.3 < Tx < 0.7)
studied.

The choice of reference substances is also arbitrary. In
this work, this choice was primarily based on the availa-
bility of data. Thus, for example, it would have been
interesting to predict the self-diffusion coefficients of
n-butane at various temperatures given the self-diffusion
coefficients of methane and eicosane. However, it proved
impossible to find data for methane and eicosane aver the
same range of reduced temperatures. As extrapolation of
the reference equations over large ranges of reduced tem-
peratures is not recommended, the self-diffusion coeffi-
cients of n-butane had to be predicted by use of the known
self-diffusion coefficients of ethane and n-decane. Data
for infinite dilution diffusion coefficients proved even more
difficult to find in the literature, especially over a range
of reduced temperatures. As a result, only very limited
comparisons can be shown between theory and experiment.
In the few cases shown below, data for the reference fluids
were again fit to eq 23 within the accuracy of the exper-
imental measurements.

Mutual diffusion coefficient data are relatively abundant
in the literature, although there is a considerable amount

*Data of Vadovic and Colver (1973).

Table 1V. Experimental and Predicted Infinite Dilution
Coefficients of n-Butane in Water?’

TR Dupd X 105. sz/s Dulcd x ]05,0 sz/s
0.652 0.50 0.56
0.690 0.89 0.92
0.737 ’ 1.58 1.58
0.784 2.51 2.54

¢ Using propane and n-pentane as the reference fluids. *From
eq 7. Experimental data of Witherspoon and Bonoli (1968).

of uncertainty in the reported experimental values because
of experimental difficulties. In addition, the GCSP method
requires a knowledge of the infinite dilution diffusion
coefficients over a range of temperatures, so that values
of this property at the same reduced temperature tand
pressue) as the mixture can be used in the calculations.
We have therefore chosen to study 13 binary systems
where mutal diffusion and infinite dilution diffusion data
were available at three or more temperatures. These
systems include nonpolar, polar, as well as aqueous mix-
tures and cover the broad range of mixtures that are likely
to be of practical interest. Since all experimental data were
reported at 1 atm pressure, pressure effects are ignored
in the folowing calculations. For analyvtical representation
and for interpolation/extrapolation, the reference fluid
infinite dilution diffusion coefficients were fitted to eq 23.

Results and Discussion

Self-Diffusion Coefficients. Tables I and II sum-
marize the results of our calculations of the self-diffusion
coefficients of the n-alkanes and the halogenated benzenes
using the generalized corresponding states principle (eq
4 and 6) and the Tyn-Calus method (eq 5). Equation 4
requires a knowledge of the critical temperature, critical
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{
Table V. Comparisons between Experimental and Calculated Mutual Diffusion Coefficients
AAD% ¢ AAD%.° AAD% .

svetemn temp range of data no. of data v=1 ¥ = Yonr Yopt Vignes data ref
¢-CeH,» + CsHg 298-333 a3 5.75 0.86 1.04 3.64 Sanni (1971)
CCl, + ¢-C¢H,, --- 298328 - - .. .33 1.44 0.24 0.99 0.96 Sanni (1973)
Ce¢Hg + CCl, 283-313 19 1.57 1.44 0.99 424 Johnson (1956)
CﬁHsCHa + C-CgH” 298-328 a3 6.42 1.50 1.04 7.46 Sanni (1971)
CgHg + CcH.CH, 298-313 22 3.08 0.61 1.02 2.06 Sanni (1971)
C¢H:CH; + ¢-C¢H,,CH, 298-333 12 9.58 1.03 1.09 Haluska (1971)
C¢H.Br + C{H.C] 283-313 15 0.87 0.87 1.00 Johnson (1956)
C¢H;CH, + C4H,C] 283-313 15 1.84 1.47 1.01 Johnson (1956)
Ce¢H¢ + CHCI, 298-328 33 111 1.11 1.00 Sanni (1971)
(CH,),CO + CHCl, 298-328 33 10.83 211 0.89 3.23 Tyn (1975)
C«H;CH,; + C;H,NH, 298-333 21 91.10 11.26 1.38 Haluska (1971)
C,H,OH + H,O0 298-346 a3 102.1 5.43 1.43 29.03 Tyn (1975)
(CH,;),CO + H,0 298-328 44 171.5 11.08 2.06 25.21 Tyn (1975)

*AAD% = (100/n)E 1" 1 - (D pes/ Dexpu)|-

volume, and the acentric factor of the diffusing species,
whereas eq 6 assumes that diffusion is proportional to the
surface area (or V,?/3) and requires a knowledge only of
the critical temperature and critical volume of the diffusing
species. The reference fluids used were ethane and n-
decane for the lower n-alkanes, n-decane and n-octadecane
for the higher n-alkanes, and benzene and iodobenzene for
the halogenated benzenes. The Tyn-Calus equation, al-
though not requiring any reference fluid data, does require
a knowledge of the viscosity and density of the fluid at the
temperature of interest, as well as a knowledge of the
normal boiling point of the fluid. The temperature range
of the experimental data covered the normal liquid range
from the melting point to the boiling point.

As can be seen in Table 1, the average absolute deviation
between experimental self-diffusion coefficients and those
calculated using eq 4, 5, and 6 are approximately the same,
with eq 6 being marginally better in its predictions for the
n-alkanes. Surprisingiy, this equation requires the least
amount of data for the diffusing species (only T, and V).
The Tyn-Calus equation requires the most data.

Table II shows the average absolute deviations between
experimental and calculated self-diffusion coefficients for
three halogenated benzenes using eq 6. Once again, the
agreement between theory and experiment is within the
accuracy of the experimental measurements (+10%).
Equation 4 could not be used here because the acentric
factors of the three halogenated benzenes considered are
approximately equal, so that a different third parameter
is required. The Tyn~Calus equation could not be used
because of a lack of viscosity and density data.

It would appear that the generalized corresponding
states prinicple with diffusion being assumed proportinal
to surface area of the diffusing species as measured by V. */?
(eq 6) provides a reliable and accurate method for the
prediction of self-diffusion coefficients over the normal
liquid range (see Figures 1 and 2). In principle, the method
can be extended to other temperatures and pressures
provided that data for two reference fluids are available
at the same reduced conditions. The method is simple to
use and requires a minimum of information (T, and Vc)
for the fluid of interest.

Infinite Dilution Diffusion Coefficients. Tables III
and IV show the experimental and calulated infinite di-
lution diffusion coefficients of toluene in water and of
butane in water. Because of a lack of data of many sub-
stances over the same range of reduced temeratures, very
similar reference fluids had to be used in the calculations.
It is perhaps not surprinsing that the diffusion coefficients
of toluene can be predicted by using data on the diffusion
coefficients of benzene and ethyl benzene. Nevertheless,
it is encouraging to note that the average error was found

to be only 6.6% using either eq 7 or 8 when the solvent
is water. Similar conclusions apply in the case of butane
in water. In contrast, the average error for the Wilke~
Chang equation was ~8%. It is difficult to reach any
general conclusions based on these limited comparisons.
However, it does appear that, as in the case of self-diffusion
coefficients, the generalized corresponding states principle
can be used to predict infinite dilution diffusion coeffi-
cients with quantitative agreement between prediction and
experiment.

Mutual Diffusion Coefficients. Table V shows the
average absolute deviations between calculated and ex-
perimental mutal diffusion coefficients for the 13 binary
mixtures studied in this work. As expected, the average
deviations are least for nonpolar mixtures and greatest for
aqueous mixtures. Deviations between experiment and
calculation can be reduced considerably if one adjustable
parameter is used to characterize each binary mixture.
Over the range of temperatures studied, the binary in-
teraction coefficient appears to be independent of tem-
perature, so that data at one temperature can be used to
accurately predict mutual diffusion coefficients at a dif-
ferent temperature. The GCSP calculations appear to be
closer to experiment than those using the Vignes equation
and require less input information. The deviations also
appear to be considerably smaller than those reported by
Umesi and Danner (1981) for nonpolar mixtures using the
Wilke (AAD = 13.7%), Leffler and Cullinan (AAD =
11.4%), and Caldwell and Babb (AAD = 13.9% ) equations.

In summary, the generalized corresponding states prin-
ciple appears to be a powerful tool for the prediction of
diffusion coefficients. It is easy to use and requires a
minimum amount of readily available data. A thorough
evaluation using extensive reference fluid data is, however,
required before its application to polar fluids can be rec-
ommended, although even for such fluids, the method may
be used to extrapolate data over a temperature range.

Nomenclature

- A, B = constants in eq 23

D = diffusion coefficient
M = molecular weight
P = pressure

T = temperature

V = molar volume

x = mole fraction

Greek Letters

£ = MVIT 2y 178

u = viscosity

¢ = association factor

« = acentric factor
Subscripts

b = normal boiling point
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¢ = critical
i, ] = component i, j
m = mixture (pseudocritical) value
R = reduced value
s = solvent
2 = (reference) 1,2

Superscripts

0 = infinite dilution value
* = tracer value
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